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4 SYNGASES, HYDROGEN, AND METHANOL 
FROM THE STEAM REFORMING OF NATURAL GAS 

Steam reforming of hydrocarbons Is a highly refined technology 

which has for long been the established way of generating syngae for 

the large scale production of ammonia, hydrogen, and methanol. It has 

also frequently been used to provide syngas and hydrogen for smaller 

operations such as OXO alcohols manufacture. The preferred feedstock 

for steam reforming has generally been a methane-rich natural gas, when 

it was readily accessible at a competitive price. In the pre-1973 era 

of cheap oil, a naphtha feedstock was frequently chosen when either 

natural gas was not available or a lower Bg:CO ratio was specifically 

desired. The low differential between natural gas and naphtha prices 

justified such a choice. With current and projected price differen- 

tials we may expect that the use of $-naphtha range hydrocarbon feed- 

stocks will become increasingly unattractive in steam reforming, 

opposite natural gas. This is because of their higher value in other 

uses, e.g., in making ethylene and (in the case of naphtha) gasoline. 

As discussed In Section 3, the present work is aimed at projecting 

costs of syngas feedstocks for the anticipated new generation of pro- 

cesses for many other bulk chemicals. In general, the latter call for 

syngas feedstocks with a lower Hg:CO mol ratio than Is inherently pro- 

duced by steam reforming of natural gas (i.e., approaching 3:l when CO2 

is recycled to the reformer). In addition, by the time some of these 

proposed syngas routes are expected to approach commercial status 

(1 .e., the latter half of the 198Os), it could well be that In places 

with relatively cheap coal, production of syngas from coal may be more 

economic than production from natural gas. 

However, natural gas reforming currently stands as the most widely 

used, best developed, and normally still the cheapest way to generate 

syngas. We therefore consider that natural gas reforming economics 

must still provide the reference basis, or calibration, for cost 

comparisons and projections relating to syngas. 

1 



Most of the proposed syngas routes to bulk chemicals require 

ratios of 2:l or less, or sometimes methanol and carbon monoxide. 

However, because of the shift reaction following reforming, the actual 

ratio of H2:CO in the product from steam reforming of natural gas is 

typically well above the stoichiometric 3:l for methane and normally 

closer to 5:l. To produce the lower ratios one can either separate or 

"skim" off some hydrogen from the reformer product, or feed carbon 

dioxide to the reformer, or both. The carbon dioxide could be recycled 

from the reformer product and under conditions of "total recycle** a 

H2:CO ratio close to the stoichiometric 3:l for methane can be 

attained. To obtain ratios lower than this, additional carbon dioxide 

is required to supplement the recycle and this could be recovered from 

reformer flue gas or, when practical, It could be imported from an am- 

monia or hydrogen facility. Such technology has typically been prac- 

ticed in connection with OXO syngas production in relatively small 

operations. However, little has been published on the comparative eco- 

nomics of these options. 

The thrust of the present section is in examining means for produc- 

tion of syngases with H2:CO ratios below 3:l by steam reforming. 

Methanol economics are also briefly reviewed because of the central 

position of methanol in many of the proposed syngas routes. Similarly, 

an updated review of hydrogen economics is presented because the value 

of hydrogen as a coproduct is a key determinant in the economics of 

"skimming" and CO production. 

To this end the steam reforming of natural gas has been examined 

in full flow sheet detail for the following cases: 

A. Refined syngas (98 ~01% H7 + CO, dry basis) with 
H7:CO ratio-3. This is achieved by a total CO2 recycle 
system, i.e., CO2 is recovered from the crude syngas and fed 
with natural gas to the reformer. 

B. Refined syngas f&98 ~01% 117 + CO, dry basis) with 
H7:CO ratio - 2. To obtain such a mixture by reforming, it is 
necessary to have imported CO2 available in addition to recy- 
cle CO2 for the reformer feed. The effect on costs of provid- 
ing this extra CO2 by flue gas scrubbing compared with cheap 
or free CO2 coproduced from an adjacent NH3 or H2 facility is 
also included in the estimate. 
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c. 

D. 

E. 

Chemical grade H3 (97 ~01% H7, dry basis). The conventional 
process consisting of reforming, high and low temperature CO 
shift, CO2 separation and methanatlon was evaluated. However, 
some estimates are presented for a proposed variant entailing 
high temperature shift plus PSA (pressure swing adsorption). 

Chemical grade methanol. The ICI low pressure process is 
taken as the basis, with natural gas serving both as a feed- 
stock and as the fuel for the reformer furnace. 

Crude syngas from a methanol plant reformer. The gas mixture 
considered is the cooled effluent from a reformer which Is 
operated at conditions typically used in methanol production. 
This case was included to provide a cost figure for the unpuri- 
fied crude stream which could be used in miscellaneous down- 
stream applications, e.g., small scale CO production for 
acetic acid when It is integrated with large scale methanol 
manufacture. 

Production of syngas with a ratio of H2:CO lower than 2:l (by in- 

creased CO2 import) was not examined in full flow sheet detail. The 

reasons are discussed later. An estimate, based on extrapolation, is 

presented for illustration. The scale of operation taken for these 

basic cases is the "equivalent" of the largest single-train methanol 

unit that is considered feasible with current engineering experience. 

This was quoted by industry experts to be in 2,500-3,000 metric tons/ 

day. For the syngas and hydrogen cases we selected the lower end of 

this bracket and output rates for Cases A-E were based on a fixed 

natural gas feedstock rate that corresponds to a 2,500 metric tons/day 

methanol unit. As shown later, this calls for a somewhat larger re- 

former in Cases A and B than the methanol Case D. However, this is 

considered well within the single-train limits. In Case C, viz, hydro- 

gen, the output corresponds to 479 million lb/yr (100% H2 basis), which 

Is much larger than typical size steam reforming facilities geared for 

the production of hydrogen alone. The cost estimates in this case 

represent a minimum from which costs at more realistic capacities have 

been derived. 

Although details of separation systems for CO production and their 

economics are presented in Section 7, cost estimates for the adjustment 

of H2:CO ratios by the use of these systems are also presented here for 

comparison. 
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Chemistry of Steam Reforming 

In the reaction of hydrocarbons with steam (catalyzed by Ni in 

industrial reformers), a wide range of gas mixture compositions can be 

produced, depending on the operating conditions, viz, temperature, pres- 

sure, steam/hydrocarbons ratio, etc. In the simplest, case with methane 

the basic reactions are: 

CIIq t II20 'co + 3H2 

CO t H207 CO2 + H2 

(4.1) 

A mixture containing H2, CO, CO2, H20, and CR& is obtained whose 

composition is determined by the thermodynamic equilibria for reactions 

4.1 and 4.2. 

When C2-and-higher hydrocarbons are present, the primary reaction 

is the conversion of these hydrocarbons to methane and CO2 as follows: 

n-l 
CnH(2n + 2) + 2 H2°- ?L1; hi4 + y-ho2 (4.3) 

There is evidence (415029, B-1516) that, with hydrocarbons within 

the naphtha range, the above reaction goes to completion under condi- 

tions used In commercial reformers. Therefore, as with methane, the 

composition of the product mixture is defined by the equilibria for re- 

actions 4.1 and 4.2, with the proviso that the reacting hydrocarbon 

mixture Is first totally consumed according to the stoichiometry of 

reaction 4.3. 

The actual mechanism by which the conversion of hydrocarbons takes 

place Is complex and possibly includes free radicals. It is postulated 

(B-1516, 472175, 472180) that there are three basic steps: 

(1) The breakdown of the hydrocarbons to primary intermediates. 

(2) Direct reaction of steam with these intermediates, leading to 
hydrogen, carbon oxides, and methane. 

(3) An equilibration stage between H2, steam, CO2, CO, and CQ. 
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Although the above mechanism is probably an oversimplification, 

kinetic equations based on such a sequence are satisfactory in the 

interpretation of experimental data (B-1516, 472180). However, under 

conditions used in industrial reformers the approach to equilibrium is 

close. Therefore, thermodynamic models based on equations 4.1, 4.2, 

and 4.3 are usually adequate to predict product compositions when other 

side reactions do not take place to any significant extent (415029). 

The main side reactions are those which lead to the formation of 

carbon. Since this is undesirable in industrial reformers, consider- 

able research has been devoted to understanding the conditions under 

which it can occur (415131, 415133, 472156, 472161, 472164, B-1514). 

From this knowledge, reformer designs and catalyst formulations have 

been evolved to eliminate or minimize the Incidence of carbon forma- 

tion. With the simplest methane molecule, possible reactions which 

lead to carbon deposition are: 

2ch-c + co2 (4.4) 

CO + H2- C + H20 (4.5) 

CII4- -c+w2 (4.6) 

When higher hydrocarbons are present in the feedstock there is the 

additional possibility of cracking and carbon deposition from the break- 

down of the products of cracking, e.g., 

CnHm -olefins and polymers-c (4.7) 

Kinetic studies (B-1516, 30983, 472176, 472181, 472182) have shown 

that the water gas shift reaction 4.2 is always virtually at equilib- 

rium. Since reaction 4.5 is equivalent to reaction 4.4 minus reaction 

4.2, it follows that reaction 4.5 is on the same side of equilibrium as 

reaction 4.4. Also these kinetic data have shown that the rates of 

reactions 4.4 and 4.5 are considerably greater than that for reaction 

4.6. 
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The thermodynamics of reaction 4.4, the "Boudart reaction," are 

frequently used for a preliminary examination of conditions for carbon 

deposition. Thus carbon deposition can occur when: 

rco > ,!$&t4& 
[CO21 P 

(4.8) 

where: #p(4) = equilibrium constant for reaction 4.4 (atmospheres 
abs.) 

P = total pressure (atmospheres abs.) 

[CO], (CO21 = vapor phase mol fractions of CO and CC2. 

The steam/carbon ratio (defined as the ratio of mols of steam to 

atoms of carbon in the reformer feed) at which the equality of equation 

4.8 occurs has been defined as the thermodynamic minimum ratio for the 

avoidance of carbon deposition (B-1516). 

For a more complete analysis of carbon formation conditions, it is 

necessary to calculate the thermodynamic equilibria for all the three 

simultaneous reactions 4.4, 4.5, and 4.6. Cairns and Tevebaugh 

(472118) have proposed a novel graphical presentation of calculated 

equilibria data, that uses the triangular coordinates shown in Figure 

4.1. The gas phase compositions are represented in terms of the atom 

percentages of the constituent elements carbon, hydrogen, and oxygen. 

The curves shown in the illustrative Figure 4.1 (called carbon iso- 

therms) represent the carbon formation boundaries for a range of temper- 

atures at a constant pressure of 400 psia. Mixtures of the elements 

which lie above the curves are in the carbon forming zone. The utility 

of this approach in defining carbon formation boundaries has been 

stressed in several subsequent publications (472156, 472161, 472174, 

472177). 

However, the equilibrium situation alone is not sufficient to pre- 

dict conditions under which carbon deposition may be significant. 

Kinetic considerations may be overriding, particularly with a tailored 

catalyst design which enhances reforming reactions and suppresses 
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Figure 4.1 

CARBON FORMATION 

Equilibrium Isothems (OF) at 400 psia Total Pmssurs 
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carbon formation. ICI have shown that the inclusion of alkalies in the 

nickel catalyst support prevents carbon deposition kn naphtha reforming 

even at conditions close to the carbon forming boundaries (415132). 

The values of the equilibria constants for the principal reactions 

4.1, 4.2, and 4.4 are shown In Figure 4.2 as a function of temperature. 

From the nature of the variations depicted in this figure, the follow- 

ing observations may be deduced for the steam/methane system: 

(1) Temperature: Increasing the temperature gives greater 
methane conversions and higher CO:CO2 ratios (hence also 
lower H2:CO ratios). Within the temperature range that is 
used in steam reforming, the latter effect is very marginal. 

(2) Pressure: Because of the increase in the number of molecules 
from reaction 4.1, enhanced pressures tend to lower the 
methane conversion but have little effect on the CO:CO2 or 
H2:CO ratios. 

(3) Steam/carbon ratios: An increase in steam/carbon ratios 
leads to higher methane conversions but could tend to lower 
the CO:CO2 ratios (and thereby raise the H2:CO ratios). 

The optimum combination of the above three variables depends on 

the end use for the reformer product stream. However, a low methane 

slippage is a dominant requirement. Figure 4.3 illustrates how methane 

slippage depends on these variables. 

Discussion of the Assumed Technical Basis 

The operating conditions were chosen to furnish a syngas stream 

containing at least 98 ~01% (CO + H2), dry basis, the rest being essen- 

tially unconverted methane plus some nitrogen and inerts. As shown 

earlier, methane slippage can be reduced by increasing reformer temper- 

atures or the steam/carbon ratio and by decreasing the pressure. In a 

real situation the combination of conditions chosen for the reformer 

would be determined by the end use for the syngas. In most applica- 

tions of syngas, the main reactor is operated at enhanced pressures and 

pass conversions are substantially incomplete. This necessitates a re- 

cycle loop and a purge. Thus, while a higher purity lowers the amount 

of purge gas and hence saves on feedstock, the use of lower reforming 

pressures necessary to obtain this purity imply that additional capital 
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Figum 4.3 

EQUILIBRIUM CONCENTRATION OF METHANE AS A FUNCTION 
OF TEMPERATURE, PRESSURE, AND STEAM RATIO FOR METHANE 

IN A STEAM METHANE REFORMER 

1000 

l it 500 

d 
3 
rn200 
2 

100 - 

I I I I I I I 

! 
- ---B---m steam I Ratio 

I 2.0 

\\’ 2.5 

1 

, 
4 

- 

100 

50 

20 
h 

k 
10 P 

3 

5.0 g 

8 
LO z 

1 
% 

1.0 z 
8 tu 

0.5 

0.2 

0.1 

source: B-1516 

10 



- 

0 

and energy costs are incurred in compression. An optimum, therefore, 

needs to be defined for each case* On the U.S. Gulf Coast, for 

instance, natural gas is available at pressures up to 1000 psia but 

steam reforming pressures used in ammonia and methanol production are 

typically 275-450 psia. (For methanol the lower end of the range is 

generally applied and for ammonia the pressures are nearer the upper 

end of the range. ) For syngas generation we chose reformer conditions 

similar to those used In methanol plants, but with somewhat higher 

steam carbon ratios (see Table 4.1). We consider that these provide a 

reasonable balance between syngas pressure and purity. A discussion of 

the main technical aspects of our design basis is presented under the 

following headings. 

Steam Reforming Stage 

From the earlier discussion of the chemistry of steam reforming it 

has been shown that the equilibrium crude product composition depends 

on temperature, pressure, and “total” reformer feed composition (i.e., 

Including steam and, where applicable, carbon dioxide). In examining 

the effects of these key parameters, we used a computer program avall- 

able to SRI (472173). The natural gas composition assumed (for the 

desulfurized methane-rich stream) is shown in Table 4.2 and is repre- 

sentative of a typical pipeline gas in the U.S. Gulf Coast area. For 

the syngas Cases A and B we selected a reformer exit temperature of 

1625oF, a pressure of ~20 atmospheres (^r295 psia), and a fixed 

steam:carbon ratio of -4:l. (The feed steam:carbon ratio used here IS 

defined as the number of molecules of steam per carbon atom contained 

in hydrocarbons in the reformer feed, i.e., excluding carbon dioxide). 

The use of CO2 addition to the reformer feed (at these conditions and a 

constant steam:carbon ratio) and its effect on crude product H2:CO 

ratios was calculated for a “200F approach to equilibrium,” i.e., the 

compositions refer to equilibrium at a temperature 200F less than indi- 

cated for the reformer exit. The main data are shown In Table 4.3 and 

Illustrated graphically In Figure 4.4. These data demonstrate the 

thermodynamic feasibility of lowering H2:CO ratios by CO2 addition, but 
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Product 

Temperature (OF) 
at radiant section inlet 

Temperature (OF) 
at reformer exit 

Exit pressure (psia) 

Steam/carbon ratio" 

Natural gas rate (lholslhr) 

Radiant section thermal duty 
(MM Btu/hr) 

Assumed heat flux (Btu/ft*) 

Table 4.1 

STEAM REFORMER CONDITIONS 

Case A 

Sync 
(H2lCO ratio-3) 

1000 

1625 1625 1600 1600 

295 295 295 295 

4.0 4.0 4.0 3.0 

8,078 8,078 8,078 8,078 

1,132 1,236 993 921 

20,000 20,000 20,000 20,000 

Caee B 

Smw 
(H2/CO ratio = 2) 

1000 

Case C Case D 

Hydrogen Methanol 

1000 1000 

*Defined as mols steam/atom carbon in natural gas feed. The natural gas composition 
aseumed in this study ir, given in Table 4.2. 
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give no indication of possible kinetic constraints. It will be further 

observed that as the H2:CO ratio is lowered below the stoichiometric 

~3:l level, there is a progressive increase in the total and imported 

CO2 rates (hence also in total reformer feed rates) and in the thermal 

load. However, the methane slippage falls only slightly and this re- 

sults in a corresponding small change in the total rate of (CO + H2) In 

the reformer product. 

Table 4.2 

ASSUMED COMPOSITION OF NATURAL GAS FEEDSTOCK 

Volume Dry Basis 
(%) 

Methane 94.49 

Ethane 2.70 

C3+ 1.49 

Carbon dioxide 0.54 

Nitrogen + inerts 0.78 

Total 100.00 

DHV of above mixture - 1,045 Btu/scf 

Carbon dioxide addition to the reformer feed is practised in OXO 

syngas generation from natural gas to provide the desired lower H2:CO 

ratios. It has also been applied to methanol synthesis from natural 

gas, where It permits the utilization of some of the surplus hydrogen 

in the syngas feed to make methanol, viz, 

CO2 + H2 -CO + H20 

CO + 2H2 -CH OH 3 

C02 + 3H2 -CH30H + H20 - 

0 
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Table 4.3 

EFFECT OF CO2 ADDITION TO REFORMER FEED 

Baaim: (1) Cenatant reformer feed nte - 6,078 lb-mlslhr (equivalent to 2,500 metric tonalday aethanol plant) 

(2) Constant #team rate - 34,855 lbrola/hr 

(3) kforwr temperature (at exit) - 1625oP 

(4) Pcformer prc‘mre (at exit) - 295 pai* 

Total %formQr Component Batem in Ilcformer Product Radiant Section 
Roduct Eata (lb-ml.s/br) H2/u) co + 4 Rate Aeat Load 

(lb-mlelhr. vet haim) Co H, CO, HPO Ci& u (lb-mola/hr) (NH Btulhr) 

Iii1 SB.742 4.590 26.450 3,359 23,636 645 5.76 31.040 993 

7.000 62,296 8.066 23.834 7,094 26,810 430 2.95 31.900 1,132 

10.850 70,144 9.628 22.521 9,445 28.119 367 2.34 32,149 1.191 

13.930 73,622 10,770 21.579 11,432 29,460 318 2.00 32,349 1,236 

23,880 83,625 13.926 19.001 18.404 31.969 263 1.36 32,927 1.374 

35,ow 96,763 16.525 16,644 26.912 34,506 114 1.01 33.169 1,506 
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Figure 4.4 

H2/C0 RATIO AS A FUNCTION OF CO2 ADDITION TO REFORMER FEED 

6 

5 

4 

.O 
F 
d 

33 
z 

8 
\zrc 
I 

2 

1 

0 

I 
NIL CO2 Rmycle 

I I 

Tempwuturm: 1625’F 
Plwsun: 20 a?m. 

(-294 pia) 
Steam:Carbon Ratio: 4:l 

- 

- 

I I I I 
1 2 3 4 

MOLS CO2 ADDED PER MOL OF NATURAL GAS 
i 

15 



However, full and conclusive information is not available in the 

published and patent literature on the extent to which such addition of 

carbon dioxide Is technically feasible. Industry sources suggested 

that some units designed to provide syngas for OXO synthesis have been 

operated satisfactorily with "high" CO2 rates to give "low H2:CO 

ratios." The primary OXO reaction for the formation of aldehyde from 

olefin demands a 1:l ratio, e.g., as in: 

C3H6 + CO + H2- C3H7CHO 

Butyraldehydes 
(normal and iso-) 

Because of side reactions leading to the hydrogenation of the ole- 

fin (to paraffin) and the aldehyde (to the alcohol) the actual H2:CO 

consumption ratio tends to be somewhat greater than 1:l. It is there- 

fore believed that actual industrial operating experience does not go 

below a 1:l ratio and probably stops at l.l-1.2:1, even though some 

limited pilot scale studies are reported for lower ratios (472129, 

472130). 

The main problems that are likely to be encountered at high CO2 

addition rates are: 

l A slower rate of approach to equilibrium. This is because 
there is a net consumption of CO2 by the slower reverse shift 
reaction (see Table 4.3) i.e., 

co2 + H2- CO + H20 

l Carbon deposition by the disproportlonation of CO (I.e., the 
Boudart reaction: (2CO- co2 + C). The tendency for this 
reaction to occur is increased because of the higher CO levels 
in the mixture that arise at the lower ratios. As discussed 
before carbon depositton can occur if 
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We believe that these problems are soluble by a careful design of 

the reformer. The slower approach to equilibrium can be dealt with by 

designing for a lower heat flux rate across the reformer tubes to 

prevent possible "hot-spotting." Also, because at the lower temper- 

atures the critical carbon deposition regime can be encountered, the 

feed gas must be raised to a sufficiently high temperature (w1400°F) 

before it contacts the catalyst. This is accomplished by inserting 

inert material in front of the catalyst. To prevent carbon deposition 

during cooling of the reformer product a rapid-quench system must be 

used, e.g., a low-residence-time waste heat boiler. 

It may be anticipated that, while low H2:CO ratios (approaching 

1:l) are technically feasible, the higher capital and energy costs 

(both in the reforming and the CO2 separation stages) plus the addl- 

Mona1 cost of imported CO2 would make it uneconomic. (Table 4.4 com- 

pares the main features of a 1:l case with the 3:l and 2:l cases and 

illustrates this point.) For this reason we did not examine the 1:l 

case in full flow sheet detail. Indicative economics were worked out 

from detailed mass/energy balances and by extrapolation of capital 

costs. 

Table 4.4 

EFFECT OF SYNGAS H2:CO RATIO ON REFORMER DESIGN PARAMETERS 

H7:CO Ratio 
3:l 2:l 1:l --- 

Molar reformer feed rates (relative) 100 114 156 

Number of tubes (relative) 100 110 178 

Total CO2 feed to reformer (relative) 100 199 500 

CO2 recycle rate (relative) 100 161 380 

Radiant section heat load (relative) 100 110 134 

Natural gas feed usage (mscf/mscf syngas) 0.249 0.247 0.242 

Natural gas fuel usage (mscflmscf syngas) 0.151 0.178 0.219 

CO2 import (lb/mscf syngas) Nil 8.86 28.32 

17 



The question of steam balance is an important aspect of reformer 

design. The total quantity of steam that is raised and Its quality, 

with regard to pressure and degree of superheat, can be varied within 

wide limits without any significant loss in energy efficiency. Energy 

for raising this steam comes partly from the heat recovered in cooling 

the reformer product, and a convection section within the reformer 

furnace provides the balance by heat transfer from flue gases leaving 

the radiant section. The considerable degree of flexibility available 

to the designer permits steam production at rates that are different 

from the norm of a "match" (i.e., when steam production equals steam 

consumption). Thus steam can be either imported into or exported from 

the system when necessary. The flexibility is achieved by an appropri- 

ate design of the furnace radiant and convection sections for varying 

proportions of the total heat load and by including, if required, 

"auxiliary firing" In the flue gas duct (415137). The auxiliary 

burners can.be fired independently from the radiant section burners. 

An illustration of the flexibility available is provided in the designs 

that are used commercially for methanol, hydrogen, and ammonia manufac- 

ture, where the steam production patterns can be widely different. 

For cases corresponding to H2:CO ratios of 3:l and 2:l in the 

present syngas study, we matched the steam quality to the respective 

different turbine needs for CO2 compression. In each case the exhaust 

steam from the turbine was at conditions close to that needed for re- 

former feed. Since the same steamzcarbon ratio (with respect to 

natural gas feed) Is employed, the quantity of steam is the same in 

both cases. In Case C, viz, hydrogen, the steam quality is designed to 

meet the needs of hydrogen compression to 750 psia. The compression 

stage was not included in the flow sheet battery limits because the 

objective was to furnish a product value for hydrogen at the lower pres- 

sure of a conventional plant for use in the economic examination of 

"skimming schemes,** discussed later. The production costs of hydrogen 

and crude syngas were calculated by showing the high pressure steam gen- 

erated as an export and regarding the medium pressure reformer steam as 

an import to which different prices (as discussed later) have been 
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assigned. For Case D, vie, methanol, the design is on a “matching” 

basis with no export steam. The values assigned to the different 

grades of steam in Cases C and E are discussed later. 

We have assumed the furnace efficiencies in all cases to be in the 

85% region, based on the higher heating value of the fuel gas, i.e., 

where: 

Furnace efficiency = 
Total heat absorbed (radiant + convective) 

Total heat released (on higher heating value 
basis) 

Though no precise published data are available, specifically, on 

reformer furnace efficiencies, the assumed figure is consistent with 

the overall energy efficiencies reported for the production of methanol 

(415329, 472158, 472159, 472160). 

It should be appreciated that the choice of steam balance configu- 

rations is somewhat arbitrary for the syngas and hydrogen cases (Cases 

A, B, and C) as it is without defining the end use for the syngas or 

hydrogen stream. When these streams are required at higher pressures 

and additional steam is needed for compression and other downstream 

duties, it would be possible to provide this in an integrated reformer 

furnace design. 

Carbon Dioxide Separation 

The reformer catalyst is poisoned by sulfur compounds and the 

necessary inclusion of a desulfurieation stage (e.g., activated carbon 

beds assumed in this study) ensures that an acid gas removal stage has 

to deal solely with Cog. Several proprietary processes are available 

for acid gas removal (B-1517). A selection of these Is displayed in 

Table 4.5, highlighting their main features. In the present syngas 

cases, the CO2 removal requirements are basically similar to those for 

ammonia or hydrogen manufacture by natural gas steam reforming. For 

the latter two, the most commonly employed systems are those based on 
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Table 4.5 

SOME SELECTED ACID GAS REMOVAL PROCESSES AND THEIR MAIN FEATURES 

Utilities 
Abeorber lfarqge of Acid Required 
Pre#sUre Gas Partial (scale 1 

Process (1icenmr) Solvent (pain) Reaaurc (psia) Typical Process Use Procem Limitations to 10) 

Chemical Solventa: Alkanolaminen 

Ucar (Union Carbide) Wonocthanol.amine + 25-1000 <loo co2 removal (It low nercaptans not rc- 10 
corrosion inhibitora pressure or mueeten- mved. COS and CS2 

inS natural Sas with react with and de- 
IOU partial pressure grade “EA. Not COP 

of acid gases. When petitive at high 
only 02 is to be parti. pressure* of 
removed reduction acid gases. 

to 100 ppm can be 
achieved in single 

stage columl. Bo- 

claimer myatem cm 
be used to purge 

accumulated .salts. 
e.g., farmltee. 

DEA (SUPA) Metbmoluinc 
and additive 

---------------- ------------ 

41000 730 lbmmal of acid Solution foaming 9 
gases, from nature1 occur(~ with higher 
gas down to pipeline c0ncentrat10n of 
specificationIl. DEA in solution. 
(Removes mercaptans, 
COS. and CS2.) 

-- --------_--------__l_l_____l___l 

ADIP (Shell) Di-improp~olamine <loo0 C60 Refinery Sasca with Leaa complete co2 7 
H2S and low CO2 l%lpoVd. IiiSh sol- 
Contentl. vent cLlllt,m. 

m----------w ----- ---------------w 

WA (Fluor) MSlycolamine <loo0 760 Best use ia on high COS and CS2 react s 
partial preasurem of with and degrade WA. 
H2S to meet natural High aolvcot co&. 
g.* pipeline apeci- 
fications. 

-- --w-------p ----m-----m 

chemical Solventa: Alkaline Pota.mium Salt8 

Bcnficld (Benfield) Potaasiu carbonate 100-1000 lo-120 (higher CO2 removal in hy- co2 remval to levels 7 
and uiac plus co?- if co2 only) drogen and ammnia below 0.1-0.2X would 
roaion inhibitor* manufacture; acid require a tvo stage 

g&B reltoval in absorber. A reclaimer 
natural ges. syrtem cannot be used 

to purify contami- 
nated solvent. 

Catacarb (Bicbmeycr) Aq pota8mim aalt8 lC+lOUO lo-80 (higher An for Benfield. As for Benfield. s 
and additives if co2 only) 

Clammarco-vctrocoke 
(Ciam3rco) 

Potamium carbonate 200-1000 Cl0 for H2S As for Benfield. Am for Benfield. 7 
plu.9 arsmic triox- with high CO2 
idc partial pm*- 

*ure 

Physical Solventm 

rlectiaol (Lurgi) Nethan 300-2000 >60 Purification of Volatility of 6olrcnt 2 
crude synws from requirea refrigeration 

coal or heavy oil to reduce lomca. 

when sc1ectlvc rc- 
moval of H2S from 
CO2 16 required. 
Can produce mepr 
rate1y a* H2S *t.re.m 
far clam plant feed 
and a CO2 stream. 

Selaxol (uorton) Mllethylether of 300-1000 560 As for BeetilOl (but co2 removal lees am- 1 
polyethylene glycol gives more aelective plete than for 

H2S removal than Bectimol. 

aectiso1). 
_-------- ---m-w_- -__I___-_ -----I-------- --___ 
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Table 4.5 (Concluded) 

SOME SELECTED ACID CAS REl4DVAL PROCESSES AND THEIR MAIN FEATURES 

Procew (lic*nuv) Solvent 

Combined Physical-Chemical Solventa 

Utilitiel 
Abmrkr Range of kid Required 
Preraurc Can Partial (xale 1 

Rcaaurc (psia) Typical Process Umc (psia) Proceal Limitations LO 10) 

Sulfinol (Shell) Sulfolane (taLca- <lOW 780 (uhan co2 Purification of Cannot selectively 5 
hydrothiopbane di- il prcacnt) crude syngacl from remove H2S from atre*m 
oxide) plus di- coal or heavy oil containing cop 
iropropylamina. when aelcctive .cpr 

ration of HzS IS not 
required. 

-----w-P -----------------------mm- --------------- 
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absorption in alkaline potassium salts and the ones in which alkanol- 

amines are used as solvents. In both these types of processes the ab- 

sorption of CO2 proceeds by an exothermic chemical reaction which is 

reversible, and a stripping stage regenerates the solvent by dissocia- 

tion of the chemical compound. Compared with processes based on physi- 

cal solvents, desorption, being endothermic, leads to a higher energy 

usage but this is adequately compensated for by greater solvent capac- 

ities at the relatively low CO2 partial pressures obtained in steam 

reforming. For this reason physical solvents such as Rectisol" and 

Selexol@ are not considered economic for use in syngas generation by 

natural gas steam reforming (see Table 4.5). They are more relevant 

for schemes based on the partial oxidation of resld or coal gasifica- 

tion, as discussed in Sections 5 and 6. 

With the two major types of chemical absorption solvents, i.e., 

alkaline potassium salts and alkanolamines, the dominant processes in 

use are Benfield@ (based on aqueous K2CO3) and Union Carbide 

Corporation's Ucar@ Amine Guard (based on aqueous monoethanolamine). 

The applicability of K2CO3 to the removal of CO2 was reported,in the 

published literature as early as 1904. However, the actual process was 

first developed much later (early fifties) by the U.S. Bureau of Mines, 

and in recent years several improvements were made by Benson and Field, 

and hence "Benfield" was coined as the name for the process and Its 

licensing corporation. (Benfield Corporation is now a wholly owned UCC 

subsidiary.) The Improvements relate (1) to enhanced solvent capaci- 

ties and absorption rates by the addition of proprietary activators, 

(2) to the elimination of corrosion problems by the.use of inhibitors, 

and (3) to the evolution of a process design which minimizes energy 

usage (472168, B-1517). 

As in the case of K2CO3, the commercial use of alkanolamines for 

acid gas absorption followed much later after the original discovery In 

1930. The two amines that have proved to be of principal commercial 

interest are monoethanolamine (MEA) and diethanolamine (DEA). The 

former is preferable for systems requiring the removal of CC2 alone, 
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owing to its higher capacity. The latter has been chosen when sulfur 

compounds, particularly COS and CS2, are present in appreciable 

amounts. MEA forms irreversible reaction products with these com- 

pounds. DEA on the other hand is much less reactive with these com- 

pounds. The most serious operating problem with ethanolamine systems 

was corrosion until UCC's development of the Ucar@ Amine Guard process, 

which incorporates the corrosion inhibitor system (472178, 472179). 

Inhibitor systems were also developed by other companies, e.g., Dow 

Chemical Corporation and Drew Chemical Corporation. The composition of 

these materials is proprietary; they are commercially available under 

trademarks. Since their original work UCC have made further improve- 

ments to both the corrosion inhibitor system and the process design 

package which Is offered in conjunction (472172). 

To arrive at a choice between these two leading processes 

(Benfield@ and Ucar* Amine Guard) we made a detailed examination of 

their individual features. From data available to SRI there did not 

appear to be a significant difference in capital costs. The Benfield 

process showed lower overall energy costs but In the present context 

Ucar@ appears to have some advantages in that: 

0 The CO2 slippage is lower, with 100 ppm CO2 easily attainable 
with a single absorber column instead of 0.1-0.2 ~01% with 
BenfIeld@. 

l The presence of high CO levels in the syngas can lead to the 
formation of formic acid and subsequently its salts. With 
K2CO3 systems this would necessitate a higher level of purge 
(and hence greater K2CO3 makeup) than is usually necessary with 
non-CO systems (e.g., in RR3 manufacture). With UCC's MRA- 
based system, the higher volatility of the amine permits its 
separation from the salt by a reclaimer which takes a small 
slipstream of the hot lean solvent. 

Therefore despite some energy advantages claimed on behalf of 

Benfield@, we used Amine Guard in our syngae designs. Roth processes 

use low temperature energy (205-2250F) and, apart from a small deficit 

in the hydrogen case, for the syngas cases, sufficient energy of this 

quality is available as "waste heat." 
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Flue Gas Scrubbing 

In Case B (syngas with H2:CO ratio = 2:l) the import of CO2 is 

necessary for adjusting the H2:CO ratio in the reformer product to the 

desired level. When surplus C02, e.g., from an RR3 or H2 facility, is 

not available the cost of obtaining CO2 from reformer flue gas was 

examined. We assumed that the furnace Is fired by desulfurized natural 

gas; therefore, the recovered CO2 stream contains virtually no sulfur 

and is acceptable for reformer feed. We selected UCC's MEA system for 

this duty because of the low partial pressure of CO2 in the flue gas 

stream for which the alternative K2CO3 systems are not suitable. At 

these conditions MRA systems exhibit much greater solvent capacities. 

There is a further advantage in using identical systems for CO2 removal 

for both the reformer product and flue gases. It Is then possible to 

integrate the two by having a common stripper. 

In our evaluation the cost of scrubbing flue gases is worked out 

to furnish a unit cost of CO2 for use as a materials cost input. 

Hydrogen Production 

When hydrogen is produced by the steam reforming of natural gas, 

the conventional process Includes high and low temperature CO shifts, a 

CO2 removal, and finally methanation. In the previous SRI study on 

hydrogen (PEP Report 32A, December 1973) we examined such a process. 

The technology basis employed was representative of Industrial practice 

at that time. Since then, significant advances have been introduced 

both in the general area of steam reforming and its more specific 

application to hydrogen production (472163, 472164, B-1513). Most of 

the innovations center on achieving higher energy efficiencies by more 

complete heat recovery with closer temperature approaches. The intro- 

duction of the preheating for combustion air by enhanced flue gas cool- 

ing was one of the key features. Others relate to improvements in 

reformer design, and reformer catalyst performance. Also, there has 

been soms progress in the evolution of longer-life materials for re- 

former tubes and furnace insulation (472163). For hydrogen production 
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the most notable development is the suggested use of pressure swing 

adsorption (PSA) to replace the low-temperature CO shift, CO2 removal, 

and methanation stages (472171). The unadsorbed H2-lean gas is recy- 

cled as reformer fuel. It is claimed that, with rising costs of 

natural gas feedstock, this approach would become more economic than 

the conventional method. 

For the present, ws considered a comprehensive update of hydrogen 

costs, in the traditional PEP manner, to be beyond the scope of the 

overall syngas study. The flow sheet design used is thus based on the 

conventional process but It Incorporates several energy saving features 

which now form a standard part of current industrial practice, vie, the 

use of air preheating, more extensive heat recovery, and adiabatic oper 

ation of the low-temperature CO shift reactor, i.e., without the water 

injection used in earlier designs. While no detailed flow sheet ex- 

amination has been carried out for the process variant with PSA, some 

economic data available to SRI (472171) were used to provide an indica- 

tion of its likely merits. 

Methanol Production 

The introduction of the "Low Pressure** (LP) process by ICI in 1967 

represented a step change in the development of methanol technology 

from syngas. Compared with the prevailing "High Pressure" (HP) pro- 

cesses there were significant savings In operating and capital costs= 

Most notably, there was a major reduction in the consumption of feed- 

stock plus fuel, about 15%-20X (58150, 415329). Following ICI's break- 

through LP processes for methanol were also developed in the early 

seventies by other companies, e.g., Lurgi, Haldor Topsoe, and 

Mitsubishi. The HP processes are now obsolete, insofar as installation 

of new capacity is concerned. There were still a few HP plants in oper 

ation during 1981 but most of these are either being converted to the 

LP process or due to be phased out. 

Following the energy crisis of 1973 and the consequent escalation 

in feedstock prices, the main effort in the evolution of improved 
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designs for the LP process was directed toward further reductions in 

the consumption of feedstock plus fuel. Resides the advances that were 

developed in the general area of steam reforming (discussed earlier 

under Hydrogen Production), many design innovations have been intro- 

duced which are more specific to methanol. 

In SRI’s PEP Report 43B, July 1981, we updated the economics of 

methanol production. Among natural gas based routes the two leading 

processes--those licensed by ICI and Lurgi-were examined. However, 

the process flow sheet versions assumed in the update did not corre- 

spond to the highest energy efficiency designs that are now claimed to 

be practical for these processes (58149, 58150). For the present syn- 

gas study we specifically selected the ICI process for a reappraisal. 

We have used a flow sheet concept corresponding to the latest “high 

efficiency design,” which incorporates the numerous energy-saving fea- 

tures that have come about from a program of continuing development. 

We therefore consider that the data presented give a realistic picture, 

not only for the specific process chosen for illustration but for meth- 

anol technology in general. This is because the economics of the other 

leading process (Lurgi) are believed to be very similar. A recent 

Lurgi publication (472157) claims a slight edge on feedstock plus fuel 

costs (3X-5%) but this is at the expense of some additional capital 

that is needed for their more complex synthesis reactor design. 

The main developments in the ICI technology have been described in 

recent ICI and Davy-McKee papers (58111, 58144, 58145, 58150, 415329). 

The progress toward reduction in energy consumption is briefly reviewed 

here and is summarized in Table 4.6. The main energy losses in meth- 

anol production occur in the reforming section. In the original 1967 

version of the process, substantial quantities of heat energy were 

rejected into cooling water and air (via air coolers) and in the flue 

gases leaving the reformer. 

The first step in the evolution of higher efficiency design was 

marked by the introduction In late 1974 of a “Reduced Energy Concept” 

for the ICI process. In its earlier form the design changes introduced 

consisted of: 
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Table 4.6 

ICI METHANOL PROCESS TREND TOWARD ENERGY REDUCTION 

Pre-1967. BP Proceee 1967. LP Proceee 
1974, 

"Beduced Bnergy Concept" 

Added deeign features MeOE eyntheeie praeeure Lov praeeure (50-100 atm) goformer gae heeted re- 
250 etm. Uee of recipro- &Oil ryntherie. Uee of boilers. Soiler feedwater 
caring compreeeore. centrifugal compressors. heating againet reformer 

gae and in synthesis loop. 
Air preheating against 
flue gaeee. Purge gae 
turbine expanded for power 
recovery. 

Peedstock and fuel 
[MM Btu/metric ton 
HeOE (HHV)]* 

With CO2 addition 45.2 

No CO2 additiont n-e 

37.5 

n-e 

35.5 

n.a 

1977. Improved Dietillation 1979, "High Efficiency Design" 

Mded design features Four colrnrm MeOH purificetion Feedstock ueter eaturator using 
inetead of conventional two low grade energy. Enhanced heat 
calm eyetelr-using over- recoveries from reformer and 
head energy from one column synthesis sections and from flue 
for reboil in others. g*ees. 

Feedstock and fuel 
[M Btu/metric ton 
Neoli (Imv)]* 

With CO2 addition 32.0 

No CO2 addition* 34.7 

30.9 

32.6 

*Sources: 415329, 472158. 

tPubliehed data are not available for ell the caeee; a8 an approximetion a 10% increment above the ueagee 
vith CO2 addition mey be aesmed. 
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l Replacement of LP steam reboilers in the distillation train by 
ones that were heated by reformer process gas. 

l Inclusion of a boiler feedwater heating system in the reformer 
gas cooling system and in the methanol synthesis loop to 
recover energy which had been discarded in the original 1967 
design. 

In later versions of the Reduced Energy Concept process, further energy 

savings were effected by: 

l Enhanced heat recovery from flue gases by the introduction of 
an air preheater in the reformer convection section. 

l The use of purge gas expanders (linked to generators) to 
utilize the ener,gy which is available in the high pressure 
purge gas from the synthesis loop. Previously, this gas was 
let down unproductively across a pressure reducing valve. 

The *'Improved Distillation" design was added to the design package 

by Davy-McKee in 1977. Instead of the conventional two-column system, 

a four-column arrangement was deployed. The earlier conventional 

system consisted of a light ends removal column and a methanol refining 

column. The latter, which produced chemical grade methanol overhead 

and rejected water in the bottoms stream, also removed higher alcohols 

as a sidestream a few trays from the bottom. The essential features of 

this system are described in an ICI patent (58074). The energy consump- 

tion of such a system has been quoted as 960 metric ton calories (3.8 

million Btu) per metric ton of product methanol. The Davy-McKee four- 

column system uses a light ends column as before, with the main meth- 

anol purification being effected in the next two columns. The first of 

these is operated under pressure. This permits the condensation of 

overhead vapor at a sufficiently high temperature for use as reboil 

energy in the next column, which operates at near atmospheric pressure. 

The pressure column produces slightly impure methanol (-99.5% w/w), 

rejects water that is virtually methanol free and removes most of the 

higher alcohols as a sidestream. The atmospheric pressure column does 

the final refining. The reduction in energy is obtained through the 

use of lower reflux ratios. A system similar to that of Davy-McKee 

(but using three columns) is described in an ICI patent (58097), where 

the potential savings in energy Is indicated to be about 37%-40%. The 
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fourth column in the Davy-McKee system is a relatively small one which 

further recovers methanol from the bottoms of the atmospheric pressure 

column. 

In the High Efficiency Design (1979) version of the process the 

additional energy saving features introduced were: 

l The use of a “feedstock saturator.” This consists of a 
contacting device such as a packed column where the natural gas 
feed is scrubbed countercurrently with hot water (472134, 
415230). Energy for heating the water is low grade and comes 
mainly from the methanol synthesis loop. It is claimed that 
(when no CO2 addition Is used) about 50% of the reformer steam 
can be transferred to the natural gas feed in this way 
(415329). 

l A greater extent of heat recovery from the reformer product, 
flue gas, and synthesis product streams. The useful heat 
recovery from these three streams was extended down to 
temperatures near 150°F, 120°F, and 1800F respectively (instead 
of 200oF, 180oF, and 250oF, which were typical of earlier 
designs). 

As stated before, in our reappraisal of the ICI process we have 

endeavored to formulate a design basis which incorporates all the 

energy saving features that are now considered representative of the 

present state of art. The mass and energy balances and the detailed 

design are as for a case where no CO2 Is available for addition (to 

either reformer or methanol synthesis feed). The reformer conditions 

(295 psia and 16000F at exit and a steam:carbon ratio of 3:l) are 

typical of current practice. For the methanol synthesis we selected a 

pressure of 1500 psia and an exit temperature of 520oF. In their pub- 

lished data ICI indicate (58144) that the optimum pressure is probably 

1050-1250 psia--however, they recommend 1500 psia for larger plants so 

that a single methanol reactor can be used and a single-stream opera- 

tion is maintained. For these conditions a “carbon efficiency” of 96% 

is considered attainable (58144). 

Carbon efficiency - 100 x Mols of methanol produced 
Mols of CO + CO2 in makeup syngas 
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We assumed a recycle/makeup gas ratio of 5.25 with a methanol 

level of 4 mol% In the crude converter product. This agrees with pub- 

lished data (472165, 472167). The purge stream under these conditions 

corresponds to about 27% (volume basis) of the makeup syngas. 

For the purification section our flow sheet follows the Davy-McKee 

concept; guidance was taken from the ICI patent (58097) for details on 

design and energy consumption. The latter was assumed to be 2.38 

million Btu/metric ton methanol (600 metric ton-calories/metric ton 

methanol). 

The overall natural gas usage (feedstock plus fuel) was calculated 

to be 32.77 million Btu/metric ton methanol (based on HHV). This 

agrees closely with published data (See Table 4.6). 

H7:CO Ratio Adjustment by Separation Processes 

From the discussion of syngas uses, which we dealt with earlier, 

it has been emphasized that the ratios of greatest interest lie in the 

bracket l:l-2:1, except for the few cases cited where pure CO is re- 

quired in the synthesis. Thus, from a natural gas source it would be 

possible to make a syngas stream in the desired ratio bracket by merely 

skimming off the surplus H2 from a 3:l or a 2:l stream, instead of 

importing CO2. Such an approach could be attractive if there Is a use 

for the skimmed H2, allowing It to be credited at chemical value. The 

main processes available for the skimming are as follows: 

(1) Cryogenic separation 

Several versions of cryogenic processes are used industrially 
for the separation of hydrogen from CH4/H2/CO mixtures. The 
process examined here is based on Union Carbide's liquid 
methane wash system. The syngas stream is scrubbed counter- 
currently with liquid ethane to yield a 98.5 ~01% H2 (less 
than 10 ppm CO) stream as unabsorbed gas. The liquid stream 
is fractionated in a two-column train to give a purified CO 
stream (99 ~01% purity), a purge fuel stream (which contains 
most of the CEt, impurity), and a liquid methane stream for 
recycle. The cryogenic effect is produced by the compression 
of a recycle CO stream and its subsequent isentropic expan- 
sion. 
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(2) Pressure swing adsorption (PSA) 

The approach here is to selectively adsorb compounds other 
than hydrogen on a zeolite system and subsequently release 
them by lowering the pressure. This technique yields hydro- 
gen of very high purity (99.99X+) but its main disadvantage 
in the present context is that the pressure of the desorbed 
hydrogen-lean stream is lowered considerably (to approxi- 
mately 20 psia), necessitating recompression. 

(3) Tenneco's CosorbQ (CO absorption process) 

This process uses a proprietary solvent which selectively 
absorbs CO. As with CO2 absorption systems, the CO is recov- 
ered in a stripping stage. A CO stream of up to 99.9% (dry 
vol basis) can be produced by the process. On residual CO 
levels In the H2 product, the process is capable of restrict- 
ing these to below 10 ppm. We consider that, when this is 
necessary, it would be more economic to allow a CO slippage 
in the H2 product of about 0.1% at the absorption stage, with 
final reduction (to less than 10 ppm), being carried out in a 
methanation stage. Since CO absorption can be carried out at 
the higher pressures of syngas generation, the unabsorbed hy- 
drogen stream is lowered only slightly in pressure. However, 
desorption is effected at near atmospheric pressures. Thus, 
as in the case of PSA, recompression of the CO stream would 
be necessary. 

(4) Monsanto's Prism@ separators 

These are based on the principle of selective permeation 
through hollow fiber membranes. An enriched hydrogen stream 
(approaching 98% vol purity) can be produced by this method. 
The main impurity is CO and, as with Cosorb*, methanation 
would be necessary. For obtaining higher purity H2 a combina- 
tion with PSA would be used Instead. An advantage with this 
method is that the drop in pressure of the main stream Is not 
large. However, the permeating H2 stream could drop to about 
65 psia. 

Of these, cryogenic separation of syngas and Cosorb@ applied to 

blast furnace gases, have been previously examined in PEP Report 123 

for the production of a refined CO stream. A further examination of 

these In CO production, with additional feedstock composition cases is 

presented in Section 7. 

Four possible schemes, using the processes listed, were examined 

and are illustrated by the schematic diagram in Figure 4.5'. A detailed 

description for each of the four systems is given later. With the 

exception of the scheme using the Prism@ separators, In all other 
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Figure 4.5 
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Figure 4.5 (Concluded) 
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schemes only a part of the total syngas stream is processed to achieve 

the desired adjustment in Hg:CO ratios. This is because the specified 

82 purities are possible at high recoveries and the use of a bypass 

arrangement saves on recompression costs. With the Prism@ separator a 

high H2 stream purity is not economically attainable at enhanced recov- 

eries and therefore the processing of the whole stream is preferable. 

Also, unlike the other processes, the recompression Is carried out on 

the enriched H2 stream and this represents a fixed duty which is not 

dependent on bypass. In schemes showing bypass, the proportion of the 

split is determined by the initial syngas ratio and the desired ad- 

justed ratio. 

The economics of the four schemes illustrated were examined in a 

modular way with data made available to SRI by Union Carbide for PSA 

and cryogenic systems, by Tenneco/Kawasaki Heavy Industries for 

Cosorb@, and by Monsanto for Prism@ separators. 

Values Assigned to Steam 

In the preceding discussion of reformer steam balances, the design 

basis for Cases C (hydrogen) and E (crude syngas) was shown to entail 

the import and export of various grades of steam. The details of steam 

quality for these cases is tabulated below: 
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Export High Pressure Steam Import Medium Pressure Steam 
Pressure Temp. Enthalpy Pressure Temp. Enthalpy 

(psia) (OF) (Btu/lb) (psia) IoF) (Btu/lb) 

Case C: 
(hydrogen) 

750 900 1,456 310 600 1,315 

Case E: 
(crude 
fvw- 1 

1100 1000 1,502 350 670 1,348 

Case C: 
(hydrogen) 

Case E: 
.(crude 
vv3as 1 

Export Low Pressure Steam 
Pressure Temp. Enthalpy 
(psia) (OFI (Btu/lb) 

-- -- 

50 320 1,195 

To enable the economic evaluation of these cases it was necessary 

to assign values to these grades of steam. Beference was made to PEP 

Report 136 (Plant Utilities Costs, September 1980) in which the econonr 

its of steam generation from large, field-erected, gas/oil fired boil- 

ers was examined. The fixed capital costs for steam generation 

equipment were extracted from this report and are shown in Figure 4.6 

as a function of steam pressure for a capacity of 1 million lb/hr 

steam. Since the fuel is a major part of the cost of steam, nonfuel 

related costs were calculated for the three grades of steam at a con- 

stant 30% of the fixed capital. The fuel related charges were based on 

gas at $4.17/million Btu (HHV) and 85% thermal efficiency (based on HHV 

of fuel). Owing to the small differences in the enthalpies of similar 

grades of steam in Cases C and E, a single value was assigned to each 

of the two grades. The computation Is tabulated below: 
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Figun 4.6 

STEAM GENERATION CAPITAL AS A FUNCTION OF PRESSURE 
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Pressure assumed for cost (psia) 

Temperature assumed for cost (OF) 

Fixed capital, PEP Cost Index - 400 
($/l,OOO lb/yr capacity) 

Net enthalpy requirement (Btu/lb) 

Nonfuel costs at 30% fixed capital 
($/l,OOO lb) 

Fuel costs with gas at $4.17/million Btu 
and 85% efficiency ($/l,OOO lb) 

Fuel and nonfuel costs ($/l,OOO lb) 

Rounded steam value ($/l,OOO lb) 

Process Description 

High 
Pressure 
Steam 

900 

900 

3.4 

1,370 

1.02 

6.72 

7.74 

7.75 

Medium 
Pressure 
Steam 

400 

650 

2.7 

1,250 

0.81 

6.13 

6.94 

6.95 

Low 
Pressure 
Steam 

150 

380 

2.1 

1,110 

0.63 

5.44 

6.07 

6.10 

Cases A and B: Syngas Streams with Hg:CO Ratios of 3:l and 
2:l Obtained by CO7 Addition to Reformer Feed 

The process sequence for both these cases is virtually identical 

and is illustrated by the flow diagrams in Figures 4.7 and 4.8 

(foldouts at end of report). The only differences are: 

l Heat exchanger E-105 in the heat recovery train is not required 
for the 2:l case. 

l The CO2 compressor K-201 handles the imported gas in addition 
to the recycle gas for the 2:l case. 

l In the 2:l case, both the fuel and the feed natural gas are 
desulfurized to afford a sulfur free flue gas for the CC2 
recovery and import. 

The corresponding equipment requirements and the stream flows are 

presented in Tables 4.7 through 4.10. As discussed before, these refer 

to a production scale obtained with a natural gas reformer feed rate 

equivalent to 2,500 metric tons/day of methanol yielding a syngas rate 

in the region of 300 million scfd. 

Natural gas is received by pipeline and reduced to 310 psia at the 

reformer section inlet before being passed through beds of activated 
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carbon M-101 and M-102 for adsorption of H2S. The two beds are used 

alternately, i.e., one on line and the other on the regeneration cycle. 

(The whole stream is desulfurized in the 2:l case.) The desulfurized 

reformer feed gas is mixed with steam and CO2 and goes to the re- 

former's (F-101) radiant section via preheating convection bank E-101, 

which heats the stream to 1000oF. The tubes of the radiant section 

contain a reforming catalyst such as United Catalyst Corporation's 

C-56B. Convection tube banks E-102 and E-103 in the furnace are em- 

ployed for steam superheating and air preheating respectively. Air 

blower K-101 introduces the air into the furnace (fired by natural gas) 

and a flue gas extractor K-102 is used for the discharge of flue gases. 

The crude reformer product leaves the radiant section at 16250F and 295 

psia and is quenched to 6500F in E-104, where the heat is recovered in 

the generation of steam. The superheated steam from E-102 goes via 

steam drum V-101 to drive CO2 compressor K-201. A noncondensing tur- 

bine is employed. The quantity of steam generated is the same for both 

cases but for the 2:l case, where compression energy requirements are 

greater (owing to a higher CO2 rate), the quality of steam is superior. 

The steam turbine inlet and exit conditions for the two cases are as 

follows: 

Case A Case B 

Inlet pressure (psia) 640 900 

Inlet temperature (OF) 780 980 

Exit pressure (psia) 310 310 

Exit temperature (OF) 700 640 

Further heat recovery from the reformer product takes place in 

E-105 (not for the 2:l case), E-201, and E-202. The first of these is 

used to heat deaerated water and the last provides the preheat before 

deaeration. E-201 comprises the reboiler in the CO2 stripping column. 

Final lowering of the reformer product temperature to 155oF is carried 
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l 
out in E-206 against cooling water. The water condensed in E-201, 

E-202, and E-206 is removed by condensate drums V-202, V-203, and V-204 

respectively. 

The cooled reformer stream enters the CO2 removal system at 155oF 

and 250 psia. Absorption of CO2 in MEA solution is carried out in 

column C-201, which is equipped with sieve trays. The flow of the two 

phases is countercurrent. Heat transfer surfaces (E-207) in the column 

remove the heat of solution and maintain the exiting rich solution 

temperature below 170oF. The rich solution is raised to 190oF by heat 

from the stripper bottoms in E-205 before it enters flash vessel V-205, 

where part of the CO2 is removed. Further heat transfer from the strip- 

per bottoms in E-204 heats it to 2lOoF before the stream is fed near 

the top of stripper column C-202. The stripper column (which also has 

sieve trays) is operated at 20 psia at the top and a base temperature 

of 225OF. The heat for the stripping is provided by the reformer prod- 

uct, in E-201. A reflux is maintained at the top of the column to 

minimize the presence of MEA in the stripped CO2 gas. The lean MEA 

solution from the bottom of the stripper gives up heat as described be- 

fore and is further cooled against cooling water in E-203 before being 

returned to the absorber. The unabsorbed gas, i.e., the product syngas 

from C-201, is cooled in E-209 to 120°F. 
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hble 4.7 

SYNGAS (H2:CO RATIO - 3:l) FROM STREAM REFORMING OF NATURAL GAS, WITH CO2 RECYCLE 

MAJOR EQUIPMENT 

Plant Cepecity: 97 x 109 acflrr Syng.38 
*t 0.90 serem Factor 

squipment 
mmber 

K-101 

K-102 

K-201 

Calprc~wre 

Air blornr 
mu? gas extractor 
co2 empreamr 

lixchulgermf 

B-101 
E-102 
E-103 
K-104 
E-105 
E-201 
E-202 
K-203 
L-204 
E-205 

K-206 
E-207 
E-206 
E-209 

Paed preheater 
stem l uperheater 
&ir preheater 
Heat r.eovcry boiler 
Boiler fcedveter beater 
co2 aripper reboiler 
Dmin weter prebuter 
LCen amine cooler 
Mna intarcbanSer-I 
Amine intercheoper-II 

Abwrber feed cooler 
Abeorbar intercooler 
stripper condeneer 
syn&gar cooler 

F-101 

Furnuem 

Natural ~a. reformer 

T-201 

Pre,mue vemsela 

v-101 
v-201 
v-202 
V-203 
v-204 
V-205 

Steam drum 
Rcflux dru 
Condensate-1 
Cmldenertc-II 
CondaneatcIII 

c-201 
c-202 

COllun~ 

Amine ebaorber 
Amine etripper 

Niuell~neoue equipment 

N-101 Hz5 admorber 
n-102 I425 &barber 
N-103 Flue S.e mtack 

Sire (bhp) Neterie of conetructicm Remrkm 

5,260 carbon ateel 
5,940 Carbon ateel 

13.000 Carbon lteel 

Dbt mhown on drawinK. 

Neteria1 of ConatnK!tion 
Shell Tubea 

Sk? Heat Loed 
@I Btuihrl (eq ft) 

19.400 320 Flue duct 316 aa 

17.600 77 Flue duct, carbon eteel 
36.700 105 Flue duct, carbon eteel 

8,300 560 Carbon steel 316 (II 
16.800 170 Carbon ateel 316 ee 
34.700 320 carbon ace1 316 ss 
6.200 70 Carbon eteel 316 ee 
35.300 93 carbon lteel carbon etee1 
70.900 SO Carbon ateel CsrLIon (Itee 
59.000 75 Carbon steel carbon *tee1 

12,000 110 Carbon etcel 316 em 
17,900 250 carbon eteel carbon steel 
ll.SoO 240 carbon mteel carbon steel 
24,000 35 carbon eteel Carbon steel 

Neat Load 
(EQl Btu/hr) Neterie of Conetructiml 

1,930 Ni-Cr elloy 1,350 4 in. by 40 ft long tubea 
filled with 4,700 it3 catalyst. 

Not ehovn on drewiw. 90,000 316 II 

64.000 Cerbon ateel 
Cerbon eteel 
316 .e 
316 .a 
316 ee 
Carbon etael 

20,000 
31,OOC 
13,COo 
11.000 
50,000 

UeiSht 
(ft) 

mameter 

(it) 

Neterie Of Conltruction 
Shell Treye 

70 16.4 Carbon eteel 316 ae 30 deve tray., 24 in. epacing. 
60 21.5 Cerbon eteel 316 e‘ 25 sieve traya. 24 in. epecing. 

neterie of Conetruction 

550 E” ft 
550 E” ft 
6 it die x 120 ft high 

l.%rbon steal 
Carbon steal 
carbon tltee1 Not shown on drewinS. 

100 Section - 2, including 1 operating. 1 ‘pare; 759 operatiog bhp. 
200 Section - 6. including 3 operating. 3 ‘pare.; 2900 opereting bhp. 

“The heat traarfer .re.e ehovn repreeent . total. In our evaluation throughout thie report, M heve uamed en upper limit of 
10,000 .q ft for . ~in.@c unit with repliution ee nece‘ea.ry. 
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Table 4.9 

SYNGAS (H2:CO RATIO - 2:l) FROM STREAM REFORMING OF NATURAL GAS, WITH CO2 IMPORT 

Plant capacity: 98 x 109 scflyr SynSll 
IIt 0.90 stream Factor 

Equipeat 
Number 

K-101 
K-102 

K-201 

g-101 
B-102 
E-103 
K-104 
E-201 
E-202 
B-203 
K-204 
E-205 
E-206 
E-207 
E-200 
E-209 

Size (bhp) nateria1 of Construction Remarka 

ComPn~~or.3 

Nr blower 
Flue g*s extractor 
co2 compres‘or 

6.250 
7;050 

26,100 

Carbon ateel 
carbon steel 
Carbon ateel 

Not &CWII on drawing. 

Site lbet Load nateri.31 of construction 

(IM Btu/hrl (aq ft) Shell Tube6 

Feed preheater 
steam euperheater 
Nr preheater 
Beat recovery boiler 
co2 atripper reboiler 
Dmln water preheater 
Leea mine cooler 

Amine interchmger-I 
4mlne interchanger-11 
Absorber feed cooler 
AbLbrorbar intercooler 
Stripper condenser 
syngu cooler 

23,100 

6;ZOO 

370 

88 
42.400 

50,300 

110 

210 
52,400 130 
9,600 645 

55,900 520 
Carbon steel 316 ae 

Plue duct. 316 *I) 

carbon steel carbon ateel 
carbon steel 

Flue duct. carbon steel 

c.srbon steel 
carbon steel Carbon steel 

Flue duct, carbon eteel 

cmrbon steel 316 as 
Carbon ateel 

Carbon steel 

Carbon steel 

Carbon ateel 

316 .a 

carbon steel 
Carbon steel 

cerbon steel 

Carbon steel 

316 as 

US;000 130 
95.000 120 
13.900 135 
28.800 410 
19,000 390 
24,OaO 35 

Heat Load 
(!@I Btulhr) nateria1 of Construction 

FlUU&XB 
F-101 Natur41 ga. reformer 2.290 Ni-Cr alloy 1.480 4 in. by 40 It long tubes 

filled with 5.150 ft3 catalynt. 

Volum (gal) 

110.000 316 SII Not 6hom on drawing. 

Premsure vcmele 

v-101 
v-201 
v-202 
V-203 
v-204 
V-205 

Steam dru 
Rrflux dru 
condenmate-I 
CaLdenaate-II 
Condensate-111 
Flamh vemal 

64.000 
32,000 
33,OOC 
13;ooo 
13.000 
60.000 

carbon atee 
carbon steel 
316 (1m 
316 sm 
316 ss 
Carbon steel 

Height Diameter Material of CoantNction 

(W (W Shell Trays 

co1lJme 

Amine absorber 
Amine atripper 

c-201 
c-202 

70 20.2 cerboa mteel 316 m. 33 sieve traya. 24 in. spacing. 
60 27.0 Carbon ateel 316 s‘ 25 sieve traya, 24 in. spacing. 

Size nateria1 of conmtruction 

R2S adsorber 
H2S adsorber 
Flue Sa. mtack 

N-101 
n-102 
n-103 

960 cu ft 
960 EU ft 
11.5 it dia x 120 ft 

Nh 

carbon steel 
Carbon steel 
carbon steel Not ahown on drawing. 

100 Section - 2. including 1 operating. 1 mpare; 1012 operating bhp. 
200 section - 6. including 3 operating. 3 apare.; 3520 operating bhp. 
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Table 4.10 

SYNGAS (H2:CO RATIO - 2:l) FROM STEAM REFORMING OF NATURAL GAS, WITH CO2 IMPORT 

STREAM FLOWS 

Methane 
Carbon dioxide 
Carbon monoxide 
Rydrogen 
Nitrogen + inerts 
Ethane 

C3+ 
Water 
meen 

Total (lb-mols/hr) 

7,634.OO 
44.00 

-- 

7,634.OO 
13,970.oo 

62.70 
217.80 
119.90 

- 

- 
- 13,926.OO 
-- -- 
-- 
-- -- 

- 
- 

34,854.61 299.20 

-- 

34,854.61 14.225.20 

5,501.lO 
31.90 

-- 

- 

-- 

62.70 
217.80 
119.90 

35.153.81 
- 

317.53 
11,431.65 
10,770.02 
21,579.16 

62.70 
- 
- 

29,460.49 
- 

45.10 
157.30 
85.80 

51,510.Sl 
- 
-- 
- 

8,078.40 57,158.21 73,621.55 5,821.20 

13.681.80 

65,192.61 

Total (lb/hr) 139,324 627,383 618,130 1.384,837 1.384.837 100,380 1,880,121 

Methane 
Carbon dioxide 
Carbon monoxide 
Hydrogen 
Nitrogen + inerts 
Ethane 

C3+ 
Water 

mY8en 

Plant Capacity: 98 x 109 ecf/yr Syngas 
at 0.90 Stream Factor 

Stream Flow (lb-mols/hr) 

(3) 0 0 0 0 (1) (2) 

Stream Flows (lb-mols/hr) 
(8) (9) (10) (11) (12) (13) (14) 

55.01 
6,067.62 

55.01 

51,555.91 
3.15 
1.72 

11,775.06 
1,731.04 

317.53 
11,431.65 
10,770.Ol 
21,579.15 

62.70 
- 

8,692.57 20,767.91 
- 

- 317.53 
- 11,431.65 
-- 10,770.Ol 
- 21.579.15 
- 62.70 

-- 
-- -- 

3,749.25 4,943.32 
- -- 

- 317.53 
-- 11,431.64 
- 10,770.Ol 
- 21,579.15 
-- 62.70 
-- - 
-- -- 

4,222 721.32 
-- 

Total (lb-mols/hr) 71.244.52 52,853.61 20,767.94 3,749.25 49,104.36 4,222 44,882.35 

Total (lb/hr) 1,980,499 1,011,012 373,822 67,487 943,526 75,996 867,530 

Stream Flovs (lb-mls/hr) 

(15) (16) (17) (18) (19) (20) 

ethane 
Carbon dioxide 
Carbon monoxide 
Hydrogen 
Nitrogen + inerts 
Ethane 

C3+ 
Water 
oxygen 

Total (lb-mole/hr) 

Total (lb/hr) 

317.53 
6.40 

10,770.Ol 
21,579.15 

62.70 
- 

476.07 
- 

33.211.86 

360,405 

-- - 317.53 
11,425.24 - 6.40 

-- - 10,770.01 
- - 21,579.15 
-- -- 62.70 

- 
-- - -- 

245.25 254.69 221.38 
- - 

11,670.49 254.69 32,957.17 

507,125 4,584 355,821 

-- -- 
150.81 2,501.40 

-- -- 
- -- 
-- -- 
-- -- 
Be -- 

3.24 53.90 
-- - 

-- 
154.05 2,555.30 

6,694 111,032 
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Case C: Hydrogen by Conventional Steam Reforming of Natural Gas 
(Including CO Shift Stages and Methanation) 

The process sequence for hydrogen synthesis is similar to syngas 

cases for the reforming section as illustrated in Figure 4.9 (foldout at 

end of report). The equipment list and stream flows are given in Tables 

4.11 and 4.12. As in the syngas cases, the production scale Is equiva- 

lent to a reformer feed for 2,500 metric tons/day methanol. This corre- 

sponds to a hydrogen output of 479 million lb/yr (100X H2 basis). There 

is no recycle CO2 but reformer conditions used are similar, i.e., 16000F 

and 295 psia at the exit of the radiant section. 

As before, heat recovery for steam generation.18 carried out in 

E-104. The quenched reformer product at 6500F is subjected to a high 

temperature CO shift in an adiabatic, fixed bed catalytic reactor 

(C-301) using United Catalyst Corporation's Catalyst G-3A or equivalent. 

The temperature of the stream rises to 760oF, and approximately 75% of 

the CO present is shifted. The partially shifted stream is used to pro- 

vide premethanation heat in E-302 and preheat for deaerated water in 

E-106 and its temperature Is lowered to 410oF before entry to the low 

temperature shift reactor C-302. As before, this is an adiabatic fixed 

bed design and is packed with United Catalyst's C-66B catalyst (or equiv- 

alent). Further conversion of CO takes place and the CO level in the 

stream is reduced to 0.4 ~01% (dry basis). The temperature rises to 

4450F. Heat transfer to boiler feedwater takes place in E-107. This is 

followed by heat recovery in CO2 stripper reboiler E-201, exit temper- 

ature 2800F. Cooling to 155oF is accomplished in E-105 against cooling 

water before the stream enters the CO2 removal system. 

The aqueous MEA system is identical in design features to that for 

the syngas cases. The unabsorbed hydrogen-rich stream contains 100 ppm 

CO2 andm0.4% CO. It is preheated to 5900F in two stages, in E-301 

(against methanation product) and in E-302 (as described before) before 

methanation in C-303'(packed with United Catalyst's C-65 catalyst), 

where the residual carbon oxides content is reduced to <lO ppm. The 

methanated product, i.e., the R2 product stream after heat recovery in 

E-301 (as described before) is cooled in E-303 to 12OoF. 
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Kquipmt 
number 

K-101 
K-102 

name 

cmpremmorll 

Air blower 
Floe g.. extrector 

Size (bhp) Meterie of Coeetroction Rcurkn 

4,130 Carbon weal 

4,670 Carbon ateel 

Size mat load Heteriel of Construction 
Jeq ft) (IN Btu/hr) Shell Tuhel 

S-101 Feed preheeter 

E-102 Steam mparbeeter 
B-103 Air preheater 

s-104 Met recovery boiler 
K-105 Abmorber feed cooler 
E-106 Soiler feed beeter 

E-107 Demin. water heater 
B-201 CO2 etripper reboiler-l 
E-202 CO, etripper reboiler-2 
E-203 Loin a&i cooler 
E-204 hine interchenger-I 
K-205 Amine intercheeSer-II 
B-206 Absorber intercooler 
B-207 Stripper coedeaaer 
B-301 lktheeetor preheater-1 

E-302 lkthmator preheeter-2 
Is-303 It2 product cooler 

14,300 220 
42,500 180 
40,lW 95 

7.100 470 
20,400 195 

5,900 130 
3.900 a0 

19.800 180 
16.700 140 
35,300 93 
70,900 
59.ooo 
17.900 250 
11,800 240 
13,200 70 

1.670 34 
9.200 55 

Flue duct, 316 as 
Flue duct, cerbon steel 
Flue duct. carbon ace1 
Carbon steel 316 ~1 
Carbon steel 316 a(1 
Carbon eteel 316 (I# 
Carbon eteel 316 mm 
Carbon steel 316 ma 
Carbon eteel Cdmn steel 
ckrbon etsel Carbon steel 
Carbon steel Carbon steel 
Cerbon steel Carbon steel 
Cerbon ateel Carbon steel 
Carbon etecl Carbon steel 
Carbon eteel 316 e. 
Carbon ateel 316 8s 
Carbon ateel Carbon steel 

mat Load 
(NH Btuhr) Materiel of Construction 

F-101 

Purnacc~ 

natural gae reformer 1,650 Ui-Cr alloy 

T-201 

Tar** 

Amine atoreS 

VOlun (eel) 

90,wo 316 .m Not shown on drawing. 

Prearure *emelm 

v-101 Steam drm 64.000 Carbon eteel 
v-201 Reflux drm 16.000 carbon steel 

v-202 Coodensete-I 30,wo 316 aa 
V-203 Condenaete-II 25,000 316 (1e 
V-204 Flatah vessel 50,000 Carbon ateel 

Height Dimetar Meteriel of CorUtruction 
(ft) 0 Shell Trays 

c-201 
c-202 
c-301 

C-302 

Amine absorber 
Amine stripper 
High teap CU mhift 

Carbon ateel 316 111 30 aleve treyr, 24 in. specing. 
Carbon ateel 316 8s 25 eieve treys. 24 in. spacinn. 

Low tamp Co shift 

70 16.4 
60 21.5 
30 20.4 

26 18.9 

c-303 

II-101 
n-102 
n-103 

mthmator 25 11.0 

316 ss cled 

316 ss cled 

316 em clad 

sire 

llimcelleoeou~ equipment 

R2S adaorber 
H2S ad~orbar 
Flue See #tack 

550 eu ft 
550 EU ft 
9.7 ft die x 120 ft 
high 

carbon ateel 
ticban steel 
Carbon eteel 

Table 4.11 

HYDROGEN (97%) FROM STREAM REFORMING OF NATURAL GAS 

MAJOR EQUIPMENT 

Plent Cepecity: 479 Killion lb/Jr 
(217.000 Metric Todyr) Rydrogee, 100% Smis. 

et 0.90 Strum Feetor 

Not shown on drewlog. 

1.190 4 in. by 40 ft long tuba 
filled with 4,140 ft3 catalyrt. 

6,670 eu ft of Gi3A catsiyat - 
(Girdler) for high-tenp shift. 
5,300 co ft of C/M/S/C (United 
Cetelyat Corp.) lwtemp shift 
cetelyet. 
1.840 cu ft of G-65 Sirdler 
cetalyst. 

Not ~IOWO on drawing. 

100 Section - 2. iacludiry 1 operains. 1 spare; 1012 opereting bhp. 
200 section - 6, including 3 operating. 3 apace; 1842 operating bhp. 
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Case D: Methanol from Natural Gas by ICI Low Pressure Process 
(High Efficiency Design) 

The process sequence is illustrated by the flow diagram in Figure 

4.10 (foldout at end of report). The equipment list and material 

balances are shown in Tables 4.13 and 4.14. The design concepts under- 

lying the flow sheet are based on guidelines indicated in the litera- 

ture (58144, 58145, 415329). The only energy recovery feature that we 

have added is the use of the hydraulic turbine for lowering the pres- 

sure of the liquid crude methanol stream. There are several examples 

of such systems in industrial practice (475322) but thus far any possi- 

ble application to methanol has not been commercialized. Discussions 

with Davy-McKee revealed that, even though some degassing would occur, 

this would not constitute a serious design problem. The main problems 

would be related to materials of construction for the turbine to deal 

with possible corrosion/erosion effects that may arise from the pres- 

ence of CO2 and H20. 

The reforming section differs from that assumed for syngas and 

hydrogen cases in one essential respect. A feedstock water saturator 

(c-101) is employed to furnish 50% of the process reformer steam. As 

before, the natural gas feedstock is desulfurized in M-101 and M-102 

with active carbon. The feedstock is heated to 190oF by reformer prod- 

uct in E-109. The saturation of feedstock Is effected by counter- 

current scrubbing with water in C-101, a packed column containing 1 

inch pall rings. The water comes in at 40OoF and exits at 2500F. The 

column design Is for 95% saturation and for a lOoF temperature 

approach, so that the gas stream leaves at 390oF, before it is blended 

with additional reformer steam. The latter stream is the exhaust steam 

from the recycle compressor in the methanol synthesis section, which 

leaves the turbine at 350 psia and 6700F. Preheating of the reformer 

reactants to 1OOOoF takes place in E-101, and the reaction is carried 

out in the radiant section of reforming furnace F-101. The furnace 

exit temperature and pressure are 16000F and 295 psia respectively. 
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A major proportion of the fuel for the furnace consists of a purge 

from the methanol synthesis section, the balance being natural gas. 

The hot flue gases leave the radiant section at 1700°F and provide heat 

for convective sections E-101, E-102, E-103, and E-104. As described 

before, E-101 comprises the reformer feed preheater. E-102 and E-103 

are part of the steam raising system. Most of the latent heat for the 

steam is provided by the reformer product, in E-105. Convective 

section E-103 provides the balance. E-102 superheats the steam which 

leaves steam drum V-101 at 1100 psia and 1000oF. This steam drives the 

turbines for compressors K-201 and K-202 In the methanol synthesis sec- 

tion. K-201 (makeup gas compressor is a two-casing centrifugal unit 

driven by a condensing turbine with an exit pressure of 1.27 psia (2.6 

inches Kg). K-202, the recycle gas compressor, Is a high efficiency, 

single-casing centrifugal unit driven by a back-pressure turbine. As 

mentioned before, the exhaust steam from this turbine (at 350 psia) is 

used as reformer steam. Convective section E-104 preheats furnace air 

to 510oF. The flue gases leaving E-104 are cooled to 2600F and are 

extracted through the flue stack (M-103) by single-stage turbo-blower 

K-102. A similar machine, K-101, injects air into the furnace. The 

reformer product, which leaves the furnace radiant section at 16000F 

releases heat in exchangers E-105, E-306, E-106, E-107, E-108, and 

E-109. E-105, as mentioned before, comprises part of the steam genera- 

tion system. E-306 is the refining column reboiler in the purification 

section. E-106 heats the circulating water in the saturator loop, and 

E-107 preheats the demineralized water which forms part of the overall 

steam system. E-108 and E-109 preheat the reformer fuel and feed re- 

spectively. The heat recovery sequence cools the reformer product to 

1800F. Final cooling to lOOoF is against cooling water in E-110. A 

major part of the water in the reformer product is condensed. The 

condensate Is removed via drums V-102 to V-105 and returned to the 

demineralized water system. 

A two-casing centrifugal compressor, K-201, with an intercooler, 

raises the pressure of the makeup syngas from 240 psia to 1500 psia. 

The recycle gas from methanol synthesis is compressed in K-202, a 
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single-casing machine. The total synthesis feed (makeup plus recycle 

syngas) is heated to 2700F in E-202, by the synthesis product. Part of 

the synthesis feed is further heated (against synthesis product) to 

4550F in E-203. It is then fed to reactor R-201 via a gas distributor. 

The methanol synthesis reactor consists of a single-shell vessel packed 

with ICI’s proprietary copper based catalyst. The rest of the synthe- 

sis feed, at 270oF, is used as a “cold-shot” for controlling the temper- 

ature of the reactor. This is achieved by injecting portions of the 

gas mixture Into the catalyst bed at three levels through specially 

designed distributor lozenges. The crude synthesis product emerges at 

5200F and is split into two streams for heat recovery. Part of the 

energy, as described before, preheats the direct synthesis feed in 

E-203. The remainder heats the dimineralized and saturator water 

streams in E-205 and E-204. The former heats the water to 400oF, and 

after a part of the heated water is diverted to the saturator, the 

latter heats the balance of the stream to 5100F before it enters steam 

drum V-101. The two crude synthesis streams are now combined for the 

heat transfer in E-202 against total synthesis feed. The temperature 

of the synthesis product leaving E-202 is 200oF. Further heat recovery 

to 1800F is effected In E-206, where the energy is used to heat the 

purge stream during its expansion through power recovery turbine K-204. 

Finally, the syngas is cooled to lOOoF by cooling water in E-207, and 

most of the water and methanol in the product stream condenses. 

The condensate, initially at 1350 psia flows from separator V-201 

through hydraulic turbine K-203 to recover 285 kwh of drive-shaft 

energy. The vapor stream from V-201 is recycled to the reactor after a 

purge. The purge stream is expanded through turbine K-204, where 5,700 

kwh of energy is recovered. The depressurized crude methanol is run 

into surge vessel V-202. Vent gas from this vessel is scrubbed with 

water in C-201 for minimizing methanol losses to the purge. Unabsorbed 

gas leaving C-201 is blended with purge gas In the turbine expander. 

The exit gas from the expander is fed to the reformer as fuel. 
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The crude methanol is transferred to intermediate storage T-351 

before being purified in a four-column train. It is preheated against 

methanol product in E-301 before being fractionated in the first 

column, C-301, the light ends column. The overhead vapor from this 

column is cooled In E-302, and the condensate, mainly methanol with 

some light ends, is returned as reflux. The uncondensed vapor compris- 

ing light ends (essentially dimethyl ether with some methanol) is re- 

moved from reflux drum V-301 to blend with the synthesis section purge. 

The bottoms product from C-301 is fed to C-302, the refining column, 

which is operated at 100 psia at the base. The overheads product is 

slightly wet methanol (99.5 wtX purity) and the bottoms product is 

essentially water with a trace of methanol. In our assumed flow sheet 

this bottoms stream is fed into the hot demineralized water loop, which 

meets the needs of the saturator and the steam systems. The refining 

column also removes a higher alcohols product as a sidestream a few 

trays from the bottom. The slightly wet methanol product from the 

refining column is fed to the third column, methanol finishing column 

c-303. A high purity methanol product is removed overhead, which meets 

the U.S. Federal Grade Specification AA. The bottoms product, which 

contains some methanol with higher alcohols and water, is fed to the 

final column, methanol recovery column C-304. In this column further 

methanol product is recovered overhead and the higher alcohols and 

water present in the feed are rejected in the bottoms stream. 

As discussed earlier, the reason for using an enhanced pressure in 

the refining column is to permit the overhead vapor from this column to 

provide the reboil energy In the other three columns. Thus reboilers 

E-303, E-304, and E-305 also act as condensers for the refining column. 

The reboil energy for the refining column is provided by the reformer 

product in E-306. 
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Table 4.13 

METHANOL FROM NATURAL GAS BY ICI LP PROCESS (HIGH EFFICIENCY DESIGN) 

MAJOR EQUIPMENT 

Plant Clpacity: 1,819 willion lb/yr 
(625.000 fktric Tane/yr) kthaaol 

.t 0.90 streu Feetor 

Equipant 
nunber 

R-201 

RerrkJ neme 

Reeetorm 

lkthano1 converter 

SlZC 

73.000 Sal 316 a. clad 16 ft dia x 43 ft high with 

9,600 eu ft catalyst. 
Quench ~a. 1urenSem in at 3 
levels. 

Sire (bhp) 

K-101 Air bluuer 
K-102 Flue 6a. extmctor 
K-201 syn’pu compre.mr 
K-202 Recycle ge. eoqre.eor 
K-203 timid turbine drive 

3.900 cerbon ateel 
4,400 carbon ltccl 

45,OOC 316 s. 

10,600 316 e. 
-360 carbon ace1 

-7.600 316 .s K-204 W; turbine 

SiZE Heet load Material of Coa~truction 

jmq ft) (IM Btulhr) Shell Tubea 

Feed preheater 16.000 173 

Steen l uperheater 33.400 104 

Flue **a boiler 19.600 70 

Air preheater 51.000 115 

Flue duct, 316 am 

Flue duct, cerboe ateel 

Flue duct, carbon ateel 

Flue duct, carbos ateel 

Reforued 6.. .team exchanger 4.200 

Saturator water heater 31.400 
Feed water deurator 30.200 
Fuel preheater 6.400 
Natural mm feed heater 
Beforucd-Sam cooler 

3.400 
6,600 

Turbine eonden~er 77.000 
Converter feed preheater 65.000 
Direct feed interchenger 61.000 
Cunvertcrlutr exchanBer-2 30.000 
Converterlwtr cxchan6er1 16,OCO 
Turbine interstage heater 9,300 
Converter product cooler 76.000 

ueactiun atart-up heater 14.000 
Ilcthanc.1 crude purf exchanger 3,700 

Light ends condenser 2,100 
Light eudm reboiler 3.700 
Finimhing reboiler 33.000 
Recovery reboiler 320 

llcf ining rebu1lcr 9,200 
Finishing condenaec 17.600 
Recovery condcnmer 200 

404 
96 

160 
7 
a 

2:: 
227 
170 

El 
20 

275 
35 

5.50 
32 
45 

165 
2 

247 
176 

2 

Carbon steel 316 . . 
carbon ace1 316 ee 
carbon ace1 316 B. 
carbon steel 316 mm 
carbon ateel 316 . . 
carbon ateel 316 ee 
carbon ares1 carbou 8teel 
316 II 316 mm 
316 ms 316 .m 

carbon steal 316 as 
carbon atcel 316 .a 
carbon ateel 316 m‘ 
carbon mteel 316 .a 
Carbon ateel 316 .m 
Carbon ateel 316 es 
Carbon ateel 316 es 
316 s. 316 ‘a 
316 II. 316 ss 
316 .e 316 as 
316 SB 316 .a 
Carbon ateel maas 
Carbon ateel Bras0 

E-101 

E-102 

B-103 

L-104 

Tubea .re mclomed by flue 
B.. exhauat duct. 
Tubea .re enclomed by flue 
S.. exhawt duct. 
Tubee .re enclosed by flue 
w. exhaust duct. 
Tube6 .re mcloaed by flue 
~a. sxhaumt duct. 

e-105 
E-106 
E-107 
E-106 
B-109 
E-110 
H-201 
E-202 
E-203 
E-204 
E-205 
E-206 
E-207 
E-206 
E-301 
E-302 
E-303 
E-304 
E-305 
E-306 
E-307 

Not l hovn on drawinS. 

E-306 

Heat Load 
(NM Btulhr) nateria1 of construction 

F-101 Natural 6.m rcformin~ 
furnace 

1.565 HK40 alloy 1,060 4 in. by 40 ft 25120 
Cr/NI tube filled vith 3,760 
fL3 ICI 574 cata1ymt. 

VOlloc (Bal) 

2,ooo,ow 
66.000 

Tank8 

T-351 Crude rthanul mtorqc 
T-352 Higher alcoholm storqc 

316 .s 
Carbon steel Two tmks aach 28.000 gal 

ator.gc for 10 daym’ output. 
Not &urn on drawins. 
Nhc tankw each one milliun 
gal ator.ge for 10 daym’ 
Output. Not shorn on 
drawing. 

T-353 Pbthanu1 stor.gc 10.000,000 carbon mtccl 

51 



Equipment 
Number NW volume (8.1) 

Prermre r.*.el. 

v-101 Steen drum 65,000 

v-102 Condenute drum-l 6,000 
v-103 Camdenrate drm-2 12,ow 

v-104 Cwdenmte drum-3 1,000 
v-105 Cunden..te dre4 6,5W 
V-106 Boiler fead ve*.el 6O.OW 

v-201 Crude rthaul .cpw.tor 10,wo 
v-202 Crude wth.nol *urge 42,000 
v-301 LiSht end. mflux drum 5.000 
V-302 Refining reflux dru 25,000 
v-303 Fini.hinB reflux drum 25.000 
v-304 Becovery reflux drm 500 

Height Di.maar Mweri.1 of Cun.tructiun 
(ft) 0 a.11 Tray* 

c-101 
c-201 
c-301 

C-302 

c-303 

c-304 

C01umu‘ 

Feed eeturstor 
Purp gas scrubber 
Light .nd. cdun 

Methanul refining column 

H.th.nul finishing column 

Ueth.uol recovery culun 

so 14.0 316 I. 
30 7.0 316 SB 
55 5.9 316 .e 316 ae 

125 18.0 316 . . 316 I. 

130 14.0 316 . . 316 s. 

30 1.6 316 .I 

Sh? 

Hi.cell.neou~ equipment 

n-101 
M-102 
n-103 

Hydrogen .ulfide sdrurka 
liydmsen mAtide adsorba; 
Flu. s.. ateck 

550 cu fL 
550 cu fL 
9.0 ft di. x 120 It high 

T.bls 4.13 (Concluded) 

METHABOL Wan NATURAL G6S BY ICI LP PBOCBBS (HIGH EFFICIENCY OHSIGN) 

NhJOR E4#mNmT 

Plant C.p.city: 1,819 Million lb/y; 
(S25.000 Marie Tun*/yr) ~tbaaol 

et 0.90 Strmu F.ctur 

lkitcri.1 of Cuu*tructiou Remsrka 

Carbon *tee1 

316 .I 
316 .(I 

316 .e 

316 .e 
316 a. 

316 .*/clad 
Cerhon *tee1 
Cerbm ateel 
304 ‘I 
304 s. 

304 ‘S 

&l.teri.l of Cun.tructiou 

Csrbon see.1 
Carbon *tee1 
Carbon *tee1 

- 
100 Section - 4. including 2 opcr.tinS, 2 .p.re.; 1260 oper.ting bhp. 
300 section - 18, iucluding 9 uperating. 9 .p.re.; 107 operating bhp. 

60 ft of p.cking. 
25 ft of p.cking. 
32 valve traye. 18 in. 
‘PECing. 
76 valve tr.y.. 18 in. 
S~Cin8. 
60 valve tr.y.. 24 in. 
~p‘cing. 
25 ft of F.ckinS. 

Not shown on drwlng. 
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Separation Processes for Adjusting H7:CO Ratio 

As discussed earlier, four separation schemes were examined for 

the adjustment of Ii2:CO ratios. The following is a brief description 

for each of the individual processes. 

Cryogenic Separation by Liquid Methane Wash (354176, 431024) 

The cryogenic process assumed in this study is based on in- 

formation provided by Union Carbide. In essence it comprises the use 

of a liquid methane wash system, as shown in Figure 4.11 (foldout at 

end of report). 

The syngas is first passed through molecular sieves in a 

fixed bed column to reduce the water and CO2 to about 0.1 ppm. The 

dried syngas is cooled to about -1850F in the main heat exchanger and 

scrubbed countercurrently with liquid methane in a plate column (meth- 

ane wash column) operating at 240 psia at the base. The overheads 

product is 98.5% H2 (vol basis) with less than 10 ppm CO. Ihe main 

impurity is Cl&. The bottoms stream is reduced in pressure to 47 psia 

by a reducing valve and subjected to a second methane wash in the 

Inters column. The overheads from this column is a purge stream whose 

magnitude corresponds to about 2-4% of the total syngas stream and en- 

ables the production of a 99% CO stream. The bottoms stream from this 

column is fractionated in a third column, where the CO product is ob- 

tained overhead. The bottoms stream, essentially liquid methane, is 

recycled to the first two columns via an interchanger, where the feed 

to the CO/CXQ separation column is further cooled. 

The CO stream from the final column is compressed to 240 psia 

in a multistage centrifugal compressor. Part of this stream is removed 

as CO product. (Wh en the purpose of the separation is to adjust the 

H2:CO ratio, this CO is blended with the bypassing syngas, as shown in 

Figure 4.5.) The rest of the stream constitutes a CO recycle which is 

used to "drive" the cryogenic unit. This is accomplished by its com- 

pression to 395 psia and subsequent expansion in two separate streams. 
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One part of the stream goes through a turbine expander, where it is 

reduced in pressure to 30 psia before passage through the main 

exchanger. The other part of the stream goes through the reboiler of 

the CO/CH4 separation column before expansion through a reducing valve 

to provide cooling in the condenser of this column. 

As shown in the conceptual diagram (Figure 4.11) all outgoing 

streams pass through the main heat exchanger, where they contribute to 

the cooling of the incoming syngas. 

Pressure Swing Adsorption (PSA) 

The earlier versions of Union Carbide's PSA process consisted 

of a four-bed system operating in parallel. As described before, the 

process is cyclical. The use of four programmed beds--one adsorbing, 

one depressurieing, one purging and one repressurizing-gave an essen- 

tially continuous flow of purified hydrogen. 

During the early seventies Union Carbide developed an im- 

proved version of PSA which they called the "Polybed" system (472155), 

consisting of 10 beds. Operation entails having three beds in the 

adsorption cycle at any one time. The remaining seven beds are in 

various stages of the regeneration cycle. The cycles of the adsorbing 

beds are programmed such that, when one of them is brought on line, 

another completes its adsorption step. Depressurieation is carried out 

in two stages. Initially, it is in a direction which is cocurrent with 

the feed flow. During this stage a major proportion of the adsorbed 

hydrogen is released for use in repressurizing and purging adsorbers. 

Also, during this stage most of the other adsorbed components are 

retained on the bed. The adsorbent bed is then purged with pure 

hydrogen before the second stage depressurization, which is carried out 

in a countercurrent direction. During this stage the nonhydrogen 

components are removed. As before, this is followed by purging with 

hydrogen. 

The adsorber is then repressurized in stages. Initially 

there is pressure equalieation, with the three adsorbers undergoing 
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depressurization. This is followed by pressure buildup with product 

hydrogen before resumption of the adsorption cycle. 

The Polybed system consists of a complex network of valves 

linked to an electronic programmable controller. Union Carbide claim 

that compared with the earlier four-bed system, Polybed affords higher 

hydrogen recoveries, more efficient utilization of the adsorbent, and 

enhanced capacities for a single-train system to about 50 million scfd 

hydrogen. As stated earlier, the hydrogen purity from the system is 

99.99%+ and hydrogen recoveries for a feed stream containing 65-753 

hydrogen are 85-083. 

Tenneco's Cosorb@ System (431036, 431126) 

Tenneco's Cosorb* process is essentially a solvent absorption 

process for the removal and recovery of carbon monoxide from gaseous 

mixtures. A proprietary solvent is used which consists of cuprous 

aluminum tetrachloride (CuAlC14) dissolved in toluene at concentrations 

of about 20-25 mol%. 

A schematic flow diagram for the process is presented in 

Figure 4.12 (foldout at end of report) and is based on information 

obtained from Tenneco and one of their license holders and approved 

engineering contractors, Kawasaki Heavy Industries. As with the cryo- 

genic process, it is necessary to remove water present in the syngas by 

molecular sieves to about 0.1 ppm. Polar compounds such as water react 

irreversibly with CuAlC14. The dried syngas is contacted counter- 

currently with the solvent in the complexing column. The unabsorbed 

H2-rich gases are cooled in an interchanger and then in a heat ex- 

changer. A refrigerant is used in the latter. Mst of the toluene 

present is condensed and removed by a disengagement vessel. The cold 

HZ-rich vapor leaving this vessel provides the first-stage cooling in 

the interchanger. The liquid phase leaving the bottom of the complex. 

ing column contains a high proportion (-99%) of the carbon monoxide 

present in the feed syngas. The CuAlC14 forms a complex with the CO in 

an exothermic reaction. The CO-rich solvent stream is heated against 
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lean solvent returning from the decomplexing column and is reduced in 

pressure. This causes most of the dissolved gases (mainly Hz) to 

separate in the flash drum. The flashed gases are purged from the 

system after being cooled in a refrigerated heat exchanger for toluene 

recovery. The solution from the drum is fed to the decomplexing 

column, where the CO-CuAlCl4 complex is thermally dissociated. This 

column is operated in the same way as the stripper column in the MEA 

system for CO2 removal described before. Heat for dissociation of the 

complex and for the stripping process is provided by the 50 psia steam 

used in the reboiler. The lean solvent gives off heat to the rich sol- 

vent and is cooled further in a heat exchanger against cooling water 

before being recycled to the complexing column. 

The stripped CO leaves the condenser of the decomplexing 

column via a drum where condensed toluene is refluxed to the column. A 

makeup toluene stream from the toluene recovery system is added to the 

reflux to maintain a constant composition in the recycled lean solu- 

tion. The CO stream leaving the reflux drum contains some recoverable 

toluene. A system comprising an interchanger and a refrigerated heat 

exchanger, as for the H2 stream, is used to remove most of the toluene. 

Further toluene removal down to 0.1 ppm is accomplished by adsorption 

on a fixed bed. Tenneco state that the Cosorb@ system can be designed 

for CO purities of 99.9%. The actual specification will clearly depend 

on the end use for the CO. The major impurity is hydrogen. However, 

the product would contain some HCl (less than 1 ppm), which is formed 

by the reaction of water with CuAlC14 (i.e., from the 0.1 ppm Hz0 in 

the dried syngas stream). For some applications, e.g., acetic acid 

manufacture--where halogens are used in the catalyst--the presence of 

HCl at these low levels would not matter. 

a 

For CO applications which demand a more rigid specification 

on HCl content, it would be necessary to interpose a separation system 

for HCl (e.g., ion exchange) between the refrigerated cooling and the 

fixed bed adsorption stages. The incremental cost for this is consid- 

ered to be negligible. 
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Monsanto's Prism@ Separators (472166, 472162, 472170) 

The Prism@ separators developed by Monsanto employ membranes 

that have been formed into hollow fibers. Thousands of these hollow 

fibers are assembled in each separator unit. Depending on the pressure 

of the gas, the nature of the separation duty, and the scale of opera- 

tion, a number of separators may be used both in parallel and in 

series. The gas to be processed is fed to the shell side of the sepa- 

rator module. As the stream flows along the outer surface of the hol- 

low fibers, the gas components permeate selectively. Thus hydrogen of 

course permeates much more readily than carbon monoxide. 

The driving force for the membrane separation is the differ- 

ence between the component partial pressures on the outer (shell side) 

of the hollow fiber and the inner (bore side) of the fiber. Pressure 

drop on the shell side of the fiber bundle is minimal. For a syngas 

~initial pressure of 250 psia, the adjustment of H2:CO ratios from 3:l 

and 2:l to 2:l and 1:l respectively can be effected with a 20 psi pres- 

sure drop on the shell side. On the basis of information from Monsanto 

the pressure of the enriched hydrogen streams would be reduced to 65 

psia. For the two adjustment cases cited, the quoted hydrogen purities 

are 98% and 97% (vol., dry basis) respectively. The main impurity is 

CO and to make the hydrogen suitable as chemical grade, we assumed the 

use of a methanation stage operating at 5900F, which is similar to that 

described earlier for hydrogen production. A product/feed heat inter- 

changer with a 400F temperature approach was also included in our evalu- 

ation and due allowance was made for the balance of heat required. 

From data made available to SRI by Monsanto, the capital 

requirement for the Prism@ process can be significantly reduced if the 

syngas is compressed to a higher pressure. However, compression costs 

are justifiable only when the syngas is needed at the higher pressures. 

Monsanto state that PrismQ separators operate satisfactorily with as 

much as 1600 psi pressure differential across the hollow fiber 

membranes. 
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Cost Estimates 

Basic Cases 

Detailed capital and production cost estimates for the five basic 

cases examined are presented in Tables 4.15 through 4.24. In all these 

cases the production scale corresponds to a fixed reformer feed rate 

equivalent to a 2,500 metric tons/day methanol plant. Production rates 

are shown in million scfd for syngas and in lb/yr for methanol and H2. 

The product values are expressed in cents/l,000 scf for the syngas 

cases and in cents/lb for H2 and methanol. 

The unit cost for CO2, 4.4c/lb, as applied to Case B (which 

requires CO2 import) is the product value obtained from the process 

economics of flue gas scrubbing. The details which are presented in 

Tables 4.25 through 4.28, were worked out from data provided by Union 

Carbide for their MEA based system. The process flow, shown in Figure 

4.13 (foldout at end of report) is essentially similar to that depicted 

for syngas and H2 production, with the difference that a flash stage is 

not applicable because of the lower solvent loading that results from 

the relatively low CO2 partial pressure in the flue gas. 

The data for Case E (crude syngas) were derived from Case D, meth- 

anol by the ICI low pressure process. It was assumed that the product 

stream comprises the crude syngas product from the reformer cooled to 

lOOoF. In the methanol process high pressure steam is generated (by 

heat recovery and by heat absorption in the convection section of the 

furnace) for driving the compressor. The uncondensed steam from the 

turbine is used in the reformer feed. For the crude syngas case the 

costs were calculated by assigning different values to the high and 

medium pressure steam. (Th ese values have been tabulated earlier.) 

This procedure was also adopted for the hydrogen case. Further, in the 

methanol process a purge gas stream (from methanol synthesis stage) is 

used as fuel for the reformer furnace. For the crude syngas case it is 

assumed that this is replaced by natural gas fuel. 
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For reasons discussed earlier, the possible production of a syngas 

stream with a H2:CO ratio of 1:l was not examined in full flow sheet 

design. However, we estimated production cost from detailed mass and 

energy balances. Rxtrapolations of the capital information obtained 

for Cases A and B, are shown in Table 4.29. A large import of CO2 is 

required, 28.32 lb/l,000 scf syngas. This is not only in excess of the 

CO2 available in the flue gas (i.e., 26.49 lb/l,000 scf on a 100% recov- 

ery basis) but corresponds to by-product CO2 output from over 3,000 

metric tons/day NH3. Thus, large scale production of a 1:l syngas 

would present obvious logistics problems on the question of CO2 avail- 

ability. Relatively small scale production, e.g., for OXO, may never- 

theless be practical with by-product CO2 from an NH3 or H2 facility. 

The cost data in Table 4.30 are therefore somewhat academic for large 

operations, as they assume full CO2 availability. The CO2 recoverable 

from flue gases would permit a minimum H2:CO ratio of about l-2:1. 

The key numbers from the syngas cost tables (Tables 4.15 to 4.24) 

are summarized in Table 4.30. Also shown are the estimated H2 costs 

from a scheme (see Figure 4.14, foldout at end of report) which 

replaces low temperature CO shift, CO2 removal, and methanation, with 

PSA. Compared with the conventional process for H2 the costs shown for 

this scheme (Table 4.30) are substantially lower. The slightly higher 

capital costs are more than offset by the combined effect of lower 

natural gas usage and enhanced production of MP steam for export. 

However, because the data for the PSA scheme were derived from outside 

information (472173) and (unlike the conventional H2 process) not based 

on a detailed SRI flow sheet appraisal, the comparison should be 

regarded only as an approximate guideline owing to a possible lack of 

consistency. For this reason, in our subsequent evaluations of the 

skimming processes and CO production modules we have used H2 costs from 

the conventional process. 

Note that the adjustment of H2:CO ratio by CO2 addition imposes a 

penalty which becomes increasingly severe as the ratio of 1:l is 
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approached. This is illustrated graphically in Figure 4.15. If the 

CO2 imported were available in the quantities required as a cheap by- 

product (of either NH3 or H2 manufacture) at 1.5c/lb*, the costs for 

the 2:l and 1:l cases would be lowered to $2.84/1,000 scf and 

$4.04/1,000 scf respectively. 

For Case D, methanol, the battery limits capital and total fixed 

capital costs for 2,500 metric tons/day is $155 and $213 million re- 

spectively (PEP Cost Index = 400). The corresponding product value 

(including 25% ROI) works out at 11.70c/lb, when the coproduct higher 

alcohols mixture is credited at the fuel value of $4.17/million Btu. 

These figures refer to the production of chemical grade methanol which 

is well within U.S. Federal Government Grade AA. The purification sec- 

tion capital costs (and associated off-plots excluding tankage) amount 

to about $15.0 million. If the product specification corresponded to 

fuel grade material (containing l,OOO-1,500 ppm water and allowing in- 

clusion of light ends and higher alcohols with the methanol) purifica- 

tion can be effected in a single column. The corresponding fixed 

capital requirement for the purification section would be reduced to 

$8.0 million. This roughly represents a cost saving of 0.18c/lb when 

no value is attached to the saving in low grade energy used in distilla- 

tion. The amount of energy saved is 270 Btu/lb methanol. 

If crude methanol (ex-synthesis section) is directly usable for 

further downstream processing, the reduction in capital (allowing for 

less tankage capacity) would be $21.0 million. The cost of crude meth- 

anol (81.6% by weight) would be 11.24c/lb--expressed on a 100% basis. 

As before, no credit is attached to savings in low grade energy used in 

purification, which corresponds to 1,077 Btu/lb methanol. It wiil thus 

be observed that the incremental costs for methanol purification are 

almost negligible. 

*Considered to be the value of CO2 gas for its present outlets, e-g-, 
liquid CO2 for refrigeration. It is an estimate of a maximum transfer 
price for atmospheric pressure gas that would still justify investment 
in a liquefaction plant with realieations, currently in the region of 
$50-$60 ton (2.5c-3c/lb). 
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Syngas H7:CO Ratio Adjustment by H7 Skimming 

As discussed before, the removal or "skimming" of surplus hydrogen 

from syngas mixtures derived from natural gas may be used to adjust the 

H2:CO ratios instead of CO2 injection in the reformer feed. The rela- 

tive economics of the two approaches would depend on the realizations 

that can be obtained for the H2 coproduct compared with the cost of 

imported or flue-gas-scrubbed CO2. 

As previously described, SRI evaluated four schemes for the 

skimming. Economic data for these schemes are presented in Table 4.31, 

where the cases examined are the skimming of 3:l and 2:l syngas streams 

to produce adjusted ratios of 2:l and 1:l respectively. Under the 

assumed relativities in the contributions of energy and capital to the 

costs, Monsanto's "Prism@" separator system has the lowest overall 

cost. It is also the least capital intensive of the four schemes and, 

apart from PSA, demands less energy than the other two. PSA requires 

the highest capital but uses the least energy. However, the skimming 

costs for all four schemes constitute a relatively minor proportion of 

the total syngas cost. In an actual situation the choice among the 

four could be dictated by other considerations such as H2 product 

purity and the ability of CosorbQ and cryogenic separation to furnish a 

carbon monoxide coproduct. 

In our evaluation of the economics of adjusting syngas H2:CO 

ratios by skimming, we chose Prism@ as the basis for illustration. The 

calculated data are presented in Tables 4.32 through 4.35, showing the 

costs for syngas with H2:CO ratios of 2:l and 1:l. For the 2:l case 

the skimming of syngas with an initial ratio of 3:l is compared with 

the alternative based on CO2 import. For the 1:l case, skimming was 

examined with two initial syngas ratios, 3:l and 2:l. The costs are 

compared, as before, with the nonskimming option which relies solely on 

CO2 import. The effect of 82 coproduct realieations and CO2 unit costs 

has been illustrated by taking two extreme levels for both materials. 

For hydrogen the upper level (50c/lb) is equivalent to "chemical value" 

and the lower level (24c/lb) corresponds to a fuel credit consistent 

with the $4.17/million Btu used for natural gas feedstock. In the case 
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of CO2 the upper level (4.4c/lb) represents flue gas scrubbing costs and 

the lower level (1.5c/lb) is a value related to CO2 refrigeration out- 

lets. 

A graphical representation of the data in Table 4.35 is given in 

Figure 4.16. Skimming is clearly the preferred method when H2 coproduct 

realizations approach chemical value. When hydrogen realizations fall 

well below chemical value and approach fuel value, CO2 import could be 

the economic way. A graphical plot in terms of H2-CO2 break-even values 

is given in Figure 4.17. In the case where syngas with an H2:CO ratio of 

2:l is required, fuel grade H2 would break even with 3.3c/lb CO2 (plot I, 

Figure 4.17). Flue gas scrubbing which yields 4.4c/lb CO2 would thus not 

be economic. If cheap CO2 is available at 1.5c/lb, the required break- 

even point for H2 is 34c/lb. Thus, an average realization equivalent to 

68% of chemical value would be necessary for the skimming case to be COP 

petitive. Since three options have been examined for the production of 

1:l syngas, the break-even relationships are shown by plots II, III, and 

IV in Figure 4.17. These represent the three combinations of two for 

each of the plots. Some trends that can be discerned from these plots 

and from those in Figure 4.16 are illustrated as follows: 

l When coproduct hydrogen can realiee only fuel value, the skimming 
of 3:l gas to produce 1:l product is still more economic than 
ratio adjustment by CO2 import alone, unless the unit cost of 
such an import is below 1.5c/lb, i.e., much less than that for 
recovery from flue gas. 

l When full chemical value can be obtained for H2, the skimming of 
3:l syngas (to make 1:l syngas) is preferable to "partial" use of 
CO2 import (i.e., skimming of 2:l syngas) even when the CO2 is 
available at "nil" cost. 

l The "partial" use of CO2 import (as implied in the skimming of 
2:l syngas) becomes preferable to the nil Co2 import case (i.e., 
skimming 3:l syngas) when the unit cost for the imported CO2 does 
not exceed 2.5c/lb and the skimmed coproduct H2 has to be 
disposed of as fuel. 

As emphasized before, the choice between various schemes entailing 

skimming of H2 and/or import of Cop, depends on the unit values for H2 

and CO2 that may be relevant for a given situation. The data in Tables 

4.31 through 4.35 and Figures 4.16 and 4.17 are offered for illustration 

and guidance. 
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Table 4.15 

SYNGAS (H2:CO RATIO - 3:l) FROM STREAM REFORMING OF NATURAL GAS, WITH CO2 RECYCLE 

CAPITAL INVESTMENT 

Plant Capacity: 97 x 109 scf/yr Syugas 
at 0.90 Stream Factor 
PEP Cost Index: 400 

Battery limits equipment, f.0.b. 

Columns 
Vessels and tanks 
Exchangers 
Furnaces 
Compressors 
Miscellaneous equipment 
PuwPs 

Total 

Battery limits equipment installed 

Contingency, 20% 

BATTERY LIMITS INVESTHRNT 

Off-sites, installed 

Cooling tower 
Process water treatwent 

Utilities and storage 

General service facilities 
Waete treatment 

Total 

Contingency, 20% 

OFF-SITES INVgSRlENT 

TOTAL FIXEDCAPITAL 

Total 

$ 1,531,400 
2,206,700 
8,128,700 
22,192,WO 
6,277,WO 
200,000 

1,230,8W 

$ 41,766,600 

$ 81,812,OOO 

16,362,WO 

$ 98,174,OW 

$ 5,311,WO 
163,400 

$ 5,474,WO 

17,457,ooo 
4.364.000 

$ 27,295,ooo 

5,459.ooo 

$ 32,755,WO 

$130,929,000 

Natural Gas 
Steam Reformha 

8 - 
331,600 

3,463,lOO 
22,192,oOo 
3,677,OOO 
200,ow 
224,000 

30,087,700 

$54,992,000 

10,998,OOO 

$65,99O,WO 

- 
163,400 

8 163,000 

Carbon Dioxide 
Separation 

$ 1,531,400 
1,875,100 
4,665,600 

-- 

2,600,OOO 
-- 

1,006,800 

$11,678,9W 

$26,820,000 

5,364,OOO 

$32,184,000 

5,311,ooo 
-- 

$ 5,311,ooo 
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Table 4.16 

SYNGAS (H2:CO RATIO - 3:l) FROM STEM REFORMING OF NATURAL GAS, WITH CO2 RECYCLE 

Labor 

Operating 
Maintenance 
Control laboratory 

Total labor 

Materials 

Natural gas feed 
Natural gas fuel 
Catalyete, adsorbent 
Rim. chemicale util. 
Uaintenance 
Operating 

Total xaterials 

Utilities 

Cooling water 
Process water 
Electricity 

Total utilities 

TOTAL DIRECT OPERATING COST 

Plant overhead 
Taxes and insurance 

Plant cost 

GLA, sales, research 

Caeh expenditures 
Depreciation 

TOTAL PRODUCTION COST 

25Xlyr pretax ROI 

PRODUCT VALUE 

PRODUCTION COSTS 

Plant Capacity: 97 x LO9 scflyr Syngae 
at 0.90 Stream Factor 
PEP Cost Index: 400 

Baeis or Unit Coat Unitr/macf 

Total Coete 
Thousand 
S/v clmecf 

4 men/shift, $17.50/nan-hr 0.0004 man-hr 0.63 614 
1.5X&t of BL coat 1.51 1,473 
20% of operating labor 0.13 122 -- 

2.2? 2,209 

436clmecf 
436clxecf 

1.5X/yr of BL coat 
10% of operating labor 

5.4c/l,OOO gal 
68c/l,OOO gal 
3.6cfkwh 

80% of total labor 
2X/yr of fixed capital 

4% of sales 

lo%/yr of fixed capital 

0.249 macf 108.56 105,817 
0.151 mcf 65.84 64,170 

0.47 458 
0.41 400 
1.51 1,473 
0.06 62 -- 

176.85 172,380 

218 gal 1.18 1,149 
6.31 gal 0.43 418 
0.996 kwh 3.59 3,495 

5.20 5,062 

184.32 179,651 

1.81 1,767 
2.69 2,619 

188.82 184,037 

10.00 9,747 

198.82 193,784 
13.43 13,093 

212.25 206,877 

33.58 32,732 

245.83 239,609 
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Table 4.17 

SYNGAS (H2:CO RATIO = 2:l) FROM STREAM REFORMING OF NATURAL GAS, WITH CO2 IMPORT 

CAPITAL INVESTMENT 

Plant Capacity: 98 x 109 scf/yr Syngas 
at 0.90 Stream Factor 
PEP Cost Index: 400 

Bettery limits equipment, f.o.b. 

Columns 
Vessels and tanks 
Exchangere 
Furnaces 
Compressors 
Uifiscellaneoua equipment 
Pumpe 

Total 

Battery limits equipment installed 

Contingency, 20% 

BATTERYLIMITS INVESTHENT 

Off-sites, installed 

Cooling tower 
Process water treatment 

Utilities and storage 

General service facilities 
Waste treatment 

Total 

Contingency, 20% 

OFF-SITES INVESTHgN'l' 

YOlXL FIXED CAPITAL 

Total 

$ 2,104,300 $ - 
2,416,300 386,400 
10,351,400 3,652,700 
23,840,OOO 23,840,OOO 
8,270,100 4,190,100 
252,000 252,000 

1,429,300 224,000 

$ 48,663,400 

$ 98,156,OOO 

19,631,OOO 

$117,787,000 

$32,545,200 

$60,507,000 

12,101,000 

$72,608,000 

7,317,ooo 
163,400 

$ 7,480,OOO 

21,127,OOO 
5,282,OOO 

$ 33,889,WO 

6,778,OOO 

$ 40,667,OOO 

$158,454,000 

Natural Gae 
Steam Reforming 

163,400 

8 163,000 

Carbon Moxide 
Separation 

$ 2,104,300 
2,029,900 
6,698,700 

-- 

4,080,000 

1,205,300 

$16,118,200 

$37,649,000 

7,530,ooo 

$45,179,000 

7,317,ooo 

$ 7,317,ooo 
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Table 4.18 

SYNGAS (H2:CO RATIO - 2:1) FROM STREAM REFORMING OF NATURAL GAS, WITH CO2 IMPORT 

Labor 

Operating 
Maintenance 
Control laboratory 

Total labor 

Uuterlale 

Natural gae feed 
Natural gas fuel 
Carbon dioxide 
Catalysts, adsorbent 
Misc. chemicals, util. 
Meintenance 
Operating 

Total materials 

Utilities 

Cooling water 
Process water 
Electricity 

Total utilities 

TOTAL DIRECT OPERATING COST 

Plant overhead 80% of total labor 
Taxes and insurance 2%/yr of fixed capital 

Plant coat 

GbA, sales, research 4% of sales 

Cash expenditures 
Depreciation 

TOTAL PRODUCTION COST 

PRODUCTION COSTS 

Plant Capacity: 98 x 109 ecf/yr Syngae 
at 0.90 Streaw Factor 
PBP Cost Index: 400 

Basis or Unit Coet Unitelmecf 

4 men/shift, $17.50/man-hr 0.0004 man-hr 
1.5%&r of BL cost 
20% of operating labor 

436cfmecf 0.247 mscf 
436c/mscf 0.178 mscf 
4.4c/lb 8.86 lb 

1.5%/yr of BL cost 
10% of operating labor 

5.4c/1.000 gal 313 gal 
68c/l,OOO gal 6.25 gal 
3.6c/kwh 1.18 kwh 

lO%/yr of fixed capital 

25%/yr pretax ROI 

PRODUCT VALUE 
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C/Piecf S/yr 

0.62 614 
1.79 1,767 
0.12 122 

2.53 2,503 

107.69 105,937 
77.61 76,343 
38.98 38,349 
0.52 512 
0.69 679 
1.80 1,767 
0.06 62 

227.35 223,649 

1.69 1,660 
0.43 418 
4.26 4,194 

6.38 6,272 

236.26 232,424 

2.04 2,002 
3.22 3,169 

241.52 237,595 

12.00 11,804 

253.52 249,399 
16.11 15,845 

269.63 265,244 

40.27 39,614 

309.90 304,858 

Total Costs 
Thousand 



Table 4.19 

HYDROGEN (97 vol%, 220 psia) FROM STEAM REFORMING OF NATURAL GAS 

CAPITAL INVESTMENT 

Plant Capacity: 479 Million lb/yr 
(217,000 Metric Tone/yr) Hydrogen, 100% Basis 

at 0.90 Stream Factor 
PEP Cost Index: 400 

Total 
Natural Gas Carbon Dioxide 

Steam Reforming Separation 

Battery limits equipment, f.o.b. 

ColUnnS 
Vessels and tanks 
Exchangers 
Furnaces 
Compressors 
Hiscellaneoue equipment 

Prnape 

Total 

Battery limits equipment installed 

Contingency, 20% 

BATTRRT LIMITS IRVRSTMENT 

Off-sites, installed 

Cooling tower 
Proceee water treatment 
Steam generation 

Utilitiee and storage 

General service facilities 
Waste treatrent 

Total 

Contingency, 20% 

OFF-SITES ItlVESTME~ 

TOTAL FIXED CAPITAL 

$ 7,474,700 
1,929,500 
8,245,100 
20,140,WO 
3,061,200 
212,000 
873,900 

$ 41,936,400 

$ 74,132,OOO 

14.826.000 

$ 88,958,WO 

4,773,400 
163,400 

2,826,4W 

$ 7,763,WO 

16,379,OOO 
4.095.000 

$ 28,237,OOO 

5.647.000 

$ 33.885.000 

$122,843,000 

$ - 
386,400 

4,085,200 
20,140,OW 
3,061,200 
212.000 
224;OW 

$28,108,8W 

$51,757,000 

10.351,000 

$62,108,0W 

1,712,400 
163,400 

- 

$ 1,876,OUO 

$ 1,531,400 
1,543,lW 
3,253,400 

649,900 

$ 6,977,800 

$15,328,000 

3.066.000 

$18,394,000 

2,675,700 
-- 

2.826.400 

$ 5,502,OOO 

CO Shift and 
Methanation 

CO& 

$5,943,300 

906,500 

- 

$6,849,8W 

$7.047.000 

1,409.000 

$8,456,0W 

385,300 

- 

$ 385,000 
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a - 

0 - 

a 

Table 4.20 

HYDROGEN (97 vol%, 220 psia) FROM STEAM REFORMING OF NATURAL GAS 

PRODUCTION COSTS 

Plant Cepacity = 479 Million lb/yr 
(217,000 Wtric Tonrfyr) Hydrogen, 100% Baeia 

at 0.90 Stream Factor 
PEP Coat Index: 400 

Basis or Unit Cort 

Labor 

Unite/lb 

Total Coats 
Thousand 

c/lb Slyr 

Operating 
Mei ntenance 
Control laboratory 

Total labor 

4 men/shift, $17.50/man-hr 
l.S%/yr of BL cost 
20% of operating labor 

Material8 

Natural gas feed 
Natural gas fuel 
Catalysts, adsorbent 
Misc. chemicale, util. 
Reformer steam 
Meintenance 
Operatiug 

Total materials 

Utilitiee 

Cooling water 
Steam 
Proceee water 
Electricity 

Total utilitiee 

TOTAL DIRSCT OPERATING COST 

Plant overhead 

Taxes and insurance 

Plant cost 

GbA, sales, reeearch 

Caeh expenditures 
Depreciation 

TOTAL PRODUCTION COST 

By-product credit 

HP eteam export 

NET PRODUCTION COST 

25%/yr pretax ROI 

PRODUCT VALUE 

436c/mecf 
436cfmscf 

0.695cilb 
1.5%/yr of BL cost 
10% of operating labor 

5.4c/l,OOO gal 
544c/l,OOD lb 
68c/l,OOO gal 
3.6cikwh 

80% of total labor 

2%/yr of fixed capital 

4% of males 

lO%/yr of fixed capital 

0.775cflb 

0.0001 man-hr 

0.0504 mecf 
0.0264 mscf 

10.32 lb 

38.3 gal 
2.55 lb 
1.28 gal 
0.159 kwh 

10.32 lb 

0.13 614 
0.28 1,335 
0.03 122 -- 
0.44 2,071 

21.97 105,345 
11.51 55,181 
0.35 1,678 
0.10 479 
7.17 34.384 
0.28 1;335 
0.01 62 -- 

41.39 198,464 

0.21 991 
1.39 6,648 
0.09 418 
0.57 2,740 

2.26 10,797 

44.09 211,332 

0.35 1,657 

0.51 2,457 

44.95 215,446 

1.80 8,629 

46.75 224,075 
2.56 12,284 

49.31 236,359 

-8.00 -38,342 

41.31 198,017 

6.41 30,711 

47.72 228,728 
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Table 4.21 

METHANOL FROM NATURAL GAS BY ICI LP PROCESS (HIGH EFFICIENCY DESIGN) 

Battery limits equipment, f.o.b. 

Reactors 
Columne 
Veeeele and tanks 
Exchangers 
Furnaces 
Compressors 
Uiecellaneoue equipment 
Pumps 

Total 

Battery limits equipment inetalled 

Contingency, 20% 

BATTERY LIMITS INVESTMENT 

CAPITAL INVESTMENT 

Plant Capacity: 1,819 Million lbfyr 
(825,000 Metric Tonsfyr) Methanol 

at 0.90 Stream Factor 
PEP Cost Index: 400 

Off-sites, installed 

Cooling tower 
Process water treatment 
Steam generation 
Tankage 

Utilities and storage 

General service facilitiee 
Waste treatment 

Total 

Contingency, 20% 

OFF-SITES INVESTMSNT 

TOTAL FIXED CAPITAL 

Total 

$ 2,640,OOO 
6,878,300 
3,018,600 

26,580,500 
18,552,OOO 
11,032,200 

212,000 
1,087,300 

$ 70,000,900 

$129,353,000 

25,870,OOO 

$155,223,000 

5,921,ooo 
176,300 

3,120,OOO 
6,669.OOO 

$ 15,887,OOO 

29,048,OOO 
3,060,OOO 

$ 47,994,ooo 

9,599,ooo 

$ 57,593,ooo 

$212,817,000 

Natural Gas Me2 than01 Methanol 
Steam Reforming Synthesis Purification 

$ -- 
2.751.900 
2,092,900 
6,570,300 
18,552,OOO 
2,928,200 
212,000 
942,200 

$34,049,500 

$60,636,000 

12,127,OOO 

$72,763,000 

105,700 
176,300 

3,120,OOO 
-- 

$ 3,402,OOO 

$ 2,640,OOO 
234,900 
620,700 

17,160,900 
- 

8,104,OOO 
-- 

$28,760,500 

$56,206,000 

11,241,OOO 

$67,447,0OO 

4,440,800 
-- 
- 
- 

$ 4,441,ooo 

$ mm 
3,891,500 
305,000 

2,849,300 
- 
-- 
-- 

145,100 

$ 7,190,900 

$12,511,000 

2,502,OOO 

$15,013,000 

1,374,500 
-- 
-- 

6,669,OOO 

$8,044,000 

a 
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Table 4.22 

METHANOL FROM NATURAL GAS BY ICI LP PROCESS (HIGH EFFICIENCY DESIGN) 

Labor 

Operating 
Baintenance 
Control laboratory 

Total labor 

Materials 

Natural gas feed 436c/mecf 
Natural gas fuel 436c/necf 
4ctive carbon 170c/lb (374cfkg) 
Rfiforming catalyst 82flb (84.41/L%) 
Methanol catalyst 84.40/lb ($9.7O/kg) 
Uaintenance I.S%/yr of BL cost 
Operating 10% of operating labor 

Total materiale 

Utilitiee 

Cooling wster 
Steam 
Proceee wster 
Electricity 

Total utilitiee 

TOTAL DIRECT OPERATING COST 

Plant overhead 
Taxes and insurance 

Plant coat 

GM, sales, research 

Caeh expenditures 
Depreciation 

TOTAL PRODUCTION COST 

By-product credit 

Higher alcohols 

NET PRODUCTION COST 

25Xlyr pretax ROI 

PRODUCT VALUB 

PRODUCTION COSTS 

Plant Capacity: 1,819 Million lbfyr 
(825,000 Metric Tons/yr) Methanol 

at 0.90 Stream Factor 
PEP Cost Index: 400 

Basis or Unit Cost Units/lb c/lb 

6 manfehift, $17.50/man-hr 
1.5%/yr of BL cost 
20% of operating labor 

0.0637 pan-hr 

0.0134 mscf 
0.00081 mecf 
0.00001 lb 
0.00007 lb 
0.00013 lb 

5.4o/l,OOO gal (1.43cfcu m) 13 gal 
7OOc/l,OOO lb (1,543cfton) 0.004 lb 
68c/l,OUO gal (18cfcu m) 0.135 gal 
3.6cfkwh 0.015 kuh 

80% of total labor 
2Xfyr of fixed capital 

5% of ealee 

lO%/yr of fixed capital 

4.77c/lb (10.5cfk8) 0.00339 lb 

S/yr 

0.05 921 
0.13 2,328 
0.01 183 

0.19 3,432 

5.84 
0.35 

0.01 
0.06 
0.13 
0.01 

6.40 

106,273 
6,424 

31 
255 

1,040 
2,328 

93 

116,444 

0.07 
-- 

0.01 
0.05 

0.13 

6.72 

0.15 
0.23 

7.10 

0.53 

7.63 
1.17 

8.80 

1,274 
55 
167 
956 

2,452 

122,328 

2,746 
4,256 

129,330 

9,550 

138,880 
21,282 

160,162 

-0.02 

8.78 

2.92 

11.70 

-294 

159,868 

53,204 

213,072 

Total Costs 
Thousand 
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Table 4.23 

CRUDE SYNGAS PROM STEAM REFORMING OF NATURAL GAS 

CAPITAL INVESTMENT 

Plant Capacity: 99 x 109 scf/yr Crude Syngas 
at 0.90 Stream Factor 
PEP Cost Index: 400 

Battery limits equipment, f.o.b. 

Columns $ 2,751,900 
Vessels and tanks 2,092,900 
Exchangere 6,570,300 
Furuaces 18,552,OOO 
Compreeeors 2,928,200 
Miscellaneous equipment 212,000 

P=PB 942,000 

Total $34,049,500 

Battery limits equipment installed 
Contingency, 20% 

BATTERYLIMITS INVESTMgNT 

Off-sites, installed 

Cooling tower 
Process water treatment 

Utilities and storage 

General service facilities 
Waste treatment 

Total 

Contingency, 20% 

OFF-SITES INVESTMENT. 

TOTAL FIXED CAPITAL 

Total 

$61,310,000 
12,262,OOO 

$73,572,000 

388,600 
176,300 

$ 565,000 

12,375,OOO 
3,094,ooo 

$16,034,000 

3,207,OOO 

$19,241,000 

$92,813,000 
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Table 4.24 

CRUDE SYNGAS FROM STEAM REFORMING OF NATURAL GAS 

Labor 

Operating 
Maintenance 
Control laboratory 

Total labor 

Materials 

Natural gas 
Activated carbon 
Reforming catalyet 
Steam (NP) 
Miscellaneoue 
Maintenance 
Operating 

Total materials 

Utilitiee 

Cooling water 
Proceee water 
Electricity 

Total utilities 

TOTAL DIRECT OPERATING COST 

Plant overhead 
Taxes and ineurance 

Plant coet 

G6A, sales, research 

Cash expenditurea 
Depreciation 

TOTAL PRODUCTION COST 

By-product credit 

Steam export (HP) 

NDT PRODUCTION COST 

25X/yr pretax ROI 

PRODUCT VALUE 

PRODUCTION COSTS 

Plant Capacity: 99 x 109 acf/yr Crude Syngas 
at 0.90 Stream Factor 
PEP Coat Index: 400 

Baeie or Unit Cost Unitsfmacf ClmeCf S/yr 

2 mm/shift, $17.5O/man-hr 
1.5Xfyr of BL coat 
20% of operating labor 

436clmecf 0.3617 xecf 

0.695c/lb (1.53&g) 
2.5c/lb (5.51c/Lg) 
1.5%/yr of BL coat 
10% of operatiug labor 

5.4c/l,OOO gal (1.43cicu m) 4.16 gal 
68c/l,OOO gal (18c/cu m) 2.49 gal 
3.6c/kwh 0.631 kwh 

80% of total labor 
2Xlyr of fixed capital 

4% of sales 

10Xfyr of fixed capital 

0.775c/lb (1.71$/k& 40.53 kg 

0.0002 xan-hr 

18.31 lb 

Total Coats 
Thousand 

0.31 307 
1.11 1,104 
0.06 61 

1.48 1,472 

157.70 156,093 
0.01 14 
0.28 277 

12.73 12,596 
2.50 2,474 
1.12 1,104 
0.03 31 

174.37 172,589 

0.02 22 
0.17 167 
2.27 2,248 

2.46 2,437 

178.31 176,498 

1.19 1,178 
1.88 1,856 

181.38 179,532 

7.20 7,127 

188.58 186,659 
9.38 9,281 

197.96 195,940 

-31.41 

166.55 

23.44 

-31,090 

164,850 

23,203 

188,053 189.99 
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Table 4.25 

CARBON DIOXIDE FROM FLUE GAS SCRUBBING WITH MEA SOLUTION (UCC AMINE WARD) 

MAJOR EQUIPMENT 

Equipment 
number 

K-101 

v-101 
v-102 

c-101 
c-102 

E-101 
K-102 
B-103 
E-104 
E-105 
B-106 
K-107 
B-108 
B-109 

T-101 

Plant Capmay: 870 Million lb&r 
(395,000 Netric Ton&r) C% 

at 0.90 Stream Factor 

Name 

capremmora 

Flue gas compressor 

Size (bhp) 

12,014 

mat@rial of Conntructioa Rem&e 

carbon ateel 

volume (.&al) 

Premure VeBaelB 

Flue gas condensate 
Stripper refllu drum 

4,661 Carbon steel 
5,696 Carbon steel 

Columa 
Absorber 
Stripper 

Height mameter nateria1 of Constnlction 
(ft) 0 Shell THiYI 

65 21.4 carbon ecee1 Carbon mteel 25 sieve trays, 24 in. spacing. 
75 15.3 Carbon ateel Carbon ateel 30 sieve trays. 24 in. apacing. 

Flue g.sa cooler6 (10) 8.389 ea 
Compreaaor after coolerm (3) 8,596 ea 
Interchangers (6) 8,907 ee 
Stripper condennera (2) 5,696 ea 
Stripper reboiler0 (3) 
Leaiiolution cooler.9 (3) 

7,561 e. 
7,664 ea 

Absorber Cooler-I 9,839 
Abeorber Cooler-II 8.804 
Abnarber Cooler-III 8.604 

Size 
@3s ft.) 

Heat Load 
(NM Btulhr) 

12.95 ea 
1.25 ea 
24.86 ea 
49.71 ea 
79.75 e* 
19.89 ea 
33.14 
29.00 
29.00 

Material of Construction 
Shell Tubes 

Carbon steel Carbon ateel 
Carbon atael Carbon steel 
Carbon aeel Carbon eteel 
Carbon ateel Carbon ace1 
Carbon steel Carbon steel 
Carbon ateel Carbon eteal 
Carbon steel Carbon ace1 
Carbon steel Carbon steel 
carbon steel Carbon steel 

TUllu 

Solvent boldin tank 

volume (gal) 

103,571 

Wlterial of Construction 

316 as 

100 Section - 4. including 2 operating, 2 sparea, 163 operating bhp. 

74 



Table 4.26 

CARBON DIOXIDE FROM FLUE GAS SCRUBBING WITH MEA SOLUTION 
(NC AMINE GUARD) 

Methane 
Carbon dioxide 
Carbon monoxide 
Ethane 

C3+ 
Nitrogen + inert6 
Oxygen 
Water 
Monoethanol amine 

Total 

Methane 
Carbon dioxide 
Carbon monoxide 
Ethane 

C3+ 
Nitrogen + inert6 
Oxygen 
Water 
Monoethanol amine 

Total 

STREAM FLOWS 

Plant Capacity: 870 Million lb/yr 
(395 Metric Tons/yr) CO2 
at 0.90 Stream Factor 

(1) 
Stream Flows (lb/hr) 

(2) (3) (4) 
Hot Flue 
Gas Condensate 

Cooled 
Flue Gas 

CO2 Lean 
Gases 

16 
44 
28 
30 
58 
28 
32 
18 
61 

404 
122,610 

707 
44 
46 

662,966 
25,440 
97,340 

-- 

40 
- 
- 
- 

65,310 

404 
122,570 

707 
44 
46 

662,966 
25,660 
32,030 

404 
12,220 

707 
44 
46 

662,966 
25,440 
29,050 

16 
44 
28 
30 
58 
28 
32 
18 
61 

909,557 65,350 844,207 730,877 

Stream Flows (lb/hr) 
(5) (6) (7) 

Rich 
MEA Soln. 

-- 

149,300 
-- 
- 
-- 
-- 
- 

1,620,OOO 
560,000 

2,309,300 

Lean 
MEA Soln. 

CO2 
Stream 

38,950 
-- 
- 
- 
-- 
-- 

1,620,OOO 
540,oo 

2,198,950 

-- 

110,350 
-- 
-- 

-- 
-- 
-- 

2,980 
- 

113,330 
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Table 4.27 

CARBON DIOXIDE FROM FLUE GAS SCRUBBING WITH 
MEA SOLUTION (UCC AMINE GUARD) 

CAPITAL INVESTMENT 

Plant Capacity: 870 Mllion lb/yr 
(395,000 Metric Tons/yr) Cop 

at 0.90 Stream 
PEP Cost Index: 400 

Total 

Battery limits equipment, f.o.b. 

Columns 
Vessels and tanks 
Exchangers 
Compressors 
Pumps 

Total 

Battery limits equipment inatalled 

Contingency, 20% 

BATTERY LIMITS INVEXJMENT 

Off-sites, installed 

Cooling tower 
Steam generation 

Utilities and storage 

General service facilities 
Waste treatment 

Total 

Contingency, 20% 

OFF-SITES INVESTMENT 

TOTAL FIXED CAPITAL 

$ 698,300 
1,526,300 
3,004,600 
3,747,600 

67,400 

$ 9,044,200 

$25,085,000 

5,017,000 

$30,102,000 

3,808,900 
5,071,500 

$ 8,880,OOO 

6,793,OOO 
1,698,OOO 

$17,371,000 

3,474,ooo 

$20,846,000 

$50,948,000 
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Table 4.20 

CARSON DIOXIDE FROM FLUE GAS SCRUBBING WITH SOLUTION (UCC AMINE GUARD) 

Labor 
Operating 
Hnintenance 
Control laboratory 

Total labor 

Neterials 

Solvent, inhibitore 
Ihfntenence 
Operating 

Total materials 

Utilitiee 

Cooling vater 
Steu 
Electricity 

Total utilities 
TOTAL DIRECT OPERATING COST 

Plaot overhead 
Taxee and ineuranca 

Plant coat 

G&A, sales, research 

Cash expendlturee 
Depreciation 

TGTAL PXODDCTION COST 

25XIyr pretax ROI 

PRODUCT V4LW 

PRODUCTION COSTS 

Plant Capacity: 070 Million lb/yr 
(395,000 Metric Tons/Jr) CO2 

at 0.90 Stream Factor 
PEP Cost Index: 400 

Total Coats 
Thousand 

Basin or Unit Coet Units/lb (unite/l.000 ke) c/lb c/lrg A!YL 

2 len/ehift, $17.50/maa-hr 
1.5%&r of BL coet 
20% of operating labor 

0.04 0.09 
0.05 0.11 
0.01 0.02 -- 

0.10 0.22 

307 
452 
61 

820 

lO%/yr of BL coet 
10% of operating labor 

5.4cI1.000 gal (1.43c/cu m) 
544c/l,OOO lb (l,199C/ton) 
3.6c/kvh 

SO% of total labor 
2X&r of fixed capital 

5% of ealee 

lO%/yr of fixed capitel 

1 lb (1 ton) 0.05 0.11 
0.05 0.11 
- - 

-- 

0.10 0.22 

15.7 gal (131 C" m) 
2.36 lb (2.36 tons) 
0.091 kwh (202 kwh) 

0.08 0.10 
1.28 2.02 
0.33 0.73 -- 

1.69 3.73 

1.89 4.17 

1.89 4.17 
0.12 0.26 -- 

2.09 4.61 

0.25 0.55 -- 

2.34 5.16 
0.59 1.30 -- 

2.93 6.46 

1.46 3.22 -- 

4.39 9.68 

435 
452 
31 

918 

739 
11,150 
2,864 

14,753 

16,491 

16.491 
1.019 

18,166 

2.175 

20,341 
5.095 

25,436 

12.737 

38,173 
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Table 4.29 

SYNGAS (H2:CO RATIO - 1) FROM STEAM REFORMING OF NATURAL GAS, 
WITH CO2 IMPORT 

PRODUCTION COSTS FOR 1011 scf/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/mscf c/mscf 

Raw materials 

Natural gas feed 436q/mscf 0.242 mscf 105.51 
Natural fuel gas 436r&acf 0.219 mecf 95.48 
Carbon dioxide 4.4c/lb 28.3 lb 124.52 
Catalysts, adsorbent 0.84 
Misc. chemicals, utilities 1.74 

Groee raw materials 328.09 

Utilities 

Cooling water 
Steam 
Process water 
Electricity 

Total utilities 

5.4$/1,000 gal 737 gal 3.98 
$5.44/1,000 lb 49.9 lb 27.15 
68c/l,OOO gal 7.45 gal 0.51 
3.6c/kwh 1.27 lcwh 4.57 

36.21 
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Table 4.29 (Concluded) 

SYNGAS (H2:CO RATIO = 1) FROM STEAM REFORMING OF NATURAL GAS, 
WITH CO2 IMPORT 

PRODUCTION COSTS FOR lo11 scf/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (c/mecf) 

Raw materials 
Utilities 

Variable costs 

Operating labor, 4/shift, $17.50/hr 
Maintenance labor, l.SX/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, l.S%/yr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, 2%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate coet 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUR 

200.2 

57.9 

258.1 

328.09 
36.21 

364.30 

0.61 
3.00 
0.12 

3.73 

3.00 
0.06 

371.09 

2.99 

5.15 

25.76 

404.99 

18.00 

422.99 

64.40 

487.39 
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Table 4.30 

SUMMARIZED COSTS FOR PRODUCTS FROM NATURAL GAS STEAM REFORMING 

Netbano1, Crude 
SW=. W=8==. WW==. IfydroSen by Hydrogen ICI law WW==. 
l&:co Nz:C0 LIz:co Coaventioael tith PSA Preeeure Ex-mechem1 

Ratlo - 3 Ratio - 2 Ratio - 1 PtOCed syated PrOCOO Beformer --- 

Production l cale (million met/d& 295 298 303 277 277 1.819 300 
f480 million (480 million tillion 

FiXed capital ($ tillion) 

Cost buildup 

Natural aa. feed 
Netuml *or fuel 

Total netureI ~a. c0.t 

labor end other vatlable co& 

WML DIRECT OPEMTIWC COST 

Fixed co.te** 

TOTALPRODUCTIONWST 

25% ROI 

PRODUCT VALUE 

131 158 258 

1.09 1.08 1.06 
0.66 0.78 0.95 - - - 
1.75 1.86 2.01 

0.09 0.50 1.70 - - - 
1.84 2.36 3.71 

0.28 - 
2.12 

0.34 - 

2.46 

0.34 - 

2.70 

0.40 - 
3.10 

0.52 - 
4.23 

0.64 - 
4.87 

33.48 

2.61 - 
36.09 

5.22 

41.31 

6.41 

47.72 

iblyr) iblyr) 

123 126 

31.58 

31.58 

-5.15 

26.43 

5.36 

31.79 

6.58 

38.37 

lb/yr 

213 

c/lb Shcf 

5.84 
0.35 

6.19 

0.51 - 

6.70 

2.08 - 

8.78 

1.07 
0.51 - 
1.58 

-0.11 

1.47 

0.20 - 

1.67 

2.92 

11.70 

0.23 - 

1.90 

92.8 

“Ae demcribed in text under Case C and illuetrated by Figure 4.9. 

bhcre . preeewe owl& deorptim .,etee replacae low teapereture shift and C+ rmoval. ” #horn In PiSure 4.16. 

he production #calem for all e.~., except 82 with PSI eyeten, coree8ponda to . fixed refomr natural San feed r.te that 
1, l quivakat to 2,5UO metric ton&ay of uthaml (1.819 million lblyr). S-e raten ate w a dry r&metric buis and 
both 4 aad UeOS rate, are on a contained basil. 

NInclude. by-product CCeditm “here applicable (e.8., in the PSA hydrogen and the crude .,n~ae cam.. the uin by-product is 
ateem). 

‘*Imlude. overbmd. t.xea. inruranee, C6A. reaeuch. eales. and depreciation. 
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Table 4.31 

ECONOMIC COMPARISON OF SKIMMING PROCESSES 

Total Syagae gate: 300 Million ecfd 

Initial E2:CO ratio 

Syugae rate to ekiuuiug 

(aillion scfd) 

Products (million ecfd) 

Hydrogen rich product 
Fuel 
Syngae 

82 purity of H2 product (~01%) 

Adjusted H2:CO ratio in eyugae 

Fixed capital ($ Pillion) 

guergy requireuaute 

Electricity (kvh/hr) 
Steam (1,000 lb/hr) 
Fuel (million Btu/hr) 

Cost buildup ($l,OOO/yr) 

Utilitiee 
Materials 
Capital related 

Total 

Unit coat (c/xscf fed to ekiuming) 

Unit cost (c/znscf of adjusted 
ryngaa) 

PEP Cost Index: 

PSI 

3 2 3 2 2 

111.6 178.6 99.8 154.3 97.1 300 300 

71.44 98.44 72.48 99.90 72.52 76 104 

Nil Nil 2.41 4.80 1.45 Mm -- 

228.56 201.56 225.11 195.3 226.03 224 196 

99.999 99.999 98.5 98.5 98 97.9 96.8 

2 1 2 1 2 2 1 

26.71 46.95 11.85 16.69 19.43 11.81 18.83 

5,760 
-- 

11,520 
-- 
- 

14,640 24,110 
-.m -- 

8,420 8,400 
74.7 -- 
- 3.6 

11,800 

5.1 

1,642 3,285 
-- -- 

10,684 18,780 

12,326 22,065 

33.34 37.44 

4,174 6,874 
-- -- 

4,977 7,010 

9,151 13,884 

27.79 27.27 

6,010 2,514 
257 -- 

8,161 4.724 

14,428 7,238 

45.02 7.31 

3,533 

7,532 

11.065 

11.18 

16.34 33.17 12.31 21.54 19.34 9.79 17.37 

400 

Cryogenic theorb@ Prime 

Notes : (1) Unit costs of electricity and steam taken at 3.6c/kwh and $6.1/1,000 lb 
reepectively. Fuel, as in previous cases, is taken at $4.1?/milliou Btu. 

(2) l&v materials cost for &sorb@ is for toluene replacement, taken at $1.40/gallon. 

(3) Capital related charges are 40% for PSA and Prim@ eeparatore and 42% for cryogenic 
and Cosorbe processes; the lover charges reflect lees maintenance co&B. 

(4) The quoted H2 rates in the Prism* case refer to the perueate stream, which contains 
2-3X carbon oxides. A wthanatiou etage was included to uake the ii2 acceptable ae 
chemical grade. The final Ii2 purity is for the methaneted product expressed on a 
dry basis. 

(5) The costs ehowu above are independent of the effects of by-product values, i.e., 
they represent the costs of carrying out the skimming operation when all streams 
are assigned identical values. The effect of by-product valuation is diecuased 
later. 
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Table 4.32 

SYNGAS (H2:CO RATIO - 2) FROM THE SKIMMING OF 
3:l SYNGAS; PRISM@ SEPARATORS 

PRODUCTION COSTS FOR 73.9 x 109 ecf/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/mecf c/mscf 

Raw materials 

Natural gas feed 436c/mscf 0.334 mscf 145.62 
Natural gas fuel 436clmscf 0.202 mscf 88.07 
Catalyst, misc. chem/util. 1.18 

Gross raw materials 234.87 

By-products 

Hydrogen 50c/lb -1.65 lb -82.50 

Utilities 

Cooling water 
Process water 
Electricity 
Natural gas 

Total utilities 

5.4$/1,000 gal 292 gal 
68$/1,000 gal 8.45 gal 
3.6$/kwh 2.23 kwh 
$4.17/mm Btu 386 Btu 

1.58 
0.57 
8.04 
0.16 

10.35 
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Table 4.32 (Concluded) 

SYNGAS (H2:CO RATIO = 2) PROM THE SKIMMING OF 
3:l SYNGAS; PRISM@ SEPARATORS 

PRODUCTION COSTS POR 73.9 x log scf/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (c/mscf) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, 4/shift, $17.50/hr 
Maintenance labor, l.S%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, l.S%/yr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, 2%/yr of TFC 

Depreciation, lO%/yr of TPC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TPC 

PRODUCT VALUE 

110.0 

32.8 

142.8 

234.87 
-82.50 
10.35 

162.72 

0.83 
2.23 
0.17 

3.23 

2.23 
0.08 

168.26 

2.58 

3.86 

19.32 

194.02 

13.00 

207.02 

48.30 

255.32 
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Table 4.33 

SYNGAS (H2:CO RATIO * 1) FROM THE SKIMMING OF 
3:l SYNGAS; PRISM@ SEPARATORS 

PRODUCTION COSTS FOR 47.5 x 109 scf/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Coneumptionlmscf c/mscf 

Raw materials 

Natural gas feed 
Natural gas fuel 
Catalyst, misc. chem/util. 

Gross raw materials 

By-products 

Hydrogen 

Utilities 

Cooling water 
Process water 
Electricity 
Natural gas 

Total utilities 

436clmscf 0.5187 mscf 226.15 
436c/mscf 0.3146 mscf 137.17 

1.83 

365.15 

50c/lb -5.01 lb -250.5 

5.4c/l,OOO gal 454 gal 
68$/1,000 gal 13.1 gal 
3.6c/kwh 3.54 kwh 
$4.17/mm Btu 1,235 Btu 

2.45 
0.89 
12.76 
0.51 

16.61 
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Table 4.33 (Concluded) 

SYNGAS (H2:CO RATIO = 1) FROM THE SKIMMING OF 
3:l SYNGAS; PRISM@ SEPARATORS 

PRODUCTION COSTS FOR 47.5 x log scf/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Investment ($ million) 

Battery limits' 

Off-sites 

Total fixed capital 

Production costs (c/mscf) 

Raw materials 
By-product 
Utilities 

Variable costs 

Operating labor, 4/shift, $17.50/hr 
Maintenance labor, 1.5X& of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 1.5%/yr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, P%/yr of TFC 

Depreciation, lO%/yr of TPC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TPC 

PRODUCT VALUE 

124.9 

32.8 

157.7 

365.15 
-250.50 
16.61 

131.26 

1.29 
3.94 
0.26 

5.49 

3.94 
0.13 

140.82 

4.39 

6.64 

33.19 

185.04 

20.00 

205.04 

82.97 

288.01 
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Table 4.34 

SYNGAS (H2:CO RATIO - 1) FROM THE SKIMMING OF 
2:l SYNGAS; PRISM@ SEPARATORS 

PRODUCTION COSTS FOR 63.7 x 108 scf/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 

Raw materials 

Natural gas' feed 
Natural gas fuel 
Carbon dioxide 
Catalyst, misc. chem/util. 

Gross raw materiais 

Unit Cost Consumption/macf 

436clmscf 0.3839 mscf 
436clmscf 0.2767 mscf 
4.4c/lb 13.77 lb 

167.38 
120.64 
60.59 
1.88 

350.49 

By-products 

Hydrogen 50c/lb -2.48 lb -124.00 

Utilities 

Cooling water 5.4c/l,OOO gal 486 gal 2.62 
Process water 68c/l,OOO gal 9.72 gal 0.66 
Electricity 3.6c/kwh 3.3 kwh 11.88 
Natural gas $4.17/mm Btu 634 Btu 0.26 

Total utilities 15.42 
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Table 4.34 (Concluded) 

STNGAS (H2:CO RATIO - 1) FROM THE SKIMMING OF 
2:l SYNGAS; PRISM@ SEPARATORS 

PRODUCTION COSTS FOR 63.7 x 109 scf/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (o/mscf) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, 4/ehift, $17.50/hr 
Maintenance labor, l.S%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, l.S%/yr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

P%/yr of TFC 

of TFC 

TaXeB and insurance, 

Depreciation, lO%/yr 

Plant gate cost 

G&A, gales, research 

NET PRODUCTION COST 

ROI before taxes, 25%&r of TFC 

PRODUCT VALUE 

136.6 

40.7 

177.3 

350.49 
-124.00 

15.42 

241.91 

0.96 
3.22 
0.19 

4.37 

3.22 
0.10 

249.60 

3.50 

5.57 

27.84 

286.51 

19.00 

305.51 

69.59 

375.10 
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Table 4.35 

COSTS FOR H2:CO RATIO ADJUSTMENT BY Co2 IMPORT AND/OR SKIMMING SURPLUS H2 

cane 1 - SyrlSal lI2:CO Patio = 2 
Primary Sy~&-ae with 

cam? 2 - syng.a a ll,:co Ratio = 1 

Primary Syn~ar, with 
H2:CO Satio = 3; 
Surplus II2 Skimed 
by Pri.& separatorm. 

Primary Syngae vlth 
H2:C02 Ratio = 2 
Achieved by CO2 
Import; Surplus II2 
Skimed by Prism. 
separators. 

synean (llz:C0 syngaLi (tI2:C0 
ratio = 1) 144 ratio = 1) 193 

97.3 ~01% H2 96.8 ~01% ii2 
product 156 product 107 - - 

Total 300 Total 300 

u2:co RAti = 3; 
Produced by Total 
co2 rlecyclc; sur- 

CO2 Imported for pluta A2 Ski-d in CO2 Imported for 
Reformer Feed; Monwulto'~ Prine Reformer Feed; 
no Slddng.. separatora. l& skimins. 

Syn&m (ll2:co Syng.l.9 ol2:co Synsas (H2:CO ratio 
ratio = 2) : 300 ratio = 2) 224 = 1): 300 

97.8 ~01% H2 
product 76 - 

Total 300 

Product output 
(million acfd) 

Total fixed capital 
($ million) 

158.5 (Table 4.17) 142.8 (Table 4.32) 258.1 (Table 4.29) 157.7 (Table 4.33) 177.3 (Table 4.34) 

Equation for coat of 
mynga* product 
(SJ=cf) 

2.71 + 8.86 CO2 
cop = unit coat 
in $/lb 

3.30 - 1.65 I32 3.63 + 28.3 CO2 
Hz = unit coet 10 
$/lb 

-- 4.05 

- 4.87 

2.55 

5.385 - 5.01 H2 4.385 + 13.77 CO2 
- 2.48 H2 

Calculated cc..t 
($/ucf) assming: 

(a) Cheap CO2 
(1.5cllb) 

(b) Flue Sam 
scrubbed CO2 
(4.4ollb) 

(c) Coproduct II2 at 
cbemica1 value 
(50c/lb) 

(d) Coproduct H2 at 
fuel value 
(24e/lb) 

2.04 

3.10 

-- -- 

-- 

2.88 

4.1s -- 

(e) Cheap C% + 
chemical value 

H2 

-- 3.35 -- 

(f) Cheap Cq + 
fuel value H2 

(8) Scrubbed CO2 + 
cheaical value 

Hz 

(h) Scrubbed C+ + 
fuel value H2 

4.00 

3.75 

-- 

-- 

4.40 -- -- 

Note: For e-h above. CO2 and Hz unit volue~ am in rd. 
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Costs of Syngas Compression 

In most applications of syngas the reaction stage is operated at 

pressures much higher than those at which syngaa is obtained from a 

natural ateam reforming system. In the syngas Cases A and B (H2:CO 

ratios of 3:l and 2:1), the syngas pressure is 240 psla. The cost of 

compressing syngas was examined as a function of output rate and final 

compression pressure. The ranges considered were as follows: 

Output rates 30-300 million scfd 

Final pressures 480-1200 psia 

The essential results are presented in Figures 4.18 through 4.20. 

Figure 4.18 is a plot of the brake-horsepower requirement as a function 

of final pressure. It will be seen that the power requirements for 

Case B (B2:CO ratio - 2) are slightly greater than for Case A (H2:CO 

ratio = 3) owing to the higher gas density. Figure 4.19 shows the 

fixed capital cost requirements as a function of the syngas output 

rate. The capital costs represented are for the 2:l H2:CO ratio and we 

found that, within the accuracy of our estimates, these are also appli- 

cable for the 3:l ratio syngas. For compressor drives both electric 

motors and steam turbines were examined. The latter were assumed to be 

of the noncondenslng type with steam conditions as for the high pres- 

sure (at inlet) and medium pressure (at exit) grades defined earlier. 

As shown in Figure 4.19, we did not examine steam turbine drives below 

an output rate of 75 million scfd. At this rate the brake horsepower 

of the individual turbines is down to about 5,000 which was assumed to 

be an approximate cut-off point at which electric motors became more 

economic. 

Figure 4.20 illustrates the total costs of compression in cents/ 

1,000 scf as a function of the final compression pressure for an output 

rate of 300 million scfd. The results for both the steam turbine and 

electric motor drives are presented. At the values assumed for the 

steam and electricity (3.6c/kwh), steam drives are more economic. 
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However, from the range of the overall costs for compression depicted 

in Figure 4.20 (5013~/1,000 scf, depending on the final pressure), we 

see that these constitute a relatively small contribution to the 

overall cost of eyngas. The computations on which Figure 4.20 is based 

are summarized in Table 4.36. 

- 

a - 

a 

93 



50 

0 

Figum 4.18 

BRAKE HORSEPOWER REQUIREMENT AS A FUNCTION OF 
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Figun 4.19 

- 

a 

SYNGAS COMPRESSION CAPITAL AS A FUNCTION OF 

FINAL PRESSURE AND SCALE OF OPERATION 
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Figure 4.20 

SYNGAS COMPRESSION COSTS AS A FUNCTION OF PRESSURE 

(300 Million scfbay Capacity) 
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l Includes 25% ROI. 
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Table 4.36 

SYNGAS COMPRESSION COSTS 

Scale: 300 Million scfd, Initial Pressure 240 psia, 
at Stream Factor 0.90 
PEP Cost Index: 400 

Final pressure (peia) 
H9:CO Ratio - 3 

480 960 1200 
Electric Steam Electric Steam Electric Steam 

Cost buildup (c/xscf syngas) 

Steam* 
Elect icityt 
Other s 

Total 

Final preesure (psia) 

Fixed capital ($ thousand) 

Total brake-horsepower 

Cost buildup (c/mscf syngas) 

Steam* 
Electricity* 
Others 

Total 

Fixed capital ($ thousand) 

Total brake-horsepower 

Drive Drive Drive Drive Drive Drive 

2,575 3,080 4,985 5,995 5,420 6,550 

19,000 19,000 38,000 38,000 43,000 43,000 

-- 3.54 7.07 8.00 
4.54 9.07 SW 10.27 -- 

2.01 2.42 2.18 2.65 - - - 

5.58 4.70 11.08 9.49 12.45 10.65 

B9:co Ratio = 2 
480 960 1200 

Electric Steam Electric Steam Electric Steam 
Drive Drive Drive Drive Drive Drive 

2,690 3,260 5,145 6,290 5,520 6,610 

22,000 22,000 44,000 44,000 47,000 47,000 

4.09 - 8.19 8.74 
5.25 10.50 11.22 -- 

1.08----- 1.32 2.08 2.54 2.23 2.67 

6.33 5.41 12.58 10.73 13.45 11.41 

*It is assumed that HP steam at 900 psia and 900oF is used at turbine inlet, exhausting at 
350 psla; total enthalpy fall is 120 Btu/lb. Theoretical steam rate is 28.45 lb/kwh. 
For an estimated 73% turbine efficiency "actual steam rate" is 38.97 lb/kwh. As detailed 
earlier, the "differential" stem cost is $0.8/1,000 lb. 

tAssumes a unit cost of 3.6c/kwh and electrical efficiency of 90%. 

&falnly capital related charges which are taken at a “notional” 40% per annm of the fixed 
capital investment (including depreciation and 25% ROI). 
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Effect of Scale of Operation 

The scale of operation for the base cases was fixed in a region 

which is considered close to the limit of a single-train facility. 

This corresponds to about 300 million scfd of syngas and in the hydro- 

gen and methanol cases to 480 and 1,820 million lb/yr respectively. 

The latter figure is equivalent to the 2,500 metric tons methanol/day, 

mentioned earlier as the reference point. 

For higher capacities multi-trains become necessary and we esti- 

mate that the scale exponent would be roughly 0.9. For operation below 

the base capacities, an averaged exponent of 0.75 is considered appro- 

priate for extrapolations down by a factor of 0.4-0.5. To investigate 

the relationship of capital cost and capacity at lower capacities, we 

used some data available to SRI for smaller syngas and hydrogen plants. 

The results are presented in Figures 4.21 and 4.22. The former shows 

scale exponent as a function of capacity in the mode of a continuous 

curve. Figure 4.22 shows capital costs as a function of capacity, 

where the capital costs were calculated for selected points on the 

basis of averaged exponents. The scale exponents for lower capacities 

decrease to about 0.55 at a methanol equivalent of 150 metric tons/day. 

It should be noted that the data used in Figures 4.21 and 4.22 include 

the effect of plant size on the design philosophy. For smaller plants, 

a reduction in energy efficiency is usually acceptable owing to a dis- 

porportionate increase in the capital costs for matching or approaching 

the higher efficiencies of larger plants. Also, there are other design 

features which alter as transition Is made to lower scales of opera- 

tion. For instance, in compression systems the steam turbine drives 

are more economical for high horsepower machines. For smaller plants 

calling for lower horsepower drives, electric motors are preferred- 

their lower capital cost compensates for the higher unit energy costs. 

To illustrate the effect of the scale of operation on the produc- 

tion economics for syngas, hydrogen, and methanol, we examined a few 

selected cases as detailed in Table 4.37. As shown in the table, due 

allowance was made for reduction in energy efficiencies and for 
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a 
possible changes in the design basis. The capital and production costs 

for these cases are presented in Tables 4.38 through 4.47. Some 

applications to which the lower scales of operation might be relevant 

are indicated in Table 4.37. 
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CASES 
PLANT 

Table 4.37 

EXAMINED TO ILLUSTRATE EFFECT OF 
CAPACITY ON PRODUCTION ECONOMICS 

Reduced Scales 
Product 

Methanol 

Base Scale Used in Syngas Study Examined 

2,500 metric tpd 1,000 Metric tpd 
500 
250 

For the base capacity the reformer furnace efficiency assumed was 
85%. At 500 metric tpd and 250 metric tpd the efficiencies drop 
to 80% and 75% respectively; also, for the latter capacity elec- . 
tric drives are used for compression and there are no power 
recovery turbines. 

B---w----- ---------w- -w-1_- ------ 

Hydrogen 480 million lb/yr (equivalent to 200 million lb/yr 
2,500 metric tpd methanol) 100 

50 

Thermal efficiency drop is as for methanol case on an "equivalent 
capacity basis." Upper range of capacity is similar to typical 
sieed plants for refinery hydrocracking; lower range is close to 
units for miscellaneous chemical hydrogenations. 

w-w- -----w-------- --------I__ 

Syngas with 300 million scfd (equivalent to 100 million scfd 
H2:CO ratio = 2 2,500 metric tpd methanol) 50 

Again thermal efficiency drop is as for the methanol case. Below 
50 million scfd, CO2 feed compressors are driven by electric 
motors. 

--------------------- 

Syngas with As above 20 million scfd 
H2:CO ratio - 1 

Upper end of scale examined would be appropriate for synthesis of 
chemical products such as monoethylene glycol. Lowest scale (viz, 
20 million scfd) would be for a typical sieed 0x0 unit, e.g., for 
2-ethyl hexanol. Syngas with H2:CO ratio - 1 for this case is 
examined for both options, i.e., CO2 addition and skimming of 
syngas with H2/CO ratio - 2. 

-v----I_ -- ----- -- 

a 
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Table 4.38 

SYNGAS (H2:CO RATIO - 2) FROM STEAM REFORMING OF NATURAL GAS, 
WITH CO2 IMPORT 

PRODUCTION COSTS FOR 33 x 109 scf/yr 
(Equivalent to 100 x lo6 scfd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/mscf c/mscf 

Raw materials 

Natural gas feed 436clmscf 0.247 mscf 107.69 
Natural fuel gas 436c/mscf 0.178 mscf 77.61 
Carbon dioxide 4.4c/lb 8.86 lb 38.98 
Catalysts, adsorbent 0.52 
Misc. chemicals, utilities 0.69 

Gross raw materials 225.49 

Utilities 

Cooling water 
Process water 
Electricity 

Total utilities 

5.4c/l,OOO gal 313 gal 1.69 
68c/l,OOO gal 6.25 gal 0.42 
3.6o/kwh 1.18 kwh 4.25 

6.36 
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Table 4.38 (Concluded) 

SYNGAS (H2:CO RATIO - 2) FROM STEAM REFORMING OF NATURAL GAS, 
WITH CO2 IMPORT 

PRODUCTION COSTS FOR 33 x log scf/yr 
(Equivalent to 100 x lo6 scfd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (c/mscf) 

Raw materials 
Utilities 

Variable costs 

Operating labor, 4/shift, $17.5O/hr 
Maintenance labor, 2X/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 1.5%/yr of BL inv 
Operating suppliers, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, 2%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUE 

54.8 

19.0 

73.8 

225.49 
6.36 

231.85 

1.86 
3.32 
0.37 

5.55 

2.49 
0.19 

240.08 

4.44 

4.47 

22.36 

271.35 

14.00 

285.35 

55.91 

341.26 
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Table 4.39 

a 

SYNGAS (H2:CO RATIO - 2) FROM STEAM REFORMING OF NATURAL GAS, 
WITH CO2 IMPORT 

PRODUCTION COSTS FOR 16.5 x 109 ecf/yr 
(Equivalent to 50 x lo6 scfd) 

Location: U.S. Gulf Coast 

5.4&,000 gal 313 gal 
680/1,000 gal 6.25 gal 
3.6c/kwh 1.18 kwh 

PEP Cost Index: 400 

Variable Costs 

Raw materials 

Unit Cost Consumptionlmscf c/mscf 

Natural gas feed 436clmscf 0.247 mscf 107.69 
Natural gas fuel 426clmscf 0.189 mscf 82.40 
Carbon dioxide 4.4c/lb 8.86 lb 38.98 
Catalysts, adsorbent 0.52 
Misc. chemicals, utilities 0.69 

Gross raw materials 230.28 

Utilities 

Cooling water 
Process water 
Electricity 

Total utilities 

1.69 
0.42 
4.25 

6.36 

a 
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Table 4.39 (Concluded) 

SYNGAS (H2:CO RATIO - 2) FROM STEAM REFORMING OF NATURAL GAS, 
WITH CO2 IMPORT 

PRODUCTION COSTS FOR 16.5 x log scf/yr 
(Equivalent to 50 x lo6 scfd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (c/mscf) 

Raw materials 
Utilities 

Variable costs 

Operating labor, 4/shift, $17.5O/hr 
Maintenance labor, 2%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, l.S%/yr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRKT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, 2%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUE 

34.9 

12.1 

47.0 

230.28 
6.36 

236.64 

3.72 
4.23 
0.74 

8.69 

3.17 
0.37 

248.87 

6.95 

5.70 

28.48 

290.00 

16.00 

306.00 

71.21 

377.21 
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Table 4.40 

SYNGAS (H2:CO RATIO - 1) FROM STEAM REFORMING OF NATURAL GAS, 
WITH CO2 IMPORT 

PRODUCTION COSTS FOR 6.7 x 109 scf/yr 
(Equivalent to 20 x 106 scfd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/mscf c/mscf 

Raw materials 

Natural feed gas 436c/mscf 0.242 mscf 105.51 
Natural fuel gas 436c/mscf 0.248 mscf 108.13 
Carbon dioxide 4.4c/lb 28.3 lb 124.52 
Catalysts, adsorbent 0.84 
Misc. chemicals, utilities 1.74 
Reformer steam 0.695 C/lb 49.72 lb 34.56 

Gross raw materials 375.30 

By-products 

HP steam 0.775a/lb -60.62 lb -46.98 

Utilities 

Cooling water 
Steam 
Process water 
Electricity 

Total utilities 

5.4c/l,OOO gal 737 gal 3.98 
$5.44/1,000 lb 49.9 lb 27.15 
68c/l,OOO gal 7.45 gal 0.51 
3.6e/kwh 5.54 kwh 19.94 

51.58 
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Table 4.40 (Concluded) 

SYNGAS (H2:CO RATIO = 1) FROM STEAM REFORMING OF NATURAL GAS, 
WITH CO2 IMPORT 

PRODUCTION COSTS FOR 6.7 x 109 scf/yr 
(Equivalent to 20 x 106 scfd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (o/macf) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, 4/shift, $17.5O/hr 
Maintenance labor, 3%/yr of BL inv 
Control lab labor, 20% of op labor, 

Labor costs 

Maintenance materials, 2% of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, 2%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, ZS%/yr of TFC 

PRODUCT VALUE 

31.0 

9.0 

40.0 

375.30 
-46.98 
51.58 

379.90 

9.19 
13.94 
1.84 

24.97 

9.30 
0.92 

415.09 

19.98 

11.99 

59.97 

507.03 

25.00 

532.03 

149.93 

681.92 
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Table 4.41 

SYNGAS (H2:CO RATIO = 1) FROM SKIMMING OF SYNGAS OF 2:l RATIO 

l 
PRODUCTION COSTS FOR 6.7 x 109 scf/yr 

(Equivalent to 20 x 106 scfd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/mscf C/mscf 

Raw materials 

Natural gas feed 
Natural gas fuel 
Carbon dioxide 
Catalysts, adsorbent 
Misc. chemicals, utilities 
Reformer steam 

Gross raw materials 

By-products 

HP steam 
Hydrogen 

Total by-products 

Utilities 

Cooling water 
Process water 
Electricity 

436clmscf 0.384 mscf 167.42 
436$/mscf 0.314 mscf 136.90 
4.4$/lb 13.8 lb 60.72 

0.80 
1.07 

0.695c/lb 78.52 lb 54.57 

421.48 

0.775$/1b 
50c/lb 

-78.52 lb 
-2.48 lb 

-60.85 
-124.0 

-184.85 

5.4~/1,000 gal 486 gal 
68c/l,OOO gal 9.72 gal 
3.6c/kwh 4.37 kwh 

2.62 
0.66 
15.73 

19.01 

l 
Total utilities 
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Table 4.41 (Concluded) 

STNGAS (H2:CO RATIO = 1) FROM SKIMMING OF SYNGAS OF 2:l RATIO 

PRODUCTION COSTS FOR 6.7 x 109 scf/yr 
(Equivalent to 20 x 106 scfd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

27.8 

8.6 

36.4 

Production costs (o/mscf) 

Raw materials 
By-products 
Utilities 

Variable costs 

421.48 
-184.85 

. 

19.01 

255.64 

Operating labor, $/shift, $17.50/hr 9.19 
Maintenance labor, 3%/yr of BL inv 12.50 
Control lab labor, 20% of op labor 1.84 

Labor costs 23.53 

Maintenance materials, 2% of BL inv 8.34 
Operating supplies, 10% of op labor 0.92 

TOTAL DIRECT COSTS 288.43 

Plant overhead, 80% of labor costs 18.83 

Taxes and insurance, Z%/yr of TFC 10.91 

Depreciation, lO%/yr of TFC 54.57 

Plant gate cost 372.74 

G&A, sales, research 25.00 

NET PRODUCTION COST 397.74 

ROI before taxes, 25%/yr of TFC 136.43 

PRODUCT VALUE 534.17 
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Table 4.42 

HYDROGEN (97 vol%, 220 psia) FROM STEAM REFORMING 
OF NATURAL GAS (CONVENTIONAL) 

PRODUCTION COSTS FOR 200 Million lb/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 

Raw materials 

Natural gas feed 
Natural gas fuel 
Catalysts, adsorbent 
Misc. chemicals, utilities 
Reformer steam 

Gross raw materials 

By-products 

HP steam 

Total by-products 

Utilities 

Cooling water 5.4c/l,OOO gal 38 gal 
Steam $5.44/1,000 lb 2.55 lb 
Process water 686/1,000 gal 1.28 gal 
Electricity 3.6c/kwh 0.159 kwh 

Total utilities 

Unit Cost Consumption/lb 

436c/mscf 
436c/mscf 

0.695c/lb 

0.775cllb -10.32 lb 

0.0504 mscf 
0.0264 mscf 

10.32 lb 

111 

c/lb 

21.97 
11.51 
0.35 
0.10 
7.17 

41.10 

-8.00 

-8.00 

0.21 
1.39 
0.09 
0.57 

2.26 



Table 4.42 (Concluded) 

HYDROGEN (97 vol%, 220 psia) FROM STEAM REFORMING 
OF NATURAL GAS (CONVENTIONAL) 

PRODUCTION COSTS FOR 200 Million lb/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr) 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (o/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, 4/shift, $17.50/hr 
Maintenance labor, P%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 1.5% of BL inv 
Operating supplies, 10% of Op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, Z%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

BET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUE 

200 

48.2 

18.4 

66.6 

41.10 
-8.00 
2.26 

35.36 

0.31 
0.48 
0.06 

0.85 

0.36 
0.03 

36.60 

0.68 

0.67 

3.33 

41.28 

2.00 

43.28 

8.32 

51.60 
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a Table 4.43 

HYDROGEN (97 vol%, 220 psia) FROM STEAM REFORMING 
OF NATURAL 6AS (CONVENTIONAL) 

PRODUCTION COSTS FOR 100 Million lb/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/lb c/lb 

Raw materials 

Natural gas feed 
Natural gas fuel 
Catalysts, adsorbent 
Misc. chemicals, utilities 
Reformer steam 

436dmscf 0.0504 mscf 
436&nscf 0.0281 mscf 

0.69Sc/lb 10.32 lb 

21.97 
12.25 
0.35 
0.10 
7.17 

Gross raw materials 41.84 

By-products 

HP steam 

Total by-products 

Utilities 

Cooling water 
Steam 
Process water 
Electricity 

Total utilities 

0.775c/lb -10.32 lb 

5.4c/l,OOO gal 38 gal 0.21 
$5.44/1,000 lb 2.55 lb 1.39 
68c/l,OOO gal 1.28 gal 0.09 
3.6o/kwh 0.159 kwh 0.57 
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-8.00 

-8.00 

2.26 



Table 4.43 (Concluded) 

HYDROGEN (97 vol%, 220 psia) FROM STEAM REFORMING 
OF NATURAL GAS (CONVENTIONAL) 

PRODUCTION COSTS FOR 100 Million lb/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr) 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, 4/shift, $17.50/hr 
Maintenance labor, P%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 1.5% of BL inv 
Operating supplies, 10% of Op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, Z%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUE 

100 

30.7 

11.7 

42.4 

- 41.84 
-8.00 
2.26 

36.10 

0.61 
0.61 
0.12 

1.34 

0.46 
0.06 

37.96 

1.08 

0.85 

4.24 

44.13 

3.00 

47.13 

10.60 

57.73 
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Table 4.44 

HYDROGEN (97 vol%, 220 psia) FROM STEAM REFORMING 
OF NATURAL GAS (CONVENTIONAL) 

PRODUCTION COSTS FOR 50 Million lb/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

. Variable Costs 

Raw materials 

Natural gas feed 
Natural gas fuel 
Catalysts, adsorbent 
Misc. chemicals, utilities 
Reformer steam 

Gross raw materials 

By-products 

HP steam 

Total by-products 

Utilities 

Cooling water 
Steam 
Process water 
Electricity 

Total utilities 

Unit Cost Consumption/lb c/lb 

436cimscf 0.0504 mscf 
436c/mscf 0.03 mscf 

0.695e/lb 10.32 lb 

0.775a/lb -10.32 lb 

5.4c/l,OOO gal 38 gal 0.21 
$5.44/1,000 lb 2.55 lb 1.39 
68q/l,OOO gal 1.28 gal 0.09 
3.6c/kwh 0.159 kwh 0.57 

21.97 
13.08 
0.35 
0.10 
7.17 

42.67 

-8.00 

-8.00 

2.26 
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Table 4.44 (Concluded) 

HYDROGEN (97 vol%, 220 psia) FROM STEAM REFORMING 
OF NATURAL GAS (CONVENTIONAL) 

PRODUCTION COSTS FOR 50 Million lb/yr 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lbfyr) 50 

Investment ($ million) 

Battery limits 

Off-sites 

20.3 

7.7 

Total fixed capital 28.0 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, $/shift, $17.50/hr 
Maintenance labor, P%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 1.5% of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, 2%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, PS%/yr of TFC 

PRODUCT VALUE 

42.67 
-8.00 
2.26 

36.93 

1.23 
0.81 
0.25 

2.29 

0.61 
0.12 

39.95 

1.83 

1.12 

5.60 

48.50 

3.50 

52.00 

14.00 

66.00 

a 

0 
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Table 4.45 

a 

METHANOL FROM NATURAL GAS BY THE ICI PROCESS 

PRODUCTION COSTS FOR 728 Million lb/yr 
(Equivalent to 1,000 Metric tpd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/lb c/lb 

Raw materials 

Natural feed gas 
Natural gas fuel 
Active carbon 

Reforming catalyst 
Methanol catalyst 

Gross raw materials 

436c/mscf 0.0134 mscf 5.84 
436clmscf 0.0008 mscf 0.35 
$1.70/lb 0.00001 lb -- 

$2.00/,lb 0.00007 lb 0.01 
$4.40/lb 0.00013 lb 0.06 

6.26 

Utilities 

Cooling water 5.4o/l,OOO gal 13 gal 
Process water 68c/l,OOO gal 0.135 gal 
Electricity 3.6c/kwh 0.015 kwh 

0.07 
0.01 
0.05 

0.13 Total utilities 
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Table 4.45 (Concluded) 

METHANOL FROM NATURAL GAS BY THE ICI PROCESS 

PRODUCTION COSTS FOR 728 Million lb/yr 
(Equivalent to 1,000 Metric tpd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr) 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (c/lb) 

Raw materials 
Utilities 

Variable costs 

Operating labor, b/shift, $17.50/hr 
Maintenance labor, Z%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 1.5% of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, 2%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

G6A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25Xjyr of TFC 

PRODUCT VALUE 

728 

78.1 

29.0 

107.1 

6.26 
0.13 

6.39 

0.13 
0.21 
0.03 

0.37 

0.16 
0.01 

6.93 

0.29 

0.29 

1.47 

8.98 

0.60 

9.58 

3.68 

13.26 
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Table 4.46 

METHANOL FROM NATURAL GAS BY THE ICI PROCESS 

PRODUCTION COSTS FOR 364 Million lb/yr 
(Equivalent to 500 Metric tpd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/lb c/lb 

Raw materials 

Natural gas feed 
Natural gas fuel 
Active carbon 
Reforming catalyst 
Methanol catalyst 

Gross raw materials 

Utilities 

Cooling water 
Process water 
Electricity 

Total utilities 

436c/mscf 
436o/mscf 
$1.70/lb 
$2.00/lb 
$4.40/lb 

5.4c/l,OOO gal 
68c/l,OOO gal 
3.6o/kwh 

0.0134 mscf 5.84 
0.0012 mscf 0.52 
0.00001 lb -- 

0.00007 lb 0.01 
0.00013 lb 0.06 

6.43 

13 gal 
0.135 gal 
0.015 kwh 

0.07 
0.01 
0.05 

0.13 
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Table 4.46 (Concluded) 

METBANOL FROM NATURAL GAS BY TBE ICI PROCESS 

PRODUCTION COSTS FOR 364 Million lb/yr 
(Equivalent to 500 Metric tpd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr) 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (c/lb) 

Raw materials 
Utilities 

Variable costs 

Operating labor, 6/shift, $17.50/hr 
Maintenance labor, P%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 1.5% of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, Z%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

C&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUE 

364 

48.1 

17.8 

65.9 

6.43 
0.13 

6.56 

0.25 
0.26 
0.05 

0.56 

0.20 
0.03 

7.35 

0.45 

0.36 

1.81 

9.97 

0.80 

10.77 

4.53 

15.30 
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Table 4.47 

METHANOL FROM NATURAL GAS BY THE ICI PROCESS 

PRODUCTION COSTS FOR 182 Million lb/yr 
(Equivalent to 250 Metric tpd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable Costs 
Unit Cost Consumption/lb c/lb 

Raw materials 

Natural gas feed 
Natural gas fuel 
Active carbon 
Reforming catalyst 
Methanol catalyst 
Reformer steam 

Gross raw materials 

436c/mscf 0.0134 mscf 5.84 
436+scf 0.0017 mscf 0.74 
$1.70/lb 0.00001 lb -- 
$2.00/lb 0.00007 lb 0.01 
$4.40/lb 0.00013 lb 0.06 
0.695c/lb 0.997 lb 0.69 

7.34 

By-products 

HP.steam 

Total by-products 

0.775c/lb -2.21 lb -1.71 

-1.71 

Utilities 

Cooling water 
Process water 
Electricity 

Total utilities 

5.4c/l,OOO gal 13 gal 
68c/l,OOO gal 0.135 gal 
3.6o/kwh 0.285 kwh 

0.07 
0.01 
1.03 

1.11 
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Table 4.47 (Concluded) 

METHANOL FROM NATURAL GAS BY TEE ICI PROCESS 

PRODUCTION COSTS FOR 182 Million lb/yr 
(Equivalent to 250 Metric tpd) 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr) 

Investment ($ million) 

Battery limits 

Off-sites 

Total fixed capital 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, 6/shift, $17.50/k 
Maintenance labor, P%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 1.5% of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 

Taxes and insurance, 2%/yr of TFC 

Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUE 

182 

30.7 

11.3 

42.0 

7.34 
-1.71 

1.11 

6.74 

0.51 
0.34 
0.10 

0.95 

0.25 
0.05 

7.99 

0.76 

0.46 

2.31 

11.52 

1.00 

12.52 

5.77 

18.29 
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5 SYNGASES AND HYDROGEN BY THE 
PARTIAL OXIDATION OF VACUUM RESIDUE 

In the conversion of hydrocarbons to syngas the use of steam re- 

forming is restricted to those having carbon numbers up to the naphtha 

range (I.e., up to Cg max.) and to sulfur free feedstocks. The cata- 

lysts used in steam reforming cannot tolerate sulfur and exhibit an 

increased tendency to coke with heavier feedstocks. Gasification by a 

noncatalytic partial oxidation process was developed mainly to utilize 

the "bottom of the barrel,'* which often has high sulfur and metal con- 

tents. This process has been used to produce syngas mixtures for large 

applications such as ammonia, methanol, and hydrogen and also smaller 

uses such as 0x0 chemicals, acetic acid and carbon monoxide. The eco- 

nomics of partial oxidation relative to those of steam reforming depend 

largely on feedstock costs and the price of oxygen. Partial oxidation 

is more capital intensive, even when an air separation unit is not 

included (and the oxygen is purchased) and can only be justified when 

suitable feedstocks (usually sour and heavy residues) are available at 

an attractive price relative to the price of natural gas. In some 

exceptional situations partial oxidation has also been applied to 

natural gas and naphtha. This is when a lower H2:CO ratio is required 

than is possible with steam reforming and CO2 gas is not economically 

available to produce the desired H2:CO ratio by the steam reforming 

process. 

The cost of oxygen is important in the economics of partial oxida- 

tion and the inclusion of an air separation unit Is justified only at 

the larger capacities. The precise capacity for which captive oxygen 

generation becomes economically attractive depends on the local situa- 

tion. From data published by EPRI and Air Products Inc. (472199, 

483000) on oxygen prices and economics, we estimate that the oxygen 

consumption must be at least 1,000 short tons/day (equivalent roughly 

to 85 million scfd syngas or 1,100 short tons/day of methanol by the 
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partial oxidation of vacuum residue) to justify the inclusion of air 

separation as opposed to purchasing oxygen across the fence. 

Brief Description of Cases Examined 

We have examined the economics of partial oxidation of a high sul- 

fur vacuum residue. The composition and characteristics of the feed- 

stock are given in Table 5.1. We used a concept basically similar to 

that described In PEP Report 110, Synthesis Gas Production, issued in 

January 1977. The main process steps consist of a Texaco partial 

oxidation stage (including indirect cooling for heat recovery, and soot 

recovery and recycle) and Rectisol @-based stages for the selective sepa- 

ration of (H2S + COS) and CO2. A Claus system is included for sulfur 

recovery and Is used in conjunction with a SCOT@ (Shell Claus Off-Gas 

Treating) unit to reduce sulfur emissions in the tail gas from the 

Claus system. For the base case we set the H2:CO ratio at 2:1, which 

is similar to that of the syngas feed to a methanol plant. A high tem- 

perature CO shift system was used to effect the H2:CO ratio adjustment. 

The other cases examined are syngas with an H2:CO ratio of l:l, and 

chemical grade hydrogen. The schematic diagram in Figure 5.1 illus- 

trates the three modules. 

Table 5.1 

SOME CHARACTERISTICS OF 
ASSUMED VACUUM RESIDUE FEEDSTOCK 

Composition (wtX) 
Carbon 
Hydrogen 
Nitrogen 
Sulfur 
Ash 

Total 

83.80 
9.65 
0.31 
6.20 
0.04 

100.00 

Higher heating value = 17,344 Btu/lb 

oAP1 = 4.3 
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Figure 5.1 

SCHEMATIC DIAGRAM SHOWING PROCESS STAGES 

FOR PARTIAL OXIDATION CASES EXAMINED 
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For the base 2:l case we interposed the CO shift system between 

two acid gas removal stages, RectisolQ-I and Rectisol@-II (see Figures 

5.1 and 5.3). The first of these selectively removes (H2S + COS) along 

with some CO2 as Claus feed. Rectisol@-II removes the balance of the 

CO2 to 100 ppm in the syngas. The reason for putting sulfur acid gas 

removal before the CO shift is to make the Rectiaol@-I separation 

easier. The presence of large amounts of CO2 in the syngas renders the 

selective acid gas separation more difficult (415023). 

As shown in Figure 5.1 the arrangement for the 82 case is similar 

to that for the base case, with the difference that a low temperature 

shift and methanation stages are added. The former reduces the CO 

level to 0.4 ~01% and the latter methanates oxides of carbon to <lO ppm 

to give a hydrogen product of about 98 ~01% (dry basis) purity. 

For syngas with an H2:CO ratio of 1:l we dispensed with a shift 

system. The necesssary adjustment in the ratio is made by increasing 

the steam fed to the partial oxidation reactor. ‘This is in accord with 

published conclusions (393232) that "moderate" (10 to 15%) adjustments 

in the H2:CO ratio are more economically made by increasing the steam 

feed. (Under the standard partial oxidation conditions used for the 

2:l syngas and H2 cases, the H2:CO ratio obtained with the vacuum 

residue, of composition as detailed in Table 5.2, 1~~0.864.) 

As with the natural gas steam reforming cases covered in Section 

4, we took the scale of operation at 100 billion scf/yr (roughly equiva- 

lent to 300 million scfd, 330 operating days/yr). As in the case of Ii2 

product, the syngas purity is about 98 ~01% (CO + H2, dry basis). The 

key parameters for the three cases are shown in Table 5.2. 

The economics of the three cases cited were examined on the basis 

of information available to SRI on the capital costs of the individual 

plant sections. This information was supplemented by calculations on 

mass and energy balances. The evaluation Is therefore not as detailed 

as a traditional PEP estimate. We believe, however, that the capital 

costs are reasonably accurate and relate consistently with the other 

capital costs presented in this report. 
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Table 

KEY PARAMETERS PARTIAL 

Plant Cspacity: 300 

Partial oxidation reactor 

Temperature (OF) 
Pressure (psia) 

Oxidation product composition (vol%, dry) 

co 

H2 
CO2 
CHq 
A + N2 

H28 
cos 

Vacuum residue usage (lb/mscf) 

Oxygen/residue ratio (lb/lb) 

Feed steam/residue ratio (lb/lb) 

HP steam balances* 

Produced in heat recovery (lb/hr) 

Used (lb/hr) 

Air separation 
Partial oxidation feed 
CO shift 
Rectisol@ and others 

Total 

Balance 

Wws 
With H2:C0 
Ratio - 2 

2650 
1200 

49.91 
43.09 
4.95 
0.30 
0.22 
1.45 
0.08 

22.1 

1.07 

0.407 

849,600 

520,000 
112,340 
190,500 
154,000 

976,240 

-127,400 

5.2 

OXIDATION CASES EXAMINED 

x 106 scfd Product 

Syngas 
With H2:C0 
Ratio - 1 

2700 
1200 

45.70 
45.70 
6.54 
0.28 
0.23 
1.47 
0.08 

22.5 

1.15 

0.70 

934,000 

561,000 
194,000 

-- 

130,000 

885,000 

+49,000 

Hydrogen Product 

2650 
1200 

As for syngas 
with H2:CO 
ratio - 2 

4.32 lb/lb H2 

1.07 

0.407 

849,600 

520,000 
112,340 
760,000 
195,000 

1,587,340 

-738,360 

*Figures quoted are illustrative only. Balances shown are for HP steam alone. Other 
grades of steam (MP and LP) are also produced from the exhaust of some turbines. These 
grades of steam are totally utilized elsewhere in the process. 
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Chemistry 

The partial oxidation reaction which is carried out at elevated 

temperatures (ZOOO-27000F) may be represented by the following overall 

reaction: 

CnHmSr + 5 O2 BnCO + J!! -r 
( 1 2 

II2 + rH2S (5.1) 

The reaction is highly exothermic and becomes increasingly so with 

higher molecular weight hydrocarbons and polynuclear hydrocarbons, 

owing to the greater energy of formation of CO from C-C bonds compared 

with that from C-H bonds. 

In addition to reaction 5.1 there is some CO2 formation, resulting 

primarily from: 

co + l/2 02- CO2 (5.2) 

co + I90- -CO2 + H2 (5.3) 

both these reactions are also exothermic. The equilibrium for reaction 

5.3 determines the proportion of carbon that is converted to CO2 and 

hence the H2:CO ratio. The bulk of the hydrocarbons is consumed by the 

oxidation reaction 5.1 but a small proportion reacts endothermically 

with steam as follows: 

C*# + nws nCO+ (5.4) 

Total sulfur from the feedstock appears as hydrogen sulfide (H2S) 

and carbonyl sulfide (COS), the ratio being determined by the equilib- 

rium of the "sulfur shift" reaction. 

H2 + COS- --H2S + CO (5.5) 
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Methane and carbon (soot) are the only other compounds present in 

more than trace amounts. It has been reported that the yield of carbon 

is an empirical function of feed oxygen/oil ratio and that this yield 

is only slightly affected by other process variables (472133). The 

level of methane, the only surviving hydrocarbon in the product gas; is 

determined by the equilibrium of the reaction: 

CO + 3H 2sCH4 + H20 (5-6) 

However, in practice the methane level varies inversely with temper- 

ature, which in turn depends on both the oxygen/oil and steam/oil 

ratios (472133). It is therefore possible to independently control 

both the carbon and methane levels by these two feed ratios. Thus, 

once the methane and soot levels have been fixed, the remaining gas 

composition is readily calculated from material balances and the 

equilibrium relationships, primarily for reactions 5.3 and 5.5. In 

current industrial practice it is normal to keep the soot level to 

about 3-4X and methane at less than 1%. 

Nitrogen and argon in the product gas follow from their presence 

in the oxygen stream and the fixed nitrogen in the feedstock. A small 

fraction of the nitrogen appears in the product gas in trace amounts as 

ammonia and hydrogen cyanide. Under conditions used in partial oxida- 

tion reactors the oxygen is completely consumed. 

Characterization of Partial Oxidation Reactor Performance 

The performance of the gasifier (the partial oxidation reactor) 

has been characterized (472133) by two parameters: "cold gas 

efficiency** (CGE) and **specific oxygen consumption** (SOC), defined as 

follows: 
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CGE = Higher heating vaue of (CO + H7) produced 
Higher heating value of feedstock consumed 

sot = Normal cubic meters of pure 02 used 
Thousand normal cubic meters of (CO + H2) produced 

CGE is not a thermodynamic efficiency but merely a statement of 

yield and lies in the range of 82 to 85% for most liquid and gaseous 

feedstocks. When the heat recovered (in the steam produced)-Is - - 

included, the overall efficiency is usually 92 to 94%. 

Figure 5.2 is a graphical representation of the dependence of CGE 

on SOC for the vacuum residue feedstock assumed in our study. The 

**theoretical** curve shows the performance when carbon (soot) formation 

is zero and methane formation corresponds to the thermodynamic equilib- 

rium. The CGE's shown include an allowance for normal heat losses. At 

the right of the maxima for CGE, the efficiency decreases because of 

more complete combustion, and toward the left the fall off in effi- 

ciency is due to increased methane production (caused by the drop in 

reactor temperatures in this direction). Curves for the real situation 

where soot formation does occur are also shown in Figure 5.2 for zero, 

80%,.and 100% levels of soot recycle. The levels of unconverted carbon 

are indicated by numbers at the data points. Again, toward the right 

of the maxima, in the fuel-lean region, more complete combustion leads 

to a decrease in CGE with increased SOC. To the left (in the fuel-rich 

region) CGE decreases because of increasing soot and methane formation. 

At very low feed oxygen/oil ratios, the SOC increases again, as this is 

the ratio of oxygen to product rather than to feed. 

Since both oxygen and feedstock consumption8 represent key raw 

materials costs, the optimum point is usually slightly displaced from 

the peak CGE. When soot is not recycled, the optimum oxygen/feedstock 

ratio is on the fuel-rich side of the maxima. With soot recycle to 

extinction, assumed in our study, the CGE obtainable is higher than 

without recycle but in this case the optimum oxygen/feedstock ratio 
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shifts to the fuel-lean side of the maxima, because of the capital and 

operating costs for recycling the carbon. 

The other parameters which determine partial oxidation reactor 

performance are the steam/oil ratio and the operating pressure. 

Increasing the steam/oil ratio leads to enhanced H2:CO ratios (as 

discussed for our case with H2:CO ratio of 1:l) but lead to a higher 

SOC and a lower CGE (see Table 5.2). Increased pressures result in 

greater methane production and this implies a lower CGE for any given 

sot . Usually this effect is small compared with the other advantages; 

greater output per gasifier, lower compression power (when syngas is 

required at higher pressures), more efficient steam generation, and 

reduced costs for separation of acid gas. 

Brief Review of Processes 

Partial Oxidation Stage 

As discussed before, the noncatalytic partial oxidation of hydro- 

carbons has several advantages over the catalyzed steam reforming pro- 

cess for the production of syngas. It can use a wider range of 

feedstocks from methane to sour, heavy residues, and it can be operated 

at much higher pressures, and thus reduces the need for subsequent 

compression. 

The main commercial processes available are those developed by 

Shell and Texaco (393232, 472177, 472133, 472186). The installed world- 

wide capacity is divided about equally between the two technologies. 

Single-train capacities of ~100 million scfd are now claimed to be prac- 

tical for both processes. However, with the Texaco process, which is 

usually operated at a higher pressure (up to 1200 psia in proven commer- 

cial plants) than the Shell process e850 psia), single-train capac- 

ities greater than 100 million scfd should be feasible. The principal 

differences between the Texaco and Shell processes are in their burner 

designs and the soot recovery/recycle systems. 

In the Texaco process , partial combustion is carried out in a 

vertical combustion chamber having no internals other than a refractory 
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lining. A sophisticated control system ensures that oxygen/oil and 

steam/oil ratios are maintained within narrow limits. The hydrocarbon- 

steam mixture and oxygen are fed separately to the burner through annu- 

lar passages and the combustion occurs away from the nozzle tip to 

prevent its deterioration. In the Shell design the reactor is, again, 

a vertical pressure vessel with a refractory lining. The steam is pre- 

mixed with oxygen and intimately contacted with the atomized hydrocar- 

bon in the fuel injection region of the reactor. The oxidant enters 

the reactor as a rotating vortex around the hydrocarbon vortex spray in 

the combustion zone. The atomized hydrocarbon is heated and vaporized 

by the back radiation from the flame front and the reactor walls. 

In the cooling of the reactor effluent, Texaco offers both a 

"direct quench" (using water) and an indirect waste heat boiler. 

Texaco recommends the former (as an effective way of providing the 

necessary dilution steam) when all the product gas is fed to the CO- 

shift system as required for hydrogen and ammonia plants. In this 

system the water quench can be operated either inside the reactor or in 

a vessel adjacent to the reactor. The soot is removed from the bottom 

of the vessel in admixture with water and discharged to the soot- 

extraction system. The Texaco waste heat boiler or syngas cooler is 

essentially a heat exchanger in which high pressure steam is generated. 

No details are available for the design of the cooler used in the 

Texaco process. Shell offers an indirect cooling system which gener- 

ates high pressure steam; and the design consists of helical coils 

(through which the hot gas flows) mounted in the exchanger shell. The 

use of helical tubes and sufficiently high gas velocities minimizes the 

severity of soot deposition. 

The Texaco soot recovery consists of water scrubbing. This is 

followed by contacting the water slurry with naphtha, which preferen- 

tially wets the carbon particles, thus transferring them to the naphtha 

hydrocarbon phase. The soot-naphtha mixture is decanted from water and 

mixed with a portion of the feedstock oil and fed to a stripper. The 

naphtha is recovered overhead for recycle and the soot-oil mixture can 
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be recycled to the oxidation reactor or burnt in conventional oil burn- 

ers. One variant of the Shell system for carbon recovery and recycle, 

called the Shell Closed Carbon Recovery System (SCCRS), is essentially 

similar to the Texaco system and uses the sequence of water scrubbing, 

naphtha extraction, fresh feedstock introduction, and fractionation, to 

recovery naphtha for recycle. In addition to this system Shell also 

offers a variant which it calls the Shell Pelletixing System (SPS). 

This system is less capital intensive than SCCRS and is usually applied 

when the soot is not recycled to the oxidation reactor. It can only be 

used when a suitable pelletizing oil is available and the partial oxida- 

tion feedstock has a viscosity low enough to permit pumping at 200oF. 

In SPS the water/carbon slurry is contacted with a low viscosity oil 

(<300 cs at 200°F) in a pelletizer. The oil preferentially wets the 

soot particles and forms pellets that can be screened from the water. 

The pellets can then either be mixed with the feedstock oil and recy- 

cled to the reactor, or used separately as a fuel in a coal-fired 

boiler. The pellets can also be mixed in a separate oil for use in an 

oil burning furnace. 

Acid Gas Removal System 

For the particular feedstock (vacuum residue) chosen in our exe 

ination of the partial oxidation process, the requirements that must be 

fulfilled by a gas separation process are: selective separation of H2S 

+ COS for feed to a Claus unit and reduction of sulfur to <l ppm and re- 

duction of CO2 to about 100 ppm. Possible candidate processes are 

Rectisol@ (licensed by Lurgi and Linde) and Selexol@ (Norton Chemical 

Process Products), Adip@ (Shell), Catacarb@ (Eickmeyer) and Giammarco 

Vetrocok.e@ (Giammarco). Among these Rectisol" and Selexol@' are physi- 

cal solvent processes and the others employ "chemical solvents" (i.e., 

solvents which remove acid gas by reversible chemical reactions). A 

brief comparison of the main features of these processes has been pre- 

sented in Section 4 (see Table 4.5). At the higher pressures used in 

partial oxidation (compared with steam reforming) physical solvent 

processes can be economically applied and are generally preferred to 
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"chemical solvent** processes because of their lower energy usage in the 

regeneration step (e.g., *6000 Btu/lb-mol for Rectisol@ compared with 

>30,000 Btu/lb-mol for chemical solvent processes). We chose Rectisol@ 

primarily because of our greater knowledge of the process from earlier 

SRI studies of partial oxidation and coal gasification. An economic 

comparison between RectisolQ and Selexol@ is outside the scope of this 

study. 

Sulfur Recovery 

The Claus process for sulfur recovery makes use of the following 

reaction: 

2H2S + SO2 z33s + 2H20 

The conventional Claus plant uses a burner system to provide the 

appropriate amount of SO2 by burning H2S with air or 02. The sulfur 

recovery achieved by the process is about 95%. To minimize sulfur 

emissions, the tail gas from the Claus plant can be fed to a SCOT@ 

unit, where most of this sulfur is recovered for recycle to the Claus 

plant and tail gas sulfur emissions are reduced to less than 250 ppm. 

Process Description 

A vacuum residue based partial oxidation process for the produc- 

tion of syngas (with an H2:CO ratio - 2) is shown in Figure 5.3. As 

indicated earlier, the diagram represents an SRI concept formulated 

from published information (415023, 472133, 472186, 472187). No de- 

tailed equipment design was carried out and capital investment costs 

were derived from information available to SRI. However, we calculated 

the essential materials and energy balances. The key mass flows for 

the flow sheet in Figure 5.3 are presented in Table 5.3. 

The vacuum residue is kept in a mobile, pumpable condition by a 

steam callandria in the storage tank. It is preheated to about 5000F 
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and mixed with high pressure steam which comes from the waste heat re- 

covery boiler. The steam conditions are to 1250 psia and 800oF. Two 

centrifugal pumps in series (comprising several stages) raise the 

vacuum residue to this pressure. The steam/oil mixture is introduced 

into the partial oxidation reactor together with 02. The 02 produced 

in the air separation plant is to about 97 ~01% pure. 

The partial oxidation reaction takes place at 2600-2700OF and the 

exit pressure is to 1200 psia. The reactor effluent is cooled to 6000F - 

in a specially designed waste-heat boiler which generates high pressure 

steam of the quality indicated before. Further heat is recovered and 

utilized in heating the demineralized water. The gas leaving the heat 

recovery equipment contains the carbon formed in the reactor along with 

any ash that results from inorganic compound in the feedstock. 

The unconverted carbon in the cooled raw gas is removed by water 

washing. The extract water is then contacted with naphtha and the mix- 

ture is transferred to a decanter. The soot is transferred preferen- 

tially to the naphtha phase. The soot-naphtha slurry is mixed with 

fresh vacuum residue feedstock and fractionated in a column to recover 

the naphtha overhead, which is recycled. The residual oil/soot slurry 

is recycled to the partial oxidation reactor. The water phase from the 

decanter is stripped to recover traces of naphtha, and a major propor- 

tion of the water is recycled to the soot scrubber. The ash from the 

feedstock builds up to a steady state concentration in the oxidizer- 

feed and leaves the system with the purge water as soluble salts and 

finely divided particulate matter. 

The gases leaving the soot recovery system are processed in an 

acid gas removal system which, as described before, consists of two 

stages with an interposed CO shift reactor. The first acid gas removal 

system (Rectisol*-I) recovers the H2S + COS along with some CO2, all of 

which is fed to the Claus unit. The second, Rectisol-II, removes the 

balance of the CO2 from the gas. The raw gas leaving the soot scrubber 

at lOOoF is saturated with water. It is mixed with methanol to prevent 

icing and is then cooled in an economizer and a refrigerated heat 
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exchanger to about -6OoF and scrubbed countercurrently with methanol 

(which contains some C02, as it is taken from a downstream stripping 

stage). In this unit (the desulfurization absorber) the sulfur content 

of the scrubbed gases is reduced to Cl ppm. The acid gas rich solvent 

from this absorber is stripped in the H2S/COS regenerator. The lean 

solvent goes to the CO2 regeneration unit. 

The sulfur-free gases from the desulfurization absorber are (after 

heat exchange) split into two streams. One of these G-40%) goes 

through a high temperature CO shift reactor and the other (~60%) by- 

passes. The reactant stream is mixed with HP steam and enters the 

shift reactor at 435OF. The reactor consists of two separate catalyst 

beds and an intermediate heat exchange callandria to maintain control 

of the exit temperature atN465oF. The heat recovered from the reactor 

and from the cooling of the reactor product are absorbed in boiler feed- 

water. The shift reactor is operated at 95% CO conversion and a steam/ 

gas ratio of 0.78 mol/mol to give the desired final H2:CO ratio of 2:l. 

The reactor effluent and the bypassing stream are processed in an 

CO2 absorber/CO2 stripper system (Rectisol@-II) which operates on the 

same principles as the desulfurizer Rectisol@-I arrangement. As shown 

in Figure 5.3 there is considerable integration of the two systems with 

regard to the solvent flow. This is designed to optimize the systems 

for minimum energy usage. 
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Table 5.3 

SYNGAS (H2:CO RATIO - 2:l) BY PARTIAL OXIDATION OF VACUUM RESIDUE 

STREAM FLOWS 

Plant Capacity: 300 x lo6 scfd Syngae 

Stream Flows (lb/hr) 
(5) 

(1) (2) (3) (4) Dcki- (6) (7) 
Vacuum Oxidizer Oxidation furieed Rectieol- Syqae 
Residue* Oxygen Steam Prdduct Prdduct I Feed Pro-duct 

MO1 
wt - 

28 
2 

44 
16 
28 
40 
34 
60 
18 
12 
32 
32 

Component 

Carbon monoxide 
Hydrogen 
Carbon dioxide 
Hethane 
Nitrogen 
Argon 
Hydrogen sulfide 
cos 
Water 
Carbon 
Wwn 
Sulfur 
Ash 
Naphtha makeup* 

Total 

-- 
26,667 

-- 
- 

858 
-- 
-- 

- -- 

em 

488,203 
30,109 
76,087 
1,676 
4,890 
6,985 

17,244 
1,674 

68,534 
-- 

tr 
-- 

110 

488,203 
30,109 
40,563 
1,676 
4,890 
6,985 

-- 

303,235 
43,319 

331,228 
1,676 
4,890 
6,985 

tr 
tr 
tr 
-- 
- 
-- 

303,235 
43,319 

145 
1,676 
4,890 
6,985 

- 

mm 

-- -- 

a 

-- em 

4,032 - 

6,985 - 

-- 

231,578 
- 

17,128 
110 

-- - 

112,343 
-- 
- 
-- 
-- 

- -- 
-- - 

-- 

tr 
- 
Be 
-- 

-- 
-- 
- 

276,341 306,865 112,343 695,512 572,426 691,333 360,250 

Pre- 
Rectieol-I 
Condensate 

(9) 
Claus 
Feed 

Stream Flows (lb/k) 
(10) (11) (12) 
co 
Shift 
Steam 

Pre- 
uectisol-II 
Condensate 

De- 
sorbed 

co2 

(14) 
Recov- (13) 

Naphtha 
Wakeup 

ered 
Sulfur 

MD1 
wt - 

28 
2 

44 
16 
28 
40 
34 
60 
18 
12 
32 
32 

Component 

Carbon monoxide 
Hydrogen 

’ Carbon dioxide 
Methane 
Nitrogen 
Argon 
Hydrogen sulfide 
cos 
Water 
Carbon 
Ow3en 
Sulfur 
Ash 
Naphtha makeup? 

Total 

tr 

35.5:: 
tr 
tr 
tr 

17,244 
1,674 

tr 

33l.Ost5 
tr 
tr 
tr 
-- 

- 

-- 

- 

em 

mm 

me 

-- 

-- 

mm 

se 

16,443 
-- 
-- 

-- 

-- 

Be 

- 

-- 

- 

112,343 

-- 
-- -- 

-- 

mm 

-- 
-- 
-- 
- 

l : me 

?,375 

2,375 112,343 54,442 190,440 190,400 331,083 16,443 

*Figures show elemental C, H, S, and N in vacuum residue. 

TlJsed In soot recovery and recycle. 
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Cost Estimates 

The production cost estimates for the three cases examined are pre- 

sented in Tables 5.4 through 5.6. The unit cost for the vacuum residue 

feedstock (as characterized in Table 5.1) was taken at $20.6/bbl (equiv- 

alent to 5.65c/lb). This is an SRI estimate of typical U.S. transfer 

prices for a high sulfur vacuum residue in mid-1981. Feedstock costs 

constitute the major element, with capital-related charges being close 

behind in importance. As shown in Table 5.2 for the base case (H2:CO 

ratio = 2) and the hydrogen case there is a net HP steam deficit. For 

the case with H2:CO ratio - 1 there is a net HP steam surplus. For the 

present we have used the same unit value for this steam ($7.75/1,000 

lb) as discussed in Section 4. The key cost numbers for the three 

cases are summarized as follows: 

Syngas Smw 
With H2:co With H2:CO 
Ratio - 2 Ratio - 1 

Scale of operation 

109 scf/yr 
lblyr 

Capital invesment including air 
separation ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Cost buildup ($/l,OOO scf for 
syngas, c/lb for H2: 

Variable costs 
Product value (inc. 25% ROI) 

100 
- 

100 100 
- 506 

243.0 232.0 273.0 
85.0 74.0 95.0 

328.0 306.0 368.0 

131.7 122.1 33.5 
278.0 259.9 65.2 

98 VolX 
Hydrogen 
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As shown we used a scale of operation corresponding to 100 billion 

scf/yr (roughly equivalent to 300 million scfd, 330 operating days/yr, 

the same as we assumed for the basic cases in the steam reforming of 

natural gas. The nonavailability of data for a large range of scales 

.of operation prevented us from analyzing of the effects of plant capac- 

ity on costs in the same detail that we have done for natural gas steam 

reforming. However, we judge that a scale exponent of 0.90 would be 

appropriate for higher capacities and 0.80,for -lower capacities-down to 

100 million scfd. 
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Table 5.4 

SYNGAS (H2:CO RATIO - 2:1) BY PARTIAL OXIDATION OF VACUUM RESIDUE 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable costs 

Raw materials 

Vacuum residue 
Misc. them, utilities 

Gross raw materials 

By-product 

Sulfur 

Utilities 

Cooling water 
Steam 
Process water 
Electricity 

Total utilities 

Unit cost 

5.65C/lb 22.1 lb 
- -- 

4=54c/lb -1.3 lb -5.90 

5.4C/l,OOO gal 115 gal 0.62 
$7.75/1,000 lb 10.3 lb 7.98 
68c/l,OOO lb 8.1 gal 0.55 
3.6c/kwh 0.85 kwh 3.06 

Consumptionlmscf C/msCf 

124.87 
0.50 

125.37 

12.21 
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Table 5.4 (Concluded) 

SYNGAS (B2:CO RATIO - 2:l) BY PARTIAL OXIDATION OF VACUUM RRSIDUR 

Capacity (log scf/yr)* 

Investment ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Scaling exponents 

Production costs (c/mscf) 

Raw materials 125.37 
By-products -5.90 
Utilities 12.21 

Variable costs 131.68 

Operating labor, a/shifts, $17.50/hr 2.45 
Maintenance labor, l.SX/yr of BL inv 4.19 
Control lab labor, 20% of op labor 0.49 

Labor costs 7.13 

Maintenance materials, 1.5X/yr of BL inv 4.19 
Operating supplies, 10% of op labor 0.25 

TOTAL DIRECT COSTS 143.25 

Plant overhead, SO% of labor costs 5.70 
Taxes and insurance, 2%/yr of TFC 7.54 
Depreciation, lO%/yr of TPC 37.68 

Plant gate cost 194.17 

C&A, sales, research 12.00 

NET PRODUCTION COST 206.17 

ROI before taxes, 25X;lyr of TPC 94.20 

PRODUCT VALUE 300.37 

*Of syngas (H2:CO ratio = 2). 

*Base case. 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

50 

139.6 
48.8 

188.4 

0.80 

SFor base case; may be different for other capacities. 

PRODUCTION COSTS 

loot 

243.0 453.5 
85.0 158.6 

328.0 612.1 

0.90 

125.37 125.37 
-5.90 -5.90 
12.21 12.21 

131.68 131.68 

1.23 0.61 
3.64 3.40 
0.25 0.12 

5.12 4.13 

3.64 3.40 
0.12 0.06 

140.56 139.27 

4.09 3.31 
6.56 6.12 

32.80 30.60 

184.01 179.30 

12.00 12.00 

196.01 191.30 

82.00 76.51 

278.01 267.81 

200 
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Table 5.5 

SYNGAS (R2:CO RATIO - 1:l) BY PARTIAL OXIDATION OF VACUUM RESIDUE 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable costs 

Raw materials 

Vacuum residue 
Misc. them, utilities 

Gross raw materials 

By-product 

Sulfur 

Utilities 

Cooling water 
Steam 
Process water 
Electricity 

Total utilities 

Unit Cost Consumption/mscf Clmscf 

5.65c/lb 22.5 lb 
Be -- 

127.13 
0.45 

127.58 

4.54c/lb -1.33 lb -6.04 

5.4c/l,OOO gal 96 gal 0.52 
$7.75/1,000 lb -3.9 lb -3.01 
6&/1,000 lb a.9 gal 0.61 
3.6c/kwh 0.68 kwh 2.45 

0.57 
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Table 5.5 (Concluded) 

SYNGAS (H2:CO RATIO - 1:l) BY PARTIAL OXIDATION OF VACUUM RESIDUE 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (10' scf/yr)* 50 

Investment ($ million) 

Battery limits 133.2 
Off-sites 42.6 

Total fixed capital 175.8 

Scaling exponents 0.80 

Production costs (c/mscf) 

Raw materials 127.58 
By-products -6.04 
Utilities 0.57 

Variable costs 122.11 

Operating labor, S/shifts, $17.50/hr 2.45 
Maintenance labor, l.S%/yr of BL inv 4.00 
Control lab labor, 20% of op labor 0.49 

Labor costs 6.94 

Maintenance materials, 1.5Xjyr of BL inv 4.00 
Operating supplies, 10% of op labor 0.25 

TOTAL DIRECT COSTS 133.30 

Plant overhead, SO% of labor costs 5.55 
Taxes and insurance, 2Xlyr of TPC 7.03 
Depreciation, lO%lyr of TFC 35.15 

Plant gate cost 181.03 

G&A, sales, research 12.00 

NET PRODUCTION COST 193.03 

ROI before taxes, 25%/yr of TFC 87.90 

PRODUCT VALUE 280.93 

*Of syn gas (H2:CO ratio = 1). 

tBase case. 

SFor base case; may be different for other capacities. 

loot 

232.0 
74.0 

306.0 

127.58 
-6.04 
0.57 

122.11 

1.23 
3.48 
0.25 

4.96 

3.48 
0.12 

130.67 

3.96 
6.12 
30.60 

171.35 

12.00 

183.35 

76.50 

259.85 

200. 

432.9 
138.1 

571.0 

0.90 

127.58 
-6.04 
0.57 

122.11 

0.61 
3.25 
0.12 

3.98 

3.25 
0.06 

129.40 

3.19 
5.71 

28.55 

166.85 

12.00 

178.85 

71.38 

250.23 
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Table 5.6 

HYDROGEN (98%) BY PARTIAL OXIDATION OF VACUUM RESIDUE 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable costs 

Raw materials 

Vacuum residue 
Misc. them, utilities 

Gross raw materials 

By-product 

Sulfur 

Unit Cost 

5.65c/lb 

Consumption/lb c/lb 

4.32 lb 24.41 
we 0.15 

24.56 

4.54&b -0.257 lb -1.17 

Utilities 

Cooling water 
Steam 
Process water 
Electricity 

Total utilities 

5.4c/l,OOO gal 32 gal 0.17 
$7.75/1,000 gal 11.6 lb a.99 
6Sc/l,OOO gal 1.6 gal 0.11 
3.6c/kwh 0.235 kwh 0.85 

10.12 
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Table 5.6 (Concluded) 

HYDROGEN (98%) BY PARTIAL OXIDATION OF VACUUM RESIDUE 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr)* 

Investment ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Scaling exponents 

253 

156.8 
54.6 

211.4 

273.0 
95.0 

368.0 

0.80 0.90 

Production costs (clmscf) 

Raw materials 24.56 
By-products -1.17 
Utilities 10.12 

Variable costs 33.51 
Operating labor, S/shiftS, $17.5O/hr 0.48 
Maintenance labor, l.S%/yr of BL inv 0.93 
Control lab labor, 20% of op labor 0.10 

Labor costs 1.51 

Maintenance materials, l.S%/yr of BL inv 0.93 
Operating supplies, 10% of op labor 0.05 

TOTAL DIRECT COSTS 36.00 

Plant werhead, 80% of labor costs 1.12 
Taxes and insurance, 2%/yr of TFC 1.67 
Depreciation, 10Xlyr of TFC 8.36 

Plant gate cost 47.24 

C&A, sales, research 2.00 

NET PRODUCTION COST 49.24 

ROI before taxes, 25%&r of TFC 20.90 

PRODUCT VALUE 70.14 

*Of hydrogen. 

*Base case. 

SFor base case; may be different for other capacities. 

506t 1,012 

24.56 24.56 
-1.17 -1.17 
10.12 10.12 

33.51 33.51 
0.24 0.12 
0.81 0.76 
0.05 0.02 

1.10 0.90 

0.81 0.76 
0.02 0.01 

35.44 35.18: 

0.88 0.72 
1.45 1.36 
7.27 6.79 

45.04 44.05 

2.00 2.00 

47.04 46.05 

la.19 16.97 

65.23 63.02 

509.4 
177.3 

686.7 
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6 COAL GASIFICATION 

This section presents screening level economics for gasification 

of coal. The context for the analyses is the production of bulk chemi- 

cals from coal; cost data are presented for the large scale production 

of syngases, hydrogen, carbon monoxide, and methanol. Some general 

background on gasification is included. 

The investment estimates presented here are derived primarily from 

data published in a study (472120) by Fluor Inc. for the Electric Power 

Research Institute (EPRI).* The scheme evaluated by Fluor was for gasi- 

fying an Illinois No. 6 bituminous coal in Texaco gasifiers, with the 

Rectisol@ process being used for acid gas removal, and ICI technology 

being used for synthesizing methanol. This section examines the key 

features and costs associated with such a scheme, and its modification 

to produce syngas (of various H2/CO ratios), hydrogen, and methanol 

over a range of scales of production (See Figure 6.1 and Table 6.1). 

The separation of CO from a coal derived syngas is covered in Section 

7. A more detailed technical and economic evaluation of both Texaco 

and Winkler gasification technologies was done as part of a subsequent 

study and is presented in PEP Report 154, Coal Gasification. 

The data presented below form the basis for the modular costs for 

coal based processes incorporated into the computerized model described 

in Appendix B. 

Please note that in the present section all capacities and costs 

are per unit of (CO + H2) for syngas, and on the basis of the pure 

product content for methanol and hydrogen. 

*Continuing evaluation of gasification designs and discussions with 
industry lead. us to believe that these costs are likely to be opti- 
mistic. In the computerized data base (see Section 2) we have 
therefore allowed for a more conservative design which increases the 
syngas investment estimates by about 25%. 
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Figum 6.1 

COAL GASIFICATION MODULES(‘) 

PlUdUCh 

0.75:1 H2:CO Ratio Syngm(2) 

1 .O:l H2:CO Ratio Syngas (2) 

1.5: H2:CO ktio Sytt~as(~) 

2.0:1 H2:CO Ratio Syngas(2) 

Hydrogen (3) 

Mdilanol syngas (4) 

kthanol (5) 

Carbon Monoxide * Hydrogen (6) 

process unlh contalned in the above modules ard the mqs of capacities covered am as follows: 

Module 1 Module 2,7,8,13 Module 22 Module 27 Module 19 

Coal Pmpamtion Coal Pmparation Coal Pmpamtion Methanol Synthmis SePamtion of CO and 

Air Sepamtlon 

Coal GasificatlonQ) 

Air Separation Air Sepamtion Methanol Purifkatian 

Coal GasificationQ) 6al Gasiflcatlan (7) 
H2 by COSOR8 

COS Hydrolysis Shift Conversion High and low 

Acid Gas Removal COS Hydrolysis Temperaturn Shift 

Sulfur Recovery Acid Gar Removal Acid Gas Removal 

Sulfur Recovery Sulfur Recovery 

Methanation 

50-16CUl mllllon scfd 

(Contained CO+HZ) 

50-1600 million scM 50-1560 million scfd 600~20,oal 3-25 mllllon scfd 

(Contalned CO+HZ) Wydmgen metric tons/day Carbon Monoxide 

Methanol 

(1) Module numbers mfer to those in the SYNCOST computer prqmm. 

(2) The sygc* is delivemd at 77D pig and 86 OF. Composttiom am shown in Table 6. I. 

(3) The hydrogen is delivmd at 650 pig and 120 OF. 

(4) Metlmno smas here has an H2/CO mtio of 2.26:1 and contains 3% of CO2. 

(5) The methanol purity is 99 wt %. 

(6) see Sectlon 7. 

(7) Texaco @fir with waste heat boiler,915 psig, using Illinois No. 6 coal. Rae case sized far 10,OW 

metric tans/&y methanol equivalent. Raw bps cornpositIon shown in Table 6.1 as stmam 10. 

(8) Stman numbers in Table 6.1. 

150 



Table 6.1 

PRODUCT COMPOSITIONS AND FLOW RATES* 

(1) (2) (3) (4) (5) 
0.75:1 Syr@# 1.0:1 Syn@m 1.5:1 smam 2.0:1 Syngas Methanol 

Product Product Product Product Syngaa 
no1 
ut lb-mol*/hr ml% lb-molmfir MIA% lklnhr NDlX lb-molmlhr WolX lb-molnlhr UolX p-p------ 

Hydrogen 2 
Carbon mnoxidc 26 
Carbon dioxide 44 

Niiiogcn 28 
Arpn 40 
Hydro8m aulfidc 34 
Cmbonyl mlfide 60 
Ammo& 17 
I*thmd 32 

46 
46 

18 

Million mcfd of Co + Iif 

T-P (OF) 

Premm (p*ig) 

37,703 
5o.400 

9 
360 

7:; 
621 
tr 
tr 

2 

89,838 

802.4 

86 

770 

42.0 
56.1 
100 PP 
0.4 

0.a 
0.7 

25 PP 

100.0 

(0 
Hydroem Product 

NO1 
Ut lbpolahr ml% 

Hydrogen 2 
Carbon monoxide 26 

21.438 96.2 
- <lo PP 
- 40 PP 
297 1.3 
- - 

186 0.8 
155 0.7 
- - 
- - 
- - 
- - 
- - 
- - 
- - 
- - 
221 1.0 

22,297 loo.0 

195 

Carbon dioxide 44 
Nethmc 16 
mYEm 32 
Nitrogen 28 
k&m 40 
Hydroscn mlfidc 34 
Cmbonyl mulfide 60 
Arnold* 17 
Mcthmol 32 
Light mdm 
Hiahcr alcohols 
C&l (mf) 
Amh -- 

water (steam) 18 

Totrl 

Million scfd of Co + H2 

T-P toy) 

Prem (plig) 

120 

700 

44.095 
44.092 

9 
360 

7x; 
621 
tr 
tt 

2 

89,922 

803.2 

86 

770 

49.1 
49.0 

100 PB 
0.4 

0.8 
0.7 

25 PP 

100.0 

52.984 
35.322 

3 
360 

7:; 
621 
tr 
tr 

2 

90.041 

804.3 

86 

770 

58.9 
39.2 

100 PB 
0.4 

0.8 
0.7 

25 ppm 

- 

-- 

100.0 

(7) (8) (9) (10) 
nmlunol Carbon Honoxide Rydro~en Coproduct Clem llm Gas 

1b-a01s/hr nol% lb-mlm/hr MolX lb-molm/hr nnl% lb-mol./hr Ml% ---- ---- 

50 

918.750 
600 
700 

6.900 

927.000 

110 

At= 

99.1 
0.1 
0.1 

- 
0.7 

100.0 

1.59 0.23 
676.41 99.75 
0.07 0.01 
0.01 1.500 PF 

0.04 . 0.01 

2 <l pm 

678.12 100.0 

58.940 
29.446 

9 
360 

72; 
621 
tr 
tr 

2 

- 

90,122 

805.0 

86 

770 

65.4 
32.7 

100 PP 
0.4 

0.8 
0.7 

25 PPm 

100.0 

61,303 
27,111 
2,872 
359 

7:; 
621 
tr 
tr 

2 

- 

- 

93,015 

805.3 

06 

770 

65.9 
29.1 
3.1 
0.4 

0.a 
0.7 

25 PB 

100.0 

1.528.1 
0.8 
71.6 
9.0 

34.0 

1,643.5 

93.0 37,704 
0.05 51.189 
4.3 19;459 
0.55 383 

tr 
2.1 759 

633 
1,244 

83 
tr 
- 

-- 
-- 

- 

-- 72.109 

100.0 183,643 

810 

400 

880 

20.6 
27.9 
10.6 
0.2 

0.4 
0.3 
0.7 

- 

-- 
- 

39.3 

100.0 

*Except far .tre- 6. 8. md 9 the base c.se &mifie~tion upacity corresponds to 10.000 metric tons/day methanol equivalent. 
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Historic Development 

Fuel gas has been manufactured from coal now for close to two 

centuries. The first coal-gas company, which distributed its product 

for lighting, was chartered In London in 1812. The first U.S. company 

was chartered In Baltimore in 1816. 

In the early days coal gas (used as town gas) was produced 

entirely by destructive distillation of the coal. Subsequently this 

was supplemented with water gas (formed by alternately blowing air and 

steam through a coke bed), and producer gas (made by blowing a mixture 

of air and steam continuously through a bed of coke or coal). Varia- 

tions of this basic technology continued to be developed for the 

production of both fuel (town gas) and chemical feedstock (syngas). 

Together with the advent of tonnage oxygen plants, these developments 

culminated in commercial operation of what are now often called the 

first generation large scale coal gasification processes, namely: 

l The Winkler fluidieed bed (1927) 

s The Lurgi "fixed bed" (1936) 

l The Koppers-Toteek (K-T) entrained flow gasifier (1952). 

The year noted is that in which the first commercial plant was built. 

Kxcept for the Lurgi, these gasifiers operate at close to atmospheric 

pressure. 

With the advent of cheap oil and natural gas, interest in coal 

gasification technology generally flagged in the mid 1950s. A notable 

exception was the continued development of the Lurgi technology in 

South Africa for indirect liquid fuel production by Fischer-Tropsch 

processes. The Soviet Union as well appears to have continued with the 

development of its own versions of the Lurgi and Winkler gasifiers. 

Koppers-Totzek gasifiers also continued to be built right through to 

the 1970s. These were primarily for ammonia production in areas such 

as India and Turkey, where indigenous oil and gas are in short supply. 
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Parallel with this, the early 1950s saw the development of both 

catalytic steam reforming and partial oxidation processes for the pro- 

duction of fuel and syngas from various hydrocarbon feedstocks. Steam 

reforming of natural gas or naphtha typically turned out to be by far 

, l the most economic process for syngas production. However, in part 

because of its ability to use almost any gaseous or liquid hydrocarbon 

as a feedstock, partial oxidation remained attractive in certain cir- 

l 

a 

cumstances for large scale production of syngas or hydrogen. 

Montecatini, Shell, and Texaco all developed partial oxidation pro- 

cesses on a commercial scale. The partial oxidation reactors are, of 

course, entrained flow gasifiers. 

The Montecatini process, which operated at atmospheric pressure, 

was eventually abandoned. The Shell and Texaco processes operated at 

elevated pressures (originally up to some 30 atm). Shell, with its 

European bent, had initially focused on the gasification of residual 

hydrocarbons. Texaco started its developments in the United States 

with natural gas as feedstock, and worked on a prototype coal gasifi- 

cation process as early as the 1950s. When interest in coal was 

suddenly revived in the mid 1970s, Texaco therefore had a running start 

for extending its well established partial oxidation technology to coal 

gasification. In competition, Shell and Krupp-Koppers joined forces in 

1974 to pool their respective know-how with Shell and Koppers-Totzek 

technologies, and to develop a high-pressure entrained flow gasifica- 

tion process for coal. More recently this association has been termi- 

nated and each company is continuing development on its own. 

Meanwhile, the British Gas Corporation (BCC) was developing a 

higher efficiency slagging version of the Lurgi process, and Rheinbraun 

in West Germany was working on a pressurieed version of the Winkler pro- 

cess called, somewhat misleadingly, the High Temperature Winkler. 

The above four developments have become generally known as the 

second generation coal gasification processes. All are being piloted 

at a substantial scale, as shown below: 
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Metric Tons/Day Coal 

High Temperature Winkler 

BGC/Lurgi Slagger 

Shell/Koppers 

Texaco 

24 

350 

150 

150 

Demonstration on a commercial scale is expected by the middle of this 

decade for the Texaco and HT Winkler processes. 

In addition, more than thirty other gasifiers are estimated to be 

at various stages of development. These include "allothermal" designs, 

in which the heat is supplied from external sources rather than from 

partial combustion of the feed as in the traditional "autothermal" 

designs. A number are aimed at directly producing substitute natural 

gas (SNG) rather than syngas. The majority of these developments were 

commenced in the 1970s and, as a group, they are sometimes called 

third-generation gasifiers. As regards technological sophistication or 

potential economic attractiveness though, they are generally comparable 

with the second generation processes noted above, rather than being 

superior. Their development, however, is generally less advanced. One 

system which appears to have excellent potential for syngas generation 

is the Saarberg/Otto slag-bath (472141), an entrained flow gasifier in 

many ways similar to the Shell/Koppers gasifier. 

Technical Background 

General Considerations 

The traditional gasification of coal combines devolatilisation and 

partial oxidation. In simple terms it may be represented by: 

Coal + 02 -I; H20 -H2 -I- CO + CO2 + CH4 + ash (1) 

In high temperature cocurrent gasifiers methane is further almost 

entirely reformed to H2 and CO. In countercurrent gasifiers substan- 

tial amounts of methane and other volatiles are released directly by 

devolatilization into the product stream. 
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Cocurrent entrained flow gasifiers are in principle very similar 

to the partial oxidation reactors used to produce syngas and hydrogen 

from miscellaneous hydrocarbon feedstocks. However, as compared with 

using gaseous or liquid feedstocks, use of coal obviously presents 

special problems. barge flows of abrasive and corrosive solids must be 

handled under extreme conditions. The design of safe and efficient 

pressure feeders has proved to be particularly intractable. 

In addition, because the makeup of coal is complex and highly 

variable, different coale behave very differently both in the way they 

handle physically and in the way they react chemically. Even coal from 

a given geological formation may vary considerably. 

The ratios of H2, CO, CO2, and CH4 in a gasifier product vary only 

slightly with the type of coal, but are highly dependent on the type of 

gasification system. The amounts of oxygen and steam required vary 

both with the type of coal and the process. Some illustrative data on 

raw gas compositions are shown in Table 6.2. Comparisons with partial 

oxidation reactors using feedstocks other than coal are shown in Table 

6.3. 

When making syngas for chemical use, low H2/CO ratios (less than 

2) are typically required, and it is also of advantage to minimize the 

residual methane in the product (each mol of methane represents the 

loss of three mols of syngas). These facts tend to favor an entrained 

flow gasifier for production of syngas for chemical use. However, 

because certain types of gasifiers are inherently more suitable for 

certain coals, the optimal choice of a gasifier is rarely clear cut. 

For commercial systems, demonstrated operability may of course prove to 

be the dominating factor. 

Variability of Coal 

The main properties of coal that influence selection and design of 

gasifier systems are: 

l Caking tendencies when heated 

l Mineral (ash) content, fusion temperature, and corrosivity 
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0 Moisture content 

s Reactivity 

0 Volatiles content 

l Hetero atom content (S, N, and 0) 

0 Heating value. 

In the context of gasification, coals are often classified into 

two broad groups: 

l Bituminous coals 

l Subbituminous coals and lignites. 

Bituminous coals tend to cake and agglomerate on heating. Com- 

pared with subbituminous coals, they are of "higher rank" and usually 

have a higher heating value and a lower oxygen content. They are lower 

in moisture and less reactive (i.e., they gasify more slowly). 

Illinois No. 6, an "Eastern" coal often used for comparison is a typi- 

cal bituminous coal. 

Subbituminous coals, lignites, and brown coals are noncaking. 

They are progressively younger and more reactive than bituminous coals, 

and have higher inherent moisture levels and lower heating values. 

Their higher oxygen content is of particular advantage in gasification 

in that it reduces external oxygen requirements. This is in contrast 

to coal liquefaction processes, where oxygen is detrimental because it 

consumes hydrogen to produce water. 

In the United States, coals are often loosely referred to as 

"Eastern" or "Western." Eastern coals normally are bituminous, while 

in the West, subbituminous coals predominate, but this identification 

should not be taken for granted. Some illustrative compositions for 

North American coals are shown in Table 6.4. 
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Entrained Entrained Entrained Entrained Entrained Fluidised 
flow flow flow flow flow bed 

Aeh handling 

Coal type 

s1w3ms 

Bituminoue 

Rmi gas comporition 
(rolX, dry baeir) 

Eydrogcn 
Carbon monoxide 
Carbon dioxide 
Methane 
"itrOget, Bnd argon 
112s + cos 

33.8 
45.0 
17.6 

0.3 
1.3 
1.2 

100.0 

H2fCO retio 0.75 

ltef erence 472120 

Aeh handling 

Coal type 

Raw gae compoeition 
(~01%. dry baeia) 

Hydrogen 
Cerbon monoxide 
Carbon dioxide 
Uethane 
Nitrogen md argon 
Bps + cos 

H2/CO retio 

Reference 

Table 6.2 

TYPICAL SYNGAS COMPOSITIONS FROM VARIOUS GASIFIERS 

Teuco Shell/Roppere Shell/Koppers Saarberg/Otto Roppers-Totrek Winkler 

S1w3ing Slagging Slagging Dry ash 

Bituminour Subbitum. Subbitum. 

Slagging 

Subbitum. 

32.1 33.4 
65.0 64.5 

0.6 1.3 

0.7 
1.4 

LOO.0 

0.49 

58166 

0.5 
0.3 

100.0 

0.52 

58166 

31.0 
50.0 
LO.0 

0.5 
0.2 
0.3 

100.0 

31.6 
58.5 

8.0 

0.53 

472141 

1.2 
0.7 

100.0 

0.54 

58215 

33.8 
45.0 
15.1 

3.9 

I 
1.4 

100.0 

0.74 

b72150 

lligh Temv. liinkler u-cm Lurgi Lurgi BGC/Lurgi 

yluidized Pluidired Fixed bed Fixed bed Fixed bed 
bed bed 

Dry ash Agglomerating Dry eeh Dry aeh Slagging 

Ugnite Bi tuminou~ Bituminoue Subbitum. Bituminoue 

35.3 
51.8 

S:% 

8:: 
100.0 

0.68 

472147 

42.9 
22.8 
29.8 

3.7 

oO:f 

100.0 

30.8 
17.9 
30.8 

9.4 
2.6 
0.7 

100.0 

39.1 
18.9 
29.7 
11.9 

0.3 
0.1 

100.0 

1.43 2.17 2.07 

B-1515 472149 472142 

28.9 
54.9 

3.4 
7.9 
4.4 
0.5 

100.0 

0.53 

472149 
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Process 

Peedstock camp 

(wt%, dry) 

Carbon 
Hydrogen 

Wwn 
Nitrogen 
Sulfur 
Aeh 

C/H ut ratio 

HHV Btu/lb (dry) 

Slurry solids (wt%) 

Oxygen required 
ecflmscf (CO + B2) 

Steam/oxygen (lb/lb) 

Typical yield of CO + R2 
mscf/metric ton dry feed 

- 

100.0 

3.2 

22,630 

na 

0.3 
6.2 
0.1 

100.0 

8.7 

17,340 

ns 

276 283 278 413 

minimal 0.38 0.09 0.69* 

130 100 70 60 

Raw gas composition 
(volX, dw) 

Hydrogen 61.1 43.1 
Carbon monoxide 35.0 49.9 
Carbon dioxide 2.6 5.0 
Methane 0.3 0.3 
Nitrogen and argon 1.0 0.2 
B2S + cos - 1.5 

Table 6.3 

PARTIAL OXIDATION COMPARISONS 

g2/C0 mol ratio 

Raf erence 

Natural ve cuum Illinois Illinois 

Gas - -- Residue No. 6 Coal No. 6 Coal 

Texaco Texaco Shell/Koppers Texaco 

73.4 
22.7 
0.8 
3.1 

100.0 100.0 

1.75 0.86 

(472152) (472148) 

83.7 
9.7 

68.2 69.7 
4.8 4.9 
9.5 8.9 

::: ::: 
12.7 11.5 

100.0 100.0 

14.2 14.2 

12,380 12,670 

M 60 

32.1 
65.0 
0.8 
- 

0.7 
1.4 

100.0 

0.49 

(58166) 

33.8 
45.8 
17.6 
0.3 
1.3 
1.2 

100.0 

0.74 

(472120) 

*ifates In slurry. 

na = not applicable. 



Table 6.4 

TYPICAL COAL COMPOSITIONS AND HIGHER HEATING VALUES 

Ultimate analysis (wt%) 
Carbon 
Hydrogen 

Wwn 
Nitrogen 
Sulfur 
Ash 
Moisture 

Total 

Higher heating value (Btu/lb) 
As received 
Moisture-free (mf) 
Moisture- and ash-free (maf) 

Illinois Powder River Texas 
No. 6 Subbituminous Lignite 

62.1 49.5 40.8 
4.3 3.6 3.4 
7.9 13.3 11.1 
1.3 0.7 0.7 
3.2 0.3 0.9 
10.2 5.5 11.4 
11.0 27.1 31.7 

100.0 100.0 100.0 

11,280 8,260 7,050 
12,670 11,330 10,320 
14,310 12,260 12,390 

Temperature Constraints 

The characteristics of a gasifier are to a large extent related to 

its temperature profile. Gasification temperatures have a pervasive 

effect on: 

l Handling of the ash 

l The reaction kinetics and equilibria 

0 Materials of construction 

l Efficiency of the process. 

The interrelation of these factors can lead to severe design con- 

straints. For example, gasifiers are often classified with respect to 

the mode of ash handling, e.g., 

l Dry aeh- operated well below ash fusion temperature 

l Agglomerating ash--operated at temperatures approaching the ash 
melting point so that ash particles will soften and stick 
together. 

l Slagging ash-operated with a molten slag. 
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Coal ash fusion temperatures are typically about 2100°F (1150°C), but 

may vary over a wide range, 2000-28000F (llOO-15OOoC). The ash fusion 

temperature (or more specifically the initial deformation temperature) 

therefore is a key factor in gasifier design and in matching a coal to 

a gasifier. 

At temperatures below 18000F (1OOOoC) high coal conversion becomes 

increasingly difficult to achieve. Also, as discussed in Section 4, 

methane formation starts to become appreciable at lower temperatures. 

Dry ash gasifiers thus tend to operate at lower carbon conversion and 

produce significant amounts of methane. 

In slagging gasifiers of the entrained flow type the maximum tem- 

peratures typically are 2400 to 2700OF (1300 to 1500°C). High coal 

conversion is therefore readily achieved. However, heat recovery in 

the erosive, corrosive, and potentially highly fouling environment 

becomes critical for good thermal efficiency. 

Gasification Pressure 

The economics of gasification systems operated at elevated pres- 

sures (15 atm plus) normally are much more favorable than those for 

systems operated close to atmospheric pressure. For chemical synthe- 

ses, the syngas is almost invariably needed at elevated pressures (see 

Section 3) and the costs of compression can represent a fairly severe 

penalty. For example, compression of syngas from 1 atm to 70 atm 

requires about 20% of the energy contained in the gas, while compres- 

sion from 35 atm to 70 atm requires less than 4%. 

Also, increased throughputs per unit volume of gasification and 

downstream equipment reduce capital requirements. A major reduction in 

plot and equipment sizes is that associated with removing ash entrained 

in the raw product gas. Low pressure processes typically require large 

numbers of cyclones followed by wash towers and electrostatic precipi- 

tators for final clean-up, together with a large surge gas holder. 
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These items take up a very large portion of the process area. Pres- 

surieed processes, in contrast, are able to remove ash to the same 

level with, for example, much smaller and cheaper venturi scrubbers. 

There are, obviously, also disadvantages to operating at pressure. 

Oxygen is expensive to compress, and some of the gasification reactions 

show an adverse pressure dependence. Methane formation tends to in- 

crease with pressure, which is a minus for syngas production. Increas- 

ing pressure also makes feeding of the coal into the reactor more 

difficult. The most common of the dry feed systems, the lock hopper 

system, has been operated successfully only at pressures less than 40 

atm. For pressures higher than this, the only currently proven method 

is to feed a coal slurry, which entails additional penalties (see 

below). 

The optimum pressure is likely to differ for each application. 

Reference 472041 suggests that the optimum pressure is likely to be 

between 15 and 35 atm, and closer to the upper level for syngas appli- 

cations. References 472043 and 472113 detail a trade-off study to 

identify the optimum gasification pressure for ammonia production by 

Texaco gasification. The study indicated that in this instance the 

optimum may be closer to 75 atm but that the cost-versus-pressure curve 

is relatively flat around the optimum. 

Flow Characteristics 

The primary classification of gasifiers is typically according to 

their flow characteristics. The three major types are: 

l Fixed bed 

l Fluidixed bed 

l Entrained flow. 

As it turns out, the three commercial first generation gasifiers, 

the Lurgi, the Winkler, and the Koppers-Totsek, each represent one of 

these types respectively. The Winkler process was, in fact, one of the 

first commercial applications of the fluidized bed concept. The fixed 

and fluid bed reactors have, of course, found wide application in the 
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petrochemical industry for reactions employing heterogeneous cata- 

lysts. A difference in coal gasification is that the solid bed itself 

comprises one of the prime reactants. 

Schematic illustrations of the reactor types are shown in Figure 

6.2, together with the temperature profiles typically encountered in 

some real versions of these gasifier types. Some of the general charac- 

teristics are compared in the Table 6.5. The references noted in the 

table typically give a description of the process and the developer's 

status report on developments. For excellent capsule descriptions and 

critiques of most of these processes, see Shires (472146). Some sali- 

ent features of the main gasifier types are highlighted in the follow 

ing pages. 

Flov and nixing patterns 

Coal feed 

Coal residence time 

Capacity 

Methane in product 

Ash handling 

Examples 

Table 6.5 

GASIFIER CHARACTERISTICS 

Fixed Bed 

Countercurrent, 
plug flow of 
solids 

Lumps, no fines 

Rours 

LOW 

Wh 

Dry ash or 
slagging 

Lurgi (472093, 
472149, 472147) 

BGC/Lurgi 
(472149) 

Fluid Bed 

Countercurrent, 
well-mixed 
solid phase 

Crushed, some 
fines 

Minutes 

Medium 

Moderate 

Dry or agglom-' 
erating ash 

Winkler (472147, 
472150) 

RT Winbler 
(472149, 472147) 

Westinghouse 
(472123, 472149) 

U-Gas (472149, 
472147) 

Entrained Flow 

Cocurrent 

Powder 

Seconds 

High 

LOW 

Slagging ash 

Rappers-Totzek 
(58215, 472147) 

Texaco (472149, 
472147) 

Shell-Koppers 
(472149, 58166) 

Saarberg-Otto 
(472149, 472141) 
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Figure 6.2 

MAIN GASIFIER TYPES AND ILLUSTRATIVE TEMPERATURE PROFILES 
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Recently Shell and Krupp-Koppers terminated their associations and 

each company is continuing development on its own. The Shell technol- 

ogy will be known as the Shell Coal Gasification Process (SCGP). 

Fixed Bed 

In "fixed" bed gasifiers, there is no mixing of the solid phase 

but the whole bed moves slowly downward. In all the types developed to 

date, steam and oxygen are injected at the bottom and flow counter- 

currently to coal fed at the top, The coal thus passes successively 

through zones where the principal reactions are in turn drying, 

devolatilisation, gasification, and combustion (see further below for 

details of specific reactions). Successive zones operate at increas- 

ingly higher temperatures. Depending on the amount of steam fed, the 

gaeifier can be operated in either a dry ash mode (e.g., the commercial 

Lurgi) or a slagging ash mode (e.g., the developmental BGC/Lurgi). 

With coals of low reactivity the dry ash fixed bed pays a penalty in 

that very large amounts of steam are needed for temperature moderation. 

This also results in a high Q/CO ratio in the product gas (see sub- 

section on stoichiometric constraints). 

Another constraint on the fixed bed operation is that it does not 

readily accept coal fines in any appreciable quantity. Since modern 

mining methods produce as much as 40050% fines this can be a serious 

disadvantage; also handling of caking coals is problematic in fixed 

beds. 

An inherent feature of the countercurrent mode of operation is the 

in-situ heat exchange between feed and product. This improves thermal 

efficiency of the process but the devolatilieation associated with it 

gives a product containing substantial levels of methane and tars. The 

need to process or reinject the tars is normally a detriment. For 

high-volatile, high-moisture lignites, condensation of the tars within 

the bed itself may also cause problems. Methane production on the 

other hand is highly desirable if the gas is to be used as a fuel or 

for conversion to SNG, but usually represents an economic penalty if 
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the end use of the gas is a chemical synthesis in which methane is 

inert. 

The ideal application of fixed bed types would thus be for fuel 

gas production at a site where coal fines can also be used (e.g., for 

boiler fuel). Subbituminous coals are likely to be optimal for the dry 

ash type, while a slagging type also economically processes coals of 

lower reactivity. However, because its prime example, the Lurgi dry 

ash process, is currently the only high pressure gasification process 

which has been well proven on a commercial scale, its application in 

less than ideal circumstances may nevertheless make sense. 

Fluidized Bed 

In a fluidised bed gasifier, crushed and sieed coal is introduced 

together with stesm and oxygen into a fluidized bed of char. The bed 

is highly back mixed and the coal undergoes drying, devolatilization, 

gasification, and combustion at an essentially uniform temperature. 

The temperature level in the bed is maintained below the fusion temper- 

ature of the ash (i.e., typically below 18000~). The fluidieed bed is 

therefore inherently a "low temperature" gasifier with a limited resi- 

dence time. High conversions of carbon (greater than 90%) are diffi- 

cult to achieve. It is thus best suited for highly reactive coals such 

as the lignites. 

Even in the H'l' Winkler process being developed by Rheinbraun, 

operating temperature remains relatively low (ca llOOoC), and the 

development is still keyed to gasifying lignite--the somewhat higher 

temperatures are achieved by adding limestone to raise the softening 

point of the ash. 

Other developments of the fluid bed concept, i.e., the U-Gas pro- 

cess and Westinghouse process, aim at increasing carbon conversion by 

increasing residence time of the ash. These are operated at slightly 

higher temperatures and depend on rather intricate hydrodynamic design 

to soften, agglomerate, and separate the ash. 
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An attractive feature of the fluidieed bed is that the large inven- 

tory of carbon in the bed provides operational stability and ease of 

control. The penalty of low carbon conversions is also in part compen- 

sated by easier materials selection for the lower temperatures. Hence, 

for lignites, which are inherently attractive gasification feedstocks 

but present problems in some other types of gasifiers, a second genera- 

tion fluid bed gasifier could be an optimal selection. 

Entrained Flow 

The entrained flow gasifiers are characterized by a flame-like 

high temperature reaction. The residence times of the coal are of the 

order of seconds, flow velocities are high, and the product contains 

entrained molten ash. 

The coal is entrained as a dilute suspension in the flowing gas 

and the mechanics of the process are thus well suited to handling coal 

fines. Caking coals present no special problems. The least ideal 

coals are those with high ash fusion temperatures. These may require 

unacceptably high operating temperatures, or use of fluxing agents. 

The high temperature operation destroys the tars and volatiles, 

and the methane content of the product is very low. A very "clean" 

syngas can thus be produced from a wide range of coals. 

There are naturally problems associated with the fairly extreme 

conditions of operation. The molten slag is both corrosive and erosive 

and attacks the refractory lining. Developing refractories with ade- 

quate life (e.g., longer than 6 months) has been a key problem. 

For good thermal efficiency, the heat in the raw gas needs to be 

recovered at as high a temperature as possible. This heat recovery has 

to be done in conjunction with cooling, solidification, and removal of 

the slag from the gas streams. Quenching of the raw gas with either 

cold gas or water to solidify the slag before heat recovery is the 

simplest option, but by lowering the temperature of the steam gener- 

ated, it lowers the thermal efficiency of the process. Use of radiant 

heat boilers instead of a quench for initial cooling of the gas and 
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slag is much more efficient, but substantially increases the complexity 

and the cost of the gasifier. Both types of systems are under active 

development, but the detailed arrangements are generally kept proprie- 

tary. 

Because the entrained flow gasifier has a very low coal holdup, 

accurate metering and control of the coal and oxidant feeds is critical 

for safe operation. Development of systems for feeding dry coal powder 

into the reactor under pressure has been one of the least tractable 

aspects of entrained flow gasifier development. To date, satisfactory 

operation and control of dry feeding appears to have been achieved only 

with large and rather complex lock-hopper systems. The alternative of 

feeding the coal as a water slurry (as in the Texaco process) is much 

more attractive from an operability standpoint, but typically entails 

some penalty in terms of thermal efficiency (see below). For lignites, 

which typically have an intrinsically high moisture content, the eco- 

nomics of slurry feeding may be particularly adverse. 

In general, because the entrained flow gasifiers can readily gas- 

ify a wide variety of coals to produce a syngas that is without tars, 

is low in methane, and has a low H2/CO ratio, they are inherently well 

suited for the production of feedstocks for chemical syntheses. 

Stoichiometric Considerations 

As Wei (472145) points out, **Despite a bewildering variety of coal 

gasification systems and the complexity of reactions that take place in 

them, the gaseous product distributions are severely constrained by 

reaction stoichiometry and thermal balance considerations.** Even a 

brief examination of some of these constraints is thus revealing. It 

is fairly readily seen, for example, that operation with low &/CO 

ratios in the product favors thermal efficiency, or that the yield of 

syngas (H2/CO) is determined by coal composition and oxygen consump- 

tion, but does not directly depend on the amount of steam fed. 

We take a brief look at some simplified heat and mass balance con- 

straints below. For a detailed analysis, see Shinnar (472041). For a 
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method of manually calculating the complete heat and mass balances 

around a gaeifier, see the early work of Edmister et al. (472121). Com- 

puter simulations of various gasifiers have also been developed (see, 

for example, reference 472012), but the details of these models are 

generally kept proprietary. 

Considering only the carbon in the coal, equation (1) above is 

generally taken to represent the net result of the principal reactions 

shown below (472041). The heats of reaction are shown in kcal/g-mol at 

650°K (710°F), a negative sign indicating an exothermic reaction. (To 

obtain values of AH in Btu/lb-mol, multiply by 1,800.) 

Coal combustion: 

c + l/2 02-co 

c + 02 -co2 

Coal gasification: 

C + H20 -CO + H2 

c + co2~2cO 

c + 2H2acH4 

Gas combuetions: 

H2 + l/2 02- H20( 8) 

co + 112 02'CO 2 

Gas reactions: 

CO + 82O;ic--=- H2 + CO2 

CO + 3H2mClQ + H20 

AH * -26.4 (2) 

AH - -94.1 (3) 

AH = +32.2 (4) 

AH - +41.4 (5) 

AH - -20.2 (6) 

AH - -58.6 (7) 

AH - 67.8 03) 

AH - -9.2 (9) 

AH - -52.4 (10) 

Only four of the above are independent when the products are E2, CO, 

CO2, and CH4, and only three if no CH4 is produced. Equation (9) is 
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the water-gas shift reaction, and equation (10) is the reverse of the 

methane/steam reforming reaction. 

Considering the case in which no methane is produced, the gasifi- 

cation system is constrained by mass balance, as shown in Figure 6.3. 

The four corners of the shaded trapezium are defined by choosing (2), 

(3)s and (4), as the independent equations, together with reaction 

C + 2H20 -CO2 + 2H2 AH - +23.0 (11) 

which is the sum of (4) and (9). Chemical equilibrium is not consid- 

ered here. 

Point X on the diagram, for example, shows that 50 mols of carbon, 

20 mols of oxygen, and 30 mols of steam could react completely to CO, 

co2, and H2, whereas point Y with 65 mols carbon, 20 mole of oxygen, 

and 15 mole of steam cannot react to completion because too much carbon 

is present to satisfy any combination of the reactions above. 

In a hypothetical adiabatic gasifier, where no heat is lost or 

added, the heat required by the endothermic gasification reactions (4) 

and (10) is supplied by the combustion reactions (2) and (3). Balanc- 

ing of these respectively further constrains the stoichiometry to lie 

along the "thermally balanced line" AB in Figure 6.3. For inlet and 

outlet streams at TOOoF, the equations for points A and B correspond 

to: 

C + 0.28 02 + 0.45 H20 -CO + 0.45 H2 (12) 

C + 0.20 02 + 1.61 H20- CO2 + 1.61 Hp (13) 

The composition of the product varies greatly along line AB and is 

represented by line EF in Figure 6.4. l'he equation of EF is given by: 

HZ/CO = 0.45 + 1.61 CO2/CO (14) 
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Figure 6.3 

FEED STOICHIOMETRIC AND ENERGY CONSTRAINTS ON GASIFICATION REACTIONS 

(Without Methane Fomtation) 

(10) 

. 02“ v v v v v v v v : \/ v v \ , . \ ., . v . v . . . v . , . v 
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Figure 6.4 

PRODUCT STOICHIOMETRIC AND ENERGY CONSTRAINTS 

co 

L .A A-4 
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The minimum HZ/CO ratio attainable Is thus 0.45, corresponding to opera- 

tion at point A. At point B, the product is all R2 and C02. 

When inlet and outlet temperatures are the same, the thermal effi- 

ciency of a gasifier operating at a point on line A8 is 100%. However, 

if one takes into account the energy needed to prepare and heat the 

steam and oxygen, the overall thermal efficiency of the process drops 

in proportion. Shinnar (472041) has made some illustrative calcula- 

tions on this for a gaaifier operating at a pressure of 400 psia with a 

700'F inlet and outlet temperature. At these conditions, producing one 

mol of oxygen requires 4.1 times as much energy as producing one mol of 

steam. From equations (12) and (13) it follows that in moving from 

point A to point B, 0.08 mol less oxygen ie required, while 1.16 mols 

more steam are used per mol of carbon. The energy required at point B 

is thus more than that required at point A by the equivalent of 0.83 

mol of steam (1.16 - 0.08 x 4.1). In absolute terms the overall ther- 

mal efficiencies for points A and B are 81% and 72% respectively. 

As a generalieation, therefore, operation nearer point A with a 

low steam to oxygen ratio, and correspondingly a low H2/CO product 

ratio, favors thermal efficiency. This is likely to apply even if in 

end use syngas is required with a high H2/CO ratio. In such a case it 

is normally more efficient to use an external shift reaction to adjust 

the HZ/CO ratio upward, rather than to shift within the gasifier 

itself. The latter in effect entails cornbusting coal with oxygen to 

produce steam at the maximum temperature in the gasifier, and is 

unlikely to be optimal. 

The much lower CO2 content of the raw syngas is normally an addi- 

tional advantage for a gasifier operating near point A. Besides reduc- 

tion of the overall acid gas removal requirements, H2S removal and 

sulfur recovery may be simplified at low CO2 levels. 

To the left of lines AB and EF (Figure 6.4), the outlet stream Is 

hotter than the inlet, and to the right the outlet stream is cooler 

than the inlet. In practice the outlet stream is usually hotter than 
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the inlet and the operation lies to the left of lines AB and EF 

respectively. 

The effect of gasifying a coal with a nominal composition of CH, 

(typically n - 0.6 to 0.9) rather than char, would be to shift the oper- 

ating point to the right. Wei (472145) notes that, in practice, the 

raw gas compositions from a wide variety of gasifiers do in fact usu- 

ally lie quite close to the thermally balanced line. The composition 

for the raw gas used in the Texaco gasifier design detailed further 

below, fits this pattern (see Figure 6.4). 

The kinetic constraints on the reactions vary markedly with the 

type of gasifier. However, all of the oxygen fed is normally consumed 

since the combustion reactions (2) and (3) are in essence irreversible 

and proceed much more rapidly than the gasification reactions. The 

water gas shift reaction is fast and normally attains equilibrium. 

However, an excess of steam over the stoichiometric amount is generally 

needed for temperature moderation and to push the carbon-steam reaction 

to completion. 

For conditions producing little methane, the net overall stoichio- 

metry of the gasification process can therefore be approximated by the 

equation: 

cs + PC2 + qH20 - aC0 + bH2 + cH20 + dCO2 (15) 

From material balances for the elements, it readily follows that the 

yield of syngas (CO + H2) is given by: 

(a + b) - 2 +=- 2p 
2 (16) 

It is interesting that the yield of syngas is thus determined by the 

oxygen consumption (p) and the H/C ratio of the feed (n) but is 

independent of the amount of steam fed. For a given reaction tempera- 

ture, however, the oxygen requirement is related directly to the steam 

fed. Similarly high moisture, high ash content, and low heating value 
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of the feed all increase the oxygen requirement and at the same time 

reduce the yield of syngas. 

In practice, the yield of syngas is always slightly lower than the 

value calculated from equation (16) because of the incomplete conver- 

sion of carbon, the formation of methane, and the production of H2S and 

COS from sulfur in the coal. It will be a good first approximation for 

high temperature, entrained flow gasifiers, where kinetic limitations 

are minimal and the equilibrium concentration of methane is small. How- 

ever, syngas yields are substantially lower for countercurrent gasifi- 

ers, where methane is released from devolatilisation, or for gasifiers 

operating below ash fusion temperatures when direct methane formation 

becomes appreciable. The Lurgi dry-bottom gasifier, for example, being 

countercurrent and operating at low temperatures produces raw gas 

containing more than 10% methane. The methane in a Shell/Koppers 

entrained flow gasifier on the other hand is essentially eero. 

Some illustrative data on oxygen requirements and syngas yields 

for high-temperature entrained flow gasifiers are given in reference 

472035 and are reproduced in Figures 6.5 and 6.6. These were derived 

for a gasifier fed with a low sulfur Southern Appalachia coal and 

operating with a combustion zone exit temperature of 2800OF. 

Figure 6.5 illustrates the effect of coal heating value on coal 

and oxygen requirements. The data were derived by varying heating 

value at a constant coal composition, while in practice the heating 

value would in fact be a function of the coal analysis. Heating values 

of 11,000 Btu/lb (dry basis) or less are usually obtained with sub- 

bituminous coals and lignites (see Table 6.4). Heating values above 

13,000 Btu/lb would correspond to preheated feeds. The penalty in 

terms of yield becomes increasingly severe as the heating value drops. 

Despite the disadvantage of their somewhat lower heating values, how- 

ever, subbituminous coals and lignites can nevertheless be quite 

attractive gasification feedstocks. Their higher oxygen and volatiles 

contents compensate in part for the lower heating values, and their 

higher reactivities and noncaking properties may offer substantial 
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Figure 4.5 
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Figure 6.6 
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advantages in certain types of gasifiers. In addition, subbituminous 

coals and lignites are more frequently amenable to surface mining and 

thus are typically cheaper than higher rank coals. 

For example, subbituminous coals are far better suited for the dry 

ash Lurgi gasifier than are the less reactive bituminous coals, and the 

comparisons which are often made on the basis of Illinois No. 6 show a 

bias against this gasifier. The reason for this is as follows 

(472041): The combustion reactions (2) and (3) above are much faster 

than the endothermic gasification reactions (4) and (5). Therefore a 

very high local temperature is obtained where the combustion takes 

place. In the dry ash Lurgi, heat has to be removed to keep the tem- 

perature below the melting point of the ash, and a large excess of 

steam is used as a heat transfer medium to move this heat out of the 

combustion cone into the gasification zone. If the coal is more reac- 

tive, reactions (4) and (5) proceed to a larger extent inside the 

combustion eone, and the resultant cooling reduces the steam require- 

ments by up to some 40%. In addition caking coals are inherently less 

well suited to a fixed bed gasifier. 

Figure 6.6 illustrates the effect of using a water slurry to feed 

the coal. The data are calculated for an entrained flow gasifier oper- 

ating at 28000F and fed with a low sulfur Appalachian coal. The higher 

heating value of the coal is taken as 12,840 Btu/lb on a dry basis. 

The curve clearly illustrates the importance of being able to operate 

with high solids content in the slurry feed. Lignite8 normally have a 

high inherent moisture level and, unless specially treated, they also 

reabsorb water to high levels if dried and then slurried. They are, 

therefore, inherently not well suited for gasification in a slurry fed 

gasifier such as the Texaco. Pretreatment techniques for high moisture 

coals are under development, but pretreatment may not prove to be the 

most economic choice. For coals which can be readily slurried and fed 

at high solids concentrations (greater than 60 wt% solids), on the 

other hand, the penalty paid in terms of thermal efficiency may well be 

outweighed by the operability and safety advantages associated with a 

water slurry feed for high pressure gasification. 

a 
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Selection of Base Case for Cost Evaluation 

The cost data presented in this section are keyed to: 

l Illinois No. 6 bituminous coal. 

l Texaco gasification, Rectisol@ acid gas removal, ICI methanol 
process. 

a U.S. Gulf Coast construction costs. 

a Capacity equivalent to 10,000 metric tons/day of methanol. 

The scope of the present study did not permit extension of the 

detailed analysis to other coals, or to other gasification and down- 

stream technology. Rowever, the data are broken down in sufficient 

detail so that factors can be applied to estimate the cost impact of 

using other coals, process variations, or locations. Some broad 

guidelines are given later. Similarly, in the computer program for 

estimating and projecting product costs (Appendix B) the user can 

readily change the default values for capital and operating costs to 

examine sensitivities, and in effect examine also the costs of other 

gasification schemes. Some comments on the rationale for selecting the 

base case are noted below. 

In practice, choice of the overall process scheme is influenced by 

the end uses for the gas and the scale of production. As discussed in 

Section 3, current chemical uses comprise a mixture of small operations 

such as 0x0 synthesis, medium scale operations such as acetic acid 

manufacture, and the large scale production (in chemical terms) of the 

primary syngas products, methanol and ammonia. Production for these 

various uses may be integrated to various degrees. Well publicized 

process developments on the horieon range from the medium scale, e.g., 

acetic anhydride, to the very large scale, e.g., ethylene via methanol 

or directly from syngas (see PEP Review 80-3-2). For a world-scale 

plant for ethylene, the syngas requirement in terms of methanol equiva- 

lent (ca 10,000 metric tons/day) would be roughly an order of magnitude 

larger than that for a typical existing methanol plant. One is here 

thus approaching the scale of production mooted for "mega" methanol and 

SNG plants for fuels production. Given the latter, one can, of course, 
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refine the raw fuels products for chemical synthesis. In such a case, 

the rationale for syngas process selection and the associated economics 

could differ substantially from those in which syngas production is 

dedicated to chemical syntheses. 

To set some practical limits on the present scope, we decided to 

aim at developing screening level economics which form a continuum 

across the middle ground in terms of scale (i.e., greater than that for 

0x0 synthesis but lower than that for the mega complexes), and relate 

to facilities dedicated to producing syngas for chemical uses (i.e., we 

avoided as far as possible the added complications of assigning values 

to other chemical and fuels coproducts). 

As discussed earlier in this section, entrained flow gasifiers pro- 

duce a syngas that has no tars, is low in methane, and has a low H2/C0 

ratio. This, combined with their ability to use coal fines, makes 

these gasifiers inherently well suited for the production of feedetock 

for the chemical synthesis in the above context. The status of candi- 

date technologies for such gasifiers here appears to be as follows: 

Koppers-Toteek (atmospheric, dry feed) Operated on a commercial scale 
for ammonia synthesis 

Texaco (pressure, slurry feed) Several large pilot units in 
operation 

Demonstration plant under con- 
struction 

Shell-Koppers (pressure, dry feed) 

Saarberg-Otto (pressure, dry feed) 

Advanced large scale pilot 
development 

Large scale pilot development 

The Koppers-Totsek process is in commercial operation in South 

Africa (472190), India, and elsewhere, and has also recently been 

chosen by the Tennessee Valley Authority (TVA) for its proposed 

commercial-scale coal gasification facilities at Murphy Hill, Alabama 

(472191). However, the disadvantages of operating at atmospheric 

pressure (see above) make it an unlikely competitor for the medium or 

longer term. 
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In terms of efficiency and the range of processable coals, the 

Shell-Rappers and Saarberg-Otto pressurized, dry feed, entrained flow 

gasifiers (PDEG) are the most attractive. However, the Saarberg-Otto 

process is in a relatively early stage of development. The Shell- 

Rappers process has undergone extensive large pilot unit (150 tons/day) 

testing, and proposals have been made for its commercialieation 

(472192). A PDEG could, therefore, be demonstrated on a commercial 

scale in the latter half of this decade. However, the published infor- 

mation and the analysis regarding the Shell-Rappers technology are 

rather limited; resolution of one of the most intractable problems, the 

development of an efficient pressurieed dry-feed system suitable for 

commercial operation, may still be some way off. (As noted earlier, 

Shell and Rrupp-Rappers recently terminated their association, and each 

company is continuing development on its own.) 

Of the pressurieed entrained flow developments, the Texaco technol- 

ogy, which feeds coal as a water slurry, has progressed the furthest. 

Variations of this technology have been successfully piloted on a 

substantial scale (greater than 150 tons/day, greater than 6,500 hr) by 

Ruhrkohle AG/Ruhrchemie AG (RAG/R(X) (472153) and Dow (472194). Con- 

struction of a demonstration plant to gasify some 1,000 tons/day of 

coal (472071, 472149) is proceeding at the Cool Water generating sta- 

tion in Barstow, California. The latter is a project to demonstrate 

integrated gasification/combined-cycle (IGCC) technology for electric- 

ity generation. The project is being undertaken by a consortium com- 

prising Southern California Edison, EPRI, Bechtel, General Electric, 

and Texaco. They have been recently joined by a Japanese group which 

includes Tokyo Electric, Toshiba, IHI, and Japan's Central Research 

Institute (472189). Texaco gasifiers of a similar size are under con- 

struction as part of Tennessee Eastman Company's commercial venture to 

produce acetic anhydride from coal derived syngas (472211) - see 

Section 3. 

It should be noted that on another pilot project using Texaco gasi- 

fication technology, namely, the TVA unit at Muscle Shoals, Alabama, 

the gasifier as originally designed and installed was not operable. 
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The problems here related primarily to the slag removal system 

(472193): However, the impression we gained during a visit there is 

broadly in line with the claim of Texaco, namely, that "the problems 

are not fundamental to the process; it's the way the plant is put 

together" (472195). AS of May 1982, we understand that a redesign of 

the slag removal system has been implemented, and a number of test runs 

lasting Several days have been SUCCeSSfUlly carried Out. 

We believe that the costs keyed to Texaco gasification are con- 

servatively representative of what might be expected by 1990. Another 

advantage to our selecting Texaco technology is the large number of 

openly published technoeconomic studies (for projects using such gasi- 

fiers) which have been carried out by major contractors for the U.S. 

Department of Energy and EPRI. Availability of a selection of well 

honed designs and estimates by contractors with experience in this area 

increases confidence in the numbers. 

Acid gas removal and sulfur recovery systems typically account for 

up to 20% of the gasification system investment. For sulfur recovery, 

a Claus plant with a tail gas treating unit is normally chosen. Its 

use is contingent on separating a stream sufficiently rich in H2S in 

the acid gas removal section. Selective adsorbtion/desorbtion of the 

H2S and CO2 normally ensures the latter. Choice of the optimum acid 

gas removal process does not appear to be clear-cut, but the RectisolB 

(Linde and Lurgi) and SelexolQ (Norton Company) selective physical sol- 

vent processes have been the ones most commonly specified in proposed 

gasification designs. The Rectisol@ process, which uses refrigerated 

methanol as a solvent, is commercially well established in coal gasifi- 

cation and other systems. It has a successful history of protecting 

sulfur-sensitive catalysts such as those used in methanol systems. 

Costs associated with it should therefore be representative for our 

general case. 

Illinois No. 6 coal as the feedstock and the U.S. Gulf Coast as 

the manufacturing location, are advantageous choices because both have 

in many ways become standard reference points and are used widely as 
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basis for comparison. It could be argued that despite this advantage, 

the combination departs too far from anticipated reality-that because 

of the expense of transporting coal, gasification complexes will most 

likely be located at the mine. We are not altogether convinced of 

this. Gasification economics are highly capital intensive and the 

extra costs and problems of setting up in a remote location, together 

with the transport costs of the product, could negate the advantages of 

the cheaper coal. Thus, particularly for chemicals production, an 

established manufacturing location could be the most economic site. In 

any case, values are here assigned to coal price and location factor, 

in effect, for illustration only. 

The most recent in a series of studies for EPRI by Fluor Inc. 

(472120) presented technoeconomic data well fitted to the criteria for 

our base case. Fluor evaluated the production of methanol at a scale 

close to 10,000 metric tons/day from Illinois No. 6 bituminous coal 

with Texaco coal gasifiers, Rectisol@ acid gas removal, and ICI 

methanol synthesis. Fluor’ evaluation was based on design data sup- 

plied by both Texaco and ICI for their respective units, and on design 

and cost data supplied by Lotepro for the Rectisol@ process. Both tech- 

nical and economic data were presented in sufficient detail to enable 

breaking out costs of syngas manufacture per se. We therefore used 

reference 472120 as the source of our base case numbers. The base data 

were adjusted for a slightly different scale and scope and the costs 

were also escalated forward to 1981. In addition we adjusted the 

design to vary the H2/CO ratio, and scaled the costs by section to 

arrive at overall costs for lower capacities. 

Base Case Design-Methanol from Coal 

Overall Plant Design 

A block flow diagram of the facility is shown in Figure 6.7 (fold- 

out at end of report). For process flow sheets, see reference 472120. 

Illinois No. 6 coal is gasified by Texaco partial oxidation technology. 

The coal is fed as a water slurry and gasified with oxygen in reactors 
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operating at 915 psig. The gasifier effluent is processed by shift 

conversion, COS hydrolysis, and ReCtiBOl' acid gas removal to produce a 

methanol syngas. An ICI low pressure process (800 psig) is used to 

produce methanol. Water formed during methanol synthesis is removed by 

distillation to produce methanol suitable for turbine fuel. 

A mass balance for a facility using as feedstock a 60 wt% solids 

coal slurry and producing 10,000 metric tons/day (100% basis) of better 

than 99% pure methanol is given in Table 6.6. The feed and product 

flow rates are summarized below: 

Metric Tons/Day lb/hr 

Feed 
Coal (mf basis) 13,341 1,225,700 
Oxygen (as 100%) 12,791 1,175,200 

Products 
Methanol (99.1% product) 10,090 927,000 
Sulfur 462 42,400 
Ash to disposal (dry basis) 1,538 141,300 
CO2 vent stream (93% CO2) 17,675 1,623,900 

The support units include facilities for coal receiving, air sepa- 

ration, sulfur recovery, and product storage and shipping. The plant 

is designed to be self-sufficient in utilities, with only coal and 

clarified water being imported. The overall energy balance hangs on 

the large amount of high level process heat contained in the gasifier 

and shift conversion effluent streams. In the given design this heat 

is recovered as 1500 psig superheated steam and suffices for almost 90% 

of the total steam needed for electric power turbogenerators, and pro- 

cess equipment drives. The latter include turbine drives for the air, 

oxygen, and methanol synthesis unit recycle compressors. The rest of 

the prime steam is raised in boilers fired with purge gas from the 

methanol synthesis unit (see Figure 6.8, foldout at end of report). A 

utilities sununary is shown in Table 6.7. For this design, the waste 

heat boilers in the Texaco unit are of the superheating type. If all 

the high level heat in the gasifier effluent had been used to generate 
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Table 6.6 

STREAM FLOWS 

(10.060 lbtric Tons/day Methanol) 

(5) 

Ca6ificr Product 
lb-mola 
/hr lblhr -- 

37.7a4 75.600 
51,189 1,433.300 
19,459 856,200 

383 6.100 

759 21,200 
633 25,300 

1.244 42,300 
83 5,000 
269 4,600 

(4) 

Slurry water 
lkl0 
hr lblhr -- 

(1) 

Air to cry0 Plant 
1kla 
hr lblhr -- 

(2) 

Oxygen Feed to 
Caaificr 

lkla 
hr lb/k -- 

(3) 

co*1 tci Coal prep 
lb-IA8 
hr lb/hr -- 

UC.1 
compoamt !!L 

Hydroaen 
Carbon muoxide 
Cxrbon dioxide 
kthme 
oxy’pll 
nitrogen 
Argon 
Hydrogen mlf idc 
Carboayl wlfide 
tinia 
nethmo1 
LiBht end8 
Hi&w&ohola 

Aah 
water (I3L.U) 

Total 

GP (WW 

nillion scfd 

Temp (OF) 

Press (pmig) 

2 

:: 
16 
32 
28 
40 

:: 
17 
32 
46 
46 

- 

18 

Uol 

- 

- 

269 

36.726 

36,995 

4,600 

l 141,300 
661.100 35,319 635,700 

665,700 147.122" 3.246.600 

38.988 1.247.600 36,727 1.175.300 
144,015 4,054,P.W 116 3,200 
1.866 74.600 633 25.300 

4.702 84.600 -- 
190.371 5.461.6W 37,476 1.203.800 

1.734 341 

1.085.500 
140.200 

151,500 

1.377.200 

1,331 

1,340 

2.300- 
2,600 

915 - 

(10) 
GM Prom 

COS Hydrolyoia 

451 

lb-mall 

15;300 

hr lb/hr -- 

1 

12,883 

60 

25.800 
17.452 480,700 
6.661 293,100 
130 2.100 

258 7,200 
216 8.600 

(6) 
QueachlScrubbinS 

water 
lt-moll 
hr lbhr -- 

(8) 

To Shift 
COlWer~iOll 

lb-mola 

(9) 

Shifted Gas 
lb-mola 
/hr lblhr -- 

40.555 97,100 
10,083 282,300 
36,523 1.607,OOO 

253 4,000 

To COS Aydmlysim 
lb-mola 
hr lb/hr -- 

12,883 25.800 
17.452 488,700 
6,634 291,900 
130 2,lW 

258 7.200 
216 8,6W 
425 14.400 
20 1.700 

hr lb/h= -- 

24,901 49.800 
33,737 944.600 
12.825 564,300 

253 4,000 

501 14,000 
417 16,7W 
819 27,900 
55 3,300 

863 

501 

29;400 

14,000 
417 16.7W 

11 700 

13.302 239.400 58.807 1.058.500 35.109 632.000 13.276 239.000 

51,328 1.079.800 132.315 2.683.100 132.315 2,683.200 51.328 1,079*9w 

36.790 
36,790 

Carbon muoxide 28 
Carbon dioxide 44 
PLethaac 16 

on9sm 32 
Nitrogen 20 
mz~ 40 
Hydrogen mlfidc 34 
Carbaayl sulfide 60 
bnia 17 
nethan 32 
Light ends 
Nigher alcohol8 :: 
Coal (uf) 
Aah 
water (mteam) 18 

Total 

GP (-w 

nillion scfd 

Temp (“I') 

Prcsm (paig) 

662.200 

662.200 

1,324 

. 

467 1.205 1.205 

380 435 866 

870 890 850 

467 

. 
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Table 6.6 (Concluded) 

K8THANOL FRONCOAL 

STasAn FlmS 

(10,000 bktrie Tooe/dq Ilet~nol) 

(11) (12) (13) (14) (15) 
Feed to Acid &s Peed to Methanol Acid Gas to Sulfur Tail Gas Vent to Fuel Gas from 

0 

l 

l 

BcIoVal Syntheaie Nccovery Atw8phcrc Rcctiaol unit 
No1 1b-mla lb-mall lb-X& IhOlS lb-o16 

Component /hr ut -A-- lb/hr lb/hr /hr -Ihr lblhr lblhr /hr lblhr --- 

Hydrogen 
Carbon mnoxide 
Carbon dioxide 
Ilethanc 

oxlie 
Nitroacn 
ArgOIt 
Hydrogen eulfidc 
Clrbonyl aulfidc 
Amonii 
Methanol 
Light e"da 
Hinhcr alcohols 
C&l (uf) 
Aeh 
water (a?am) 

2 61.437 

:: 
27,535 
43.103 

16 383 
32 - 
28 759 
40 633 
34 1.314 

61.306 122,600 
27.111 759,100 
2,072 126,360 

359 5.700 

744 20.800 
621 24.800 
tr tr 
tr tr 

3 100 

3 
3 

10 
80 

4 10 124 
42 1,170 380 

34,360 1,511.850 3,620 
6 100 17 

3,943 
2 

110,410 
80 

4 PV 
7 Ppm 

7 
10 

-- 

3 
- 

-- 

-- 

240 

-- 

-- 
-- 

250 
10.630 

159,280 
280 

200 
410 
- 

100 

- 

L 

171,150 

- 

- 

-- 

122,900 
771,000 

1,900,100 
6,100 

21.200 
25,300 
44,700 

700 

4.100 

2.896.100 

2,331 102,580 

70 

1.314 
12 

17 

- 

1,960 

44,690 
720 

550 
- 

- 

-- 

5 PP 
5 Ppa 60 - 12 

17 - 
32 - a 

-- 

-- 

46 - 
46 -- 

Total 

cpm (6OOP) 

Million scfd 

T-P (OFI 

PtCII (PaiS) 

1s 230 - 
135.486 

1,234 

105 

815 

93,016 1.059.360 3,750 

34 

150,590 36,365 1,623,860 

350 - 

- 

4,161 

- 
a47 

86 

768 

38 

l 
(16) (17) (ia) (19) (20) 

&than01 to net~nol to Fuel G¶s from Methanol Product 
Crude kc~nol RP Column LP Column kthanol Unit t0 storage 

no1 lb-mols lkl0 lt-mol~ lb-ools lb-mls 
Component /hr Yt -hr lb/hr lb/hr Ihr lb/hr Ihr lb/hr Ihr lb/hr ------- 

HydroSm 
Carbon monoxide 
Urban dioxide 
netham 

hY8m 
Ni trO8cn 
Arson 
H&Of9 sulfide 
Carbowl wlfida 

2 9 
28 5 
44 127 
16 9 

:: 3 
40 2 

20 4 
140 2 
,590 62 
140 4 

90 1 
a0 1 

10 5 
60 

2,730 6: 
60 5 

30 2 
40 1 

- 

1,368 
680 
504 
359 
-- 

744 
621 

22 
2 

17 

4,317 

39 

121 

45 

2,700 
19,000 
22,200 
5.700 

20,800 
24,800 

-- 

700 
100 

300 

96.300 

2.330 

1 

- 

- 

28,711 
13 
15 

383 

29.123 

110 

Arm 

10 
a0 

2.860 
a0 

60 
40 

474.140 
370 
370 

22.180 

500,190 

- 
50 

- 

- 

918,750 
600 
700 
- 
- 

6.900 

927.000 

-- 

- 

- 

5 

34 - 
60 - 
17 -- 
32 28.694 918.200 13,877 444,060 14,817 
46 15 690 7 320 a 

NetMu 
Light ends 
SiShcr alcohols 
cor1 (uf) 
Amh 
Water (ateam) 

Total 

GP (6O‘W 
Nillion ecfd 

Temp (OF) 

P10*# (PSi8) 

46 15 
- - 
- - 

ia 2.387 

31,266 

690 7 320 a 

42.970 1.155 20.790 1,232 

968.610 15.120 468.420 16.146 

2.400 - 1,160 1.240 l 

a 

-- 
- 
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Table 6.7 

METHANOL FROM COAL 

UTILITIES SUMMARY 

(10.000 Metric Tons/l&y Hethmol) 

electric COOlill Clarified Fuel Gaa 
mater (nillion Stem 1 000 lblhr 

(l.::k) (1.000 m) Btu/hr Ml”) 1500 PIi8 600 b.;, loo Pda 50 Psi& z; 

Co*1 prcp*r~tim 12,830 

Air rpsrrtlos (1,470) 267 

ksiflc~tion and heat rceovcr9 10.130 22 

Shift md Co8 hydrolyeim 1,220 3 

Acid PI removal 9.420 24 

Sulfur rccor*ry 3.7w - 

Hetbnol mynthemis md refining 2,770 47 

Boilarm 

Pour peration (SS.SW) 62 

nimz. utilitic8 l d off-sites 27.000 (425) 9.5 - 

Plmt import 9.5 

(69) 

24 

(397) 

442 

1,987 

(2,380)” 

(373) 

l 

(358) 

1,124 

443 

257 

2s 

(728) 

(171) 

(264) 

(244) 

(101) 

439 

225 

116 

15 

(255) 

224 

62 

- 

41 

(an 

( ) - net produced. 
'736 million Stulhr input into SyI# from methanol syntbeais. 
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- 
Coal in (mf) 1,225,700 12,670 15,530 
Methanol out 927,000 9,692 8,984 I 

57.9 37.3 

Lower heating 
value (LHV) 
basis 

saturated steam, an externally fired superheater would have been 

required. Total steam generation would then have exceeded the amount 

needed in-plant. However, some import of steam could be needed to 

simplify start-up of the unit. 

The thermal efficiency of the overall operation is as follows: 

Flow heat of Energy Usage 
Rate Combustion Total Heat 
(lb/hr) (Btu/lb) ( lo6 Btu/hr) 

Efficiency (lo6 Btu/metric 
(X) ton methanol) 

Higher heating 
value (HHV) 
basis 

Coal in (mf) 1,225,700 12,214 14,971 
Methanol out 927,000 8,502 7,881 I 

52.6 35.9 

Since the design is balanced in terms of utilities, the thermal effici- 

ency values noted above reflect the overall efficiency of the process. 

FIowever, one should be careful in comparing these values with litera- 

ture values for “thermal” or “cold gas” efficiencies. Too often these 

omit energy inputs such as air separation power requirements or live 

steam to the gasifier. 

The design for 10,000 metric tons/day methanol production was 

based on the number of trains within each unit, as shown in Table 6.8. 
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Table 6.8 

TRAINS PER UNIT 

Coal preparation 1 

Air separation 6 

Coal gasification * 

COS hydrolysis 2 

Shift conversion 2 

Acid gas removal 4 

Methanol synthesis 4 

Methanol refining 4 

Claus sulfur plant 2 

Claus tail gas unit 2 

Boiler plant 3 

Turbogenerators 2 

*Information not published. 
We assumed for scale-down 
purposes that eight gas- 
ifiers and one spare unit 
were included. 

Storage for 10 days of sulfur and methanol production and loading 

facilities for train and truck are provided. 

A mass balance around the gasifier itself is shown in Table 6.9. 

It is based primarily on reference 472120, supplemented by references 

472138 and 472041. It contains some minor imbalances because it is 

compiled from several sources- The relative amount of H2S and COS 

formed, or the fraction of nitrogen converted to ammonia, does not 

appear to be accurately predictable at this time. A typical assumption 

is that 25% of the nitrogen in the coal would form ammonia, which would 

then be complexed as ammonium carbonate in the various process conden- 

sates (472138, 472001). Eventually these are recycled to the gasifi- 

ers, where the ammonia is likely to be destroyed. 
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Table 6.9 

MASS BALANCE AROUND TEXACO GASIFIERS 

(10,000 Metric Tons/Day Methanol) 

Feeds 
Coal 
Carbon 
Hydrogen 

Ween 
Nitrogen 
Sulfur 
Chlorine 

Coal (maf) 
Ash 

Coal (mf) 
Moisture 

Coal (as received) 

Slurry water 
Amonla 
Water 

Total 

Slurry feed 

Oxidant 
Oxye- 
kg0Il 

Nitrogen 

Total 

TOTAL FgED 

Products 
Raw gee product 
Hydrogen 
Carbon monoxide 
Carbon dioxide 
Methane 
Nitrogen 
Argon 
Hydrogen sulfide 
Carbonyl sulfide 
Ammonia 

Total 
Water 

Total 

Ash 

TOTAL PRODUCT 

Mel 
vt lb/hr lb-molslhr MolX (Dry) k&l% (Wet) 

2 
2s 
44 
16 
28 
40 
34 
60 
17 

18 

lb/hr 

855,044 78.8 
60,181 5.5 
108,841 10.0 
18,018 1.7 
42,533 3.9 

857 0.1 

1,085,474 
140.220 

1,225,694 
151.489 

1.377.183 

100.0 

4,569 
661,071 

665,640 

2,042,823 

1,175,266 
25,328 
3,249 

1,203,843 

3,246,666 

Msf 
Coal 

WtX Basis 
Coal as Slurry 

Received Feed 

62.1 
4.3 
7.9 
1.3 
3.1 
0.1 

78.8 
10.2 

60.0 
11.0 7.4 

100.0 

75,568 
1,433,293 
856,215 
6,124 
21,264 
25,328 
42,297 
4,948 
4,569 

2,469,606 
635,745 

3,105,351 

141,315 

3,246,666 

37.783.8 33.8 25.7 
51.189.0 45.8 34.8 
19,459.4 17.4 13.2 

382.8 0.3 0.3 
759.4 0.7 0.5 
633.2 0.6 0.4 

1,244.0 1.1 0.8 
82.5 0.1 0.1 
268.8 0.2 0.2 

111,802.g 
35,319.0 

147,121.g 

100.0 76.0 
24.0 

100.0 

32.6 

100.0 

lS9 



The mass balance does. not show trace compounds released or formed 

on gasification. Data on levels of trace components in the various 

effluent streams of the Texaco pilot units are given in reference 

472137. For Illustration, an analysis of the water bleed from a unit 

gasifying an Eastern coal is shown in Table 6.10. 

Table 6.10 

WATER QUALITY DATA 

BLEED STREAM - EASTERN COAL 

gs (Ppm) 
COD (ppm) 
TOC (ppm) 
haa (ppm) 

Anions (ppm) 
Bromide 
Chloride 
Fluoride 
Cyanide 
Formate 
Nitrate 
Sulfide 
Sulfate 
Thiocyanate 

Trace organic8 (ppb) 
Benzene, 
f6&&rie 

Anthraceae 
Fluoranthene 
Naphthalene 
Pyrene 
Phenanthrene 
Phenols 

7.7 
1,708 
405 
215 

1,270 

<l 
740 
175 
8 

522 
9 

316 
21 
8 

3.0 
2.0 
0.5 
0.5 
2.0 
0.7 
0.02 
<lo 

As noted previously, an inherent advantage of the entrained bed 

gasifier is that the high temperature operation keeps undesirable 

by-products to a minimum. 
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Process Description 

Washed -1.5 inch Illinois No. 6 coal, delivered to the plant in 

unit trains, is stored in piles. A crusher reduces it to less than 3/4 

inch. It is then stored and fed forward to two-stage grinding units. 

The ground coal is slurried with recycled process and makeup water to 

give a 60 wtX solids coal slurry. The coal slurry is pumped by charge 

pumps to the gasifiers. 

Oxygen of 98% purity is produced by air separation in six 2,095 

metric tons/day units. The units also supply nitrogen for the acid gas 

removal section. Air and oxygen are compressed in centrifugal machines 

driven by condensing-type steam turbines. The technology is conven- 

tional. Both long term liquid storage and short term gaseous oxygen 

surge are provided. Air separation systems in general and their spe- 

cific application with Texaco gaslflers are reviewed respectively in 

references 483000 and 472188. 

Details of the Texaco gasification and ash recovery system are 

proprietary. A number of arrangements are described In journals and 

patents (see also below under Process Discussion). The scheme in the 

present evaluation Is broadly as follows. 

The coal-water slurry is fed, together with oxygen, through spe- 

cial burners into a vertical gasification reactor. The burners are 

located at the top and feed downward into a refractory lined chamber, 

where partial combustion takes place at 915 psig and 2300 to 28000F. 

The product .gas consists primarily of CO, H2, 02, and steam. Most of 

the sulfur in the coal is converted to H2S, and the rest to COS. The 

product is essentially free of uncombined oxygen. The gas contains 

some unconverted carbon and all of the ash, in the form of molten slag. 

The bulk of the crude gas produced in the gasification zone sepa- 

rates from most of the molten slag , and is led from the gasification 

chamber to a mixing chamber, where it is quenched with cool scrubbed 

recycle gas. This lowers the bulk temperature below the softening 

point of the entrained ash; part of the solidified ash may drop out at 

this point. The gas is then fed forward to waste heat boilers of the 
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superheating type to generate 1500 psig, 900°F steam. After further 

indirect cooling, it is scrubbed with a large quantity of process con- 

densate to remove the last traces of entrained particulates. 

A small portion of the gas formed in the gasification zone passes 

straight down into the bottom section of the gasifier. This stream car- 

ries with it the bulk of the larger slag particles, which are quenched 

tith water and discharged via a lock-hopper. The ash is dewatered and 

sent to disposal. Water recovered from the ash is recycled to the slag 

quench and coal slurrying units. A bleed stream of this water is 

purged to a treating unit to prevent buildup of ultrafine solids, dls- 

solved metals, ammonia, and traces of other impurities. 

The raw gas has an HZ/CO mol ratio of about 0.75:1, whereas for 

methanol synthesis a more optimal ratio is above 2 (i.e., close to the 

stoichiometric ratio). A shift reactor is therefore used to adjust the 

ratio upward by the exothermic water-gas shift reaction: ' 

co + Ei204BH2 + co2 

Use of a sulfur tolerant cobalt-molybdate catalyst enables the shift to 

be carried out before acid gas removal. 

The design adopted aims to maximize heat recovery while providing 

for effective control of Hz/CO ratio as the catalyst ages and/or gas- 

ifier effluent compositions fluctuate. To this end the net particulate- 

free raw gas is split into two rtrmm. About two-thirds is sent to 

the shift converter and shifted to give an H2/CO ratio close to 5. The 

rest of the gas is bypassed around the shift unit and sent to a CO8 

hydrolysis reactor, where CDS is converted to 82s over an activated 

alumina catalyst. The shift ieaction is exothermic and a substantial 

amount of high pressure steam is generated by initial cooling of the 

gas from the converter. An integrated scheme entailing condensate heat- 

ing and low pressure steam production is provided to recover the 

maximum amount of the rest of the heat remaining in the shift and 
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hydrolysis reactor products, which are eventually combined and sent to 

acid gas removal. 

The combined cooled gas stream is processed in a Rectisol@ unit 

for acid gas removal. In this process, refrigerated methanol Is used 

to absorb sulfur compounds and carbon dioxide. The absorbed gases are 

stripped from the methanol in a three-step regeneration entailing pres- 

sure letdown, and thermal and nitrogen stripping. This yields two 

C02-rlch off-gas streams and an Bps-rich acid gas stream suitable for 

sulfur recovery in a Claus plant. One of the Cog-rich off-gas streams 

contains substantial amounts of CO and hydrogen and is used as fuel in 

the boiler plant. The other off-gas stream, consisting primarily of 

CO2 and nitrogen, can be discharged directly to the atmosphere. The 

treated product gas leaves the unit essentially free of sulfur com- 

pounds. The system is designed to leave some 3% of CO2 in the product 

gas. This represents an optimum level for methanol synthesis, where 

the CO2 enhances the activity of the catalyst. 

The H@-rich stream from the Rectisol@ unit is sent to a conven- 

tional Claus plant for converting H2S to elemental sulfur. The 

chemistry entails the combustion of one-third of the H2S to SO2, fol- 

lowed by reaction of the H2S and SO2 over an alumina catalyst to form 

elemental sulfur. The sulfur is produced as a liquid and then is 

flaked for shipment. 

A Beavon process treating unit reduces the sulfur content of the 

Claus plant tail-gas stream to an environmentally acceptable level and 

produces additional elemental sulfur. The first step here comprises 

catalytic hydrogenation of all sulfur species to H3S. The second step 

entails use of a Stretford unit to convert the H2S to elemental sulfur. 

The Stretford process employs a treating solution containing anthra- 

qtinone disulfonic acid and vanadium salts which adsorb H2S, then 

promote the oxidation of HgS to sulfur in an air-blowing operation. 

Sulfur is separated from the solution as a broth, then filtered and 

melted to obtain a high purity product. Exhaust gas from the Beavon 
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plant is suitable for discharge to the atmosphere. Overall sulfur 

recovery in the Claus tail-gas units exceeds 99.9%. 

The syngas from the Rectisol@ unit contains traces of sulfur com- 

pounds and is sent through a sulfur guard system to ensure adequate 

protection for the methanol synthesis copper-based catalyst. The guard 

system consists of drums filled with zinc oxide, which is replaced 

about every six months. 

The methanol synthesis units employ ICI "low pressure" technology. 

The design used comprises a multibed quench converter followed by a 

single bed adiabatic converter. The nominal operating pressure of the 

reaction loop is 800 psig; or about 54 atmospheres. The primary reac- 

tion is the exothermic hydrogenation of CO to give methanol, namely: 

CO + 282 = CH30H 

AR700 - -21.1 kcal/g-mol 

Much of the heat of reaction is recovered as preheat for high pressure 

boiler feedwater. The water in the product derives from the CO2 in the 

syngas. Recent studies confirm that the CO2 activates the catalyst and 

is itself converted to methanol, primarily by first undergoing the 

reverse shift reaction back to CO (487019). In addition to water, some 

dimethyl ether and higher alcohols comprise the primary impurities. 

Syngas is available at pressure and a separate syngas compression 

stage is thus not needed. Fresh feed from the guard beds is combined 

with recycle gas and fed to the reactors by the synthesis loop recycle 

compressor* To limit buildup of the inert8 (Ar, N2, CR4), gas is 

purged from the synthesis loop. Because the design purge exceeds the 

amount of fuel gas needed for boiler fuel, a PSA unit Is Included to 

recover hydrogen, which is recycled to the methanol synthesis loop. 

The residual purge gas is used as boiler fuel. 

The crude methanol from the synthesis unit is refined to a fuel 

grade methanol (99+ wt%) by distilling off water and light ends. Each 

of the refining units consists of a two-column fractionating system. 
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For energy efficiency the two columns are designed to operate at 

different pressure, with the high pressure column overhead serving to 

reboil the low pressure column bottoms. 

The product methanol is stored in floating roof tanks before ship- 

ment (by rail or truck). 

Process Discussion 

Gasification 

A key factor in the economics of a slurry fed process such as 

the Texaco is the attainable solids concentration in the slurry. The 

dependence of coal and oxygen consumption on slurry concentration was 

discussed above and illustrated In Figure 6.6. The investment slmilar- 

ly increases as the slurry solids concentration is reduced. For exam- 

ple, reference 472003 presents data on investment and total costs as a 

function of slurry concentration for a lignite based process; increas- 

ing the concentration from 43% to 55% reduced the total investment by 

some 26%. The present design was based on feeding a 60% solids slurry 

of Illinois No. 6 coal. This is representative of currently demon- 

strated technology and thus In effect is a conservative assumption. 

With additional development , satisfactory operation with slurry concen- 

trations of up to 70% may well be possible for similar coals. 

The gasifier design is also keyed to the use of superheating 

waste heat boilers (WHB's) for extracting heat directly from the high 

temperature gasifier effluent. Designs under development for such 

service have yet to be demonstrated as being commercially viable. 

Alternative designs which use direct water quench to solidify the slag 

before heat recovery are available. However, with direct water quench, 

a significant penalty is paid in overall thermal efficiency. To solid- 

ify the slag, quenching to about 1600°F is typically required. As 

Shinaar et al. (472041) illustrate , this can shift the quality of the 

steam produced to a point where too much low pressure steam, and not 

enough high pressure steam is produced to supply the drive requirements 
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of the oxygen plant. Additional coal is then needed for power genera- 

tion. By comparison with the data given in reference 472045, we esti- 

mate very roughly that a design with a water quench may require some 

10% more coal feed for methanol production. However, the WHB's are of 

somewhat esoteric design and are costly. Comparative cost estimates 

given in reference 472138 indicate that the gasifier and gas cooling 

unit costs would be more than double for a system with superheating 

WHB’e ae compared with a water quench design. For a methanol facility, 

the net investment for the water quench case may be some 5% less when 

due allowance is made for the extra boilers needed. WHB designs there- 

fore may not always have a clear-cut advantage over the water quench 

designs, particularly where process steam is needed downstream for the 

shift reaction. 

The pressure level of 915 psig for the gasifiers was set 

indirectly by considerations relating to oxygen compression, namely, 

the choice of centrifugal compressors available from existing product 

lines. This set the oxygen discharge pressure at about 1050 psig. 

This pressure is somewhat lower than that typically selected for 

methanol synthesis based on natural gas, but still in the range for a 

practical design without the need for feed gas compression. The 

Ruhrkhole/Ruhrchemie pilot gasifiers at Oberhausen have to date only 

been operated at pressures up to 500 psig. However, with a slurry feed 

there should be no inherent problem in designing for higher operating 

pressures* In gasifying hydrocarbons, Texaco partial oxidation reac- 

tors typically operate at pressures up to 1200 psig. 

If the Cool Water gasifier is successfully demonstrated, the 

scale-up for the present design would likely be much less than a factor 

of 2. 

Shift, COS Hydrolysis, and Acid Gas Removal 

The shift reaction requires steam and is highly exothermic. 

For good thermal efficiency, therefore, careful integration of the heat 

balance with.upstream and downstream processes is needed. There are 
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choices of shifting before or after sulfur removal, in varying the frac- 

tion of gas to shift, in selecting the shift temperature(s), and in 

matching the operation to alternative acid gas removal processes. M-y 

possible schemes thus exist. The optimum one depends on individual 

circumstances and its selection may not be clear-cut. 

In the present study, Rectisol@' acid gas removal schemes are 

used both in the partial oxidation designs of Section 5 and the gasifi- 

cation scheme evaluated here. Ihe arrangement of the shift/acid gas 

removal sequence however, is different in each case. The selection was 

keyed more to the availability of a set of consistent design and cost 

data for each case, than to the intrinsic merit of the schemes them- 

selves. Evaluation of the latter is outside the present scope. How- 

ever, we feel that the overall economics are only marginally affected 

by the specific arrangement selected, and that the choice is not 

critical for this study. 

The present scheme, which,shifts before removing sulfur, aims 

to maximize heat recovery, is environmentally sound, and uses in 

essence demonstrated technology. It should, therefore, be conserva- 

tively representative for the general case. Although the Rectisol@' 

process is capable of COS removal, a more complex and expensive design 

Is needed if most of the COS is to report with the HgS-rich gas fed to 

the Claus unit. A COS hydrolysis unit is therefore included to convert 

COS to 82s in the gas bypassed around shift conversion. Because 

hydrolysis of COS occurs over the shift catalyst, a separate stage for 

COS conversion is not needed for the shifted stream. 

Methanol Synthesis and Refining 

ICI methanol technology, one of the two leading commercial 

technologies, was selected for the evaluation on the basis of conven- 

ience. Costs for a design utilizing Lurgi technology would be expected 

to be very similar. 
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For production of 10,000 metric tons/day methanol, the design 

consists of four trains. Each train is somewhat larger than the larg- 

est built to date, but is considered to be within the limits for conven- 

tional design. Field fabrication of the reactors would be required. 

The two-column purification system rejects water to a level 

of less than 1% and produces a methanol product suitable as turbine 

fuel. The methanol contains a small amount of other impurities, and 

does not meet the U.S. specification for chemical grade methanol. How- 

ever, it is likely to be more than pure enough to serve as feedstock 

for many of the proposed methanol based chemical syntheses noted in 

Section 3. Purification of raw methanol streams is discussed in 

Section 4, where some differential cost data are presented. The incre- 

mental capital cost for purification is seen to be relatively small, 

while the incremental production cost hinges on the value assigned to 

the low level energy used in the distillation. 

Cost Estimates--Methanol from Coal 

Capital Investment 

The cost estimates presented here are, as discussed above, 

based primarily on data developed for the Electric Pover Research 

Institute (EPRI) by Fluor Inc. (472120). 

The total fixed capital (TFC) breakdown for a 10,000 metric 

tons/day methanol-from-coal facility is shown in Table 6.11 together 

with scaled-down costs for smaller capacities. An across-the-board con- 

tingency of 25% is included in the TFC. (In the EPRI study, process 

and project contingencies were allocated individually to each section, 

and in the final analyses these amounted to some 26% of the total.) 

Our cost numbers are for a U.S. Gulf Coast location, assuming 

"instant construction" as at mid-1981 (PEP Cost Index - 400). It is 

estimated that in practice from date of order to completion would take 

some 5 years, with cumulative cash expenditures as follows: 
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TOTAL FIXED CAPITAL 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 (mid 1981) 

Investment (million $) 
Coal storage and preparation 
Air separation 
Gasification and heat recovery 
Shift and COS hydrolysis 
Acid gas removal 
Sulfur recovery 
Methanol synthesis and refining 

Contingency, 25% 

BATTERY LIMITS IRVESTMENT 

Steam and power generation 
Other utilities 
Storage 
General service facilities 

Contingency, 25% 

OFF-SITES IIWFM!MERT 

TOTAL FIRED CAPITAL 

Capacity (metric tons/day) 
10,000 2,500 625 

21 8 3 
264 75 24 
260 91 34 
42 13 5 
132 35 13 
21 6 2 
126 34 12 

866 262 93 
216 65 23 

1,082 327 116 

56 16 6 
46 5 1.5 
19 12 4.5 
71 41 23 

192 74 35 
48 19 9 

240 93 G 

1,322 420 160 
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Cumulative 
Year X, Cash Expended 

1 10 

2 30 

3 60 

4 80 

5. 100 

Cur TFC does not include land, start-up costs, or working 

capital. Royalties are also excluded (they are estimated to amount to 

some 0.3%). 

The number of trains making up each unit in a 10,000 metric 

tons/day methanol facility is given above in Table 6.8. Information on 

the number of gasifiers included in the design was not published. Row- 

ever, in previous studies for EPRI (472138, 472016) entailing similar 

Texaco gasification schemes, the gasifier designs were for processing 

about 2,000 metric tons/day coal at somewhat lower pressures. For 

scale-down, we therefore assumed that eight gasifiers and one spare 

were used for the 10,000 metric tons/day base case. The minimum number 

of gasifiers at lower capacities was taken as two, plus one spare. 

Costs for plant capacities below 10,000 metric tons/day 

methanol =re obtained by applying scaling exponents to each section. 

For reduction in the number of trains in a given unit, we used a 0.95 

exponent; for reduction in the siee of a given train, the exponent was 

taken as 0.75 down to l/8 of the scale, and 0.7 below that. An excep- 

tion here was the scaling down of the general service facilities, for 

which an exponent of 0.4 gave more realistic results. The exponents 

noted above are broadly in line with the considerations given in 

Section 8 of PEP Report 119, Construction Costs. The resulting overall 

scaling exponents for the complete facility are shown in Table 6.12. 

The TFC requirements per daily metric ton of methanol are illustrated 

in Figure 6.9. It is seen that the capital requirements per metric ton 

rise very rapidly at capacities much below 5,000 metric tons/day. 
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The variation of total capital requirements with capacity is 

illustrated in Figure 6.10. The data points are given in Table 6.12. 

Capacity 
(metric 

tons/day) 

10,000 1,082 239 1,322 132 0.86 

5,000 

2,500 327 93 420 168 0.75 

1,250 188 62 250 200 

625 116 44 

Table 6.12 

METHANOL FROM COAL 

INVESTMENT AS A FUNCTION OF CAPACITY 

Battery 
Limits 

Investment 
(million $) 

580 147 727 145 0.79 

Off-sites Total Fixed TFC per 
Investment Capital Daily Ton 
(million $) (million $) ($1,000) 

160 256 . 

Capacity 
Exponent 
for Scale- 
down of 
TFC 

0.64 

The percentage breakdown of the battery limits investment for 

the 10,000 metric tons/day facility is shown below: 

Million $ X 

Coal storage and preparation 21 2.4 

Air separation 264 30.5 

Gasification and heat recovery 260 30.0 

Shift and COS hydrolysis 42 4.8 

Acid gas removal 132 15.2 

Sulfur recovery 21 2.4 

Methanol synthesis and refining 126 14.5 

Subtotal 866 100.0 

Contingency (25%) 216 25.0 

Battery limits investment 1,082 125.0 
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Figure 6.9 

METHANOL FROM COAL 

Variation of Unit Capital Requirements with Scale 
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Figure 6.10 

METHANOL FROM COAL 

Variation of Capital Costs with Capacity 
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It is seen that the gasifier and the facilities for heat 

recovery and particulate cleanup directly associated with it comprise 

about one-third of the battery limits investment. However, for any 

given coal, the gasifier selection also indirectly determines the selec- 

tion and design of much of the equipment in the rest of the facility. 

Production Costs and Product Value 

The production costs for various capacities are shown in 

Table 6.21 at the end of this section. They are presented in the 

traditional format based on a single year, with a standard allowance 

for depreciation and pretax return on investment (ROI). The estimates 

are for the U.S. Gulf Coast in mid-1981. 

As discussed above, the methanol plant designs evaluated are 

self-sufficient in all utilities except for clarified water. For the 

illustrative economics shown in the tables, the price of Illinois No. 6 

coal is taken as $32.3/metric ton ($29.4/short ton) at the mine, with 

an allowance of $15.0/metric ton for transport to the Gulf Coast. The 

total price therefore breaks down as follows: 

$/short ton S/metric $/MM Btu 

Coal at mine 29.4 32.3 1.3 

Transport to site 13.6 15.0 0.6 

Total 43.0 47.3 1.9 

i.e., a delivered price of 1.9 $/million Btu (HHV basis). 

A cost of $5.00/metric ton (dry basis) is allowed for the 

transport and disposal of ash off-site. 

A credit of $lOO/metric ton is allowed for the sulfur 

recovered from the acid gases. The facility also vents very large 

quantities of Co2 and some nitrogen. In certain circumstances these 

products also have value, but are given no credit here. 

204 



0 

0 

It is assumed that the annual variable costs decrease in 

direct proportion to the capacity of the plant, i.e., remain the same 

per unit of product irrespective of capacity or stream factor. In 

practice this would not hold quite true and these costs will be some- 

what higher at the lower capacities and stream factors. However, 

because our prime concern here is with the gasification economics at 

the larger capacities, the approximation was considered acceptable. 

l 

The production cost calculations shown are based on the PEP 

standard stream factor of 0.9. This corresponds to 328.5 days' oper- 

ation per calendar year, or some 5 weeks' total downtime for 

maintenance. 

For the prototype versions of the coal based plants, this is 

likely to be an optimistic assumption. However, for mature plants and 

adequate sparing, stream factors should be attainable which are compar- 

able with those of existing petrochemicals plants based on gas and 

liquid feedstocks. Because the production from coal based plants is 

capital intensive, production economics are very sensitive to downtime 

(see also below). 

To reflect the higher levels of maintenance expected with 

coal based plants, maintenance costs are taken as 4% of the battery 

limits investment (BLI) and divided 40% labor and 60% materials. This 

compares with the value of 3% of BLI used for the natural gas based 

processes in Section 4. 

The coal based plants also have a much higher operating and 

maintenance labor force at a given production capacity. However, the 

administrative and support labor costs do not increase in direct pro- 

portion. The plant overhead for the coal based plants is estimated at 

about 30% of operating and maintenance labor, compared with the PEP 

standard of 80% for petrochemical plants. The general and administra- 

tive (G&A), sales and research costs are taken as 5% of the main prod- 

uct value, in line with PEP standards for bulk chemical products. 

A traditional charge for depreciation of lO%/yr of the total 

fixed capital (TX) is included in the production cost. A 25%/yr 
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return on the TPC is then added to the net production costs to arrive 

at a product value (PV). The PV used here for comparison is thus 

equivalent to the initial sales price that would be needed to give a 

25%/yr simple return on the TX, before tax. The PV's for production 

of methanol from coal are shown in Table 6.21, and the variation with 

capacity is illustrated in Figure 6.11. 

Before we look at the trends, some comments on the rationale 

of comparisons in terms of PV's seem worthwhile. 

ROI and Profitability 

As a general yardstick for comparison of the overall economic 

attractiveness of competing processes, PEP uses the concept of a prod- 

uct value, i.e., a unit production cost plus an annual capital charge. 

The capital charge traditionally included by PEP has been a simple 

25X/yr before-tax return on total fixed capital (TFC), sometimes 

loosely referred to as a “25% ROI.” We feel that it remains an ade- 

quate and preferred measure for the types of comparisons being made in 

this study. In contrast, much of the published work dealing with coal 

gasification economics has recourse to complex criteria for return on 

capital invested, and often places great emphasis on “creative” financ- 

ing arrangements to lower the cost of capital. 

Because the coal based plants require large amounts of capi- 

tal per unit of production, the level of return required on that 

capital is a key factor determining the competitiveness of such plants. 

Availability of low cost financing will thus obviously result in lower 

revenue requirements. Similarly any investment credits and accelerated 

depreciation allowed for tax purposes would have a very significant 

impact on the price required for the product. For any specific proj- 

ect, therefore, a detailed analysis of the projected cash flow picture 

as a function of possible financing arrangements is indispensible. 

The aim of this study, however, is to provide cost numbers 

for general screening level evaluations and projections. A prime 

advantage of using a capital charge based on a simple ROI is in fact 
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the simplicity of the approach. It is unambiguous, easily calculated, 

and readily understood. For a set of projects in which the associated 

parameters such as construction periods, capacity buildup rates, etc., 

are comparable, the correlations between the discounted-cash-flow (DCF) 

yields and the ROI will be very similar for all of the projects. For 

such projects comparisons in terms of ROI mirror closely the compari- 

sons in terms of DCF yield. For gas- versus coal-based plants, con- 

struction periods and other constraints will differ, and a given ROI 

will not represent quite the same DCF yield in each case. However, the 

correlation is expected to be close enough in general to justify retain- 

ing the simple RCI yardstick as a realistic measure of profitability. 

The level of return on capital that should be expected is, of 

course, open to debate. For the constraints associated with a typical 

petrochemical plant, the cash flow represented by a lO%/yr depreciation 

allowance and a 25XIyr pretax ROI generally is equivalent to a DCF 

yield of 12-17X. To aim for 15% yield on a constant dollar basis used 

to be traditional for screening level analyses of petrochemical proj- 

ects. In recent times expectations have perhaps diminished. For a 

risky project such as a coal based facility, a higher than average 

return on equity might normally be allowed for. However, many of the 

published analyses base project value calculations on real yields on 

capital of less than lO%/yr. 

Discussion of Costs 

In our judgment the screening level costs presented here are 

likely to be representative of the costs associated with large coal 

conversion plants that could be operating by the end of the decade. 

The accelerated development work and the many studies on the topic in 

recent years bring such estimates into more realistic focus. However, 

since substantial developlnent during the start-up may be needed for 
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prototype commercial facilities, higher contingencies than included 

here should be allowed for first-time plants.* 

The base case economics are for a facility producing 10,000 

metric tons/day of methanol. This is roughly the amount of methanol 

that would be needed for two 750 million lb/yr ethylene plants based on 

the Mobil Zeolite process. If used as fuel, the methanol would be 

equivalent to about 37,000 barrels/day of oil. In terms of technology 

the scale is substantial but not excessive. However, it should also be 

noted that the base case plant siee exceeds the total in-place methanol 

capacity in the United States in 1980, and obviously does not relate to 

present day chemical usage. 

Scaling down of costs by means of exponents becomes increas- 

ingly uncertain as the ratio of capacities increases. In the present 

instance, therefore, the absolute cost numbers should be considered as 

increasingly tentative below the 2,500 metric tons/day level. However, 

the trend is clear. In the longer term plants of capacities much below 

5,000 metric tons/day methanol equivalent are unlikely to be competi- 

tive for the production of feedstocks for bulk chemicals manufacture. 

The calculations are shown for a stream factor of 0.9, i.e. 

328.5 operating days/yr. The product value would increase sharply if 

the amount of downtime increased, for example: 

Product Value 
Stream Operating for 10,000 metric tons/day 
Factor dayslyr c/lb c/U.S. gal $/metric ton $/MM Btu 

0.9 328.5 11.4 75 251 11.7 

0.7 255 13.7 90 303 14.0 

0.5 182.5 18.0 119 396 18.4 

*Continuing evaluation of gasification designs and discussions with 
industry lead us to believe that these costs may be somewhat on the 
optimistic side even for more mature plants. In the computerieed data 
base (see Section 2) we have therefore allowed for a more conservative 
design which increases these estimates by about 20%. 
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The cost components of the base case product value of 11.4c/lb can be 

segregated as follows: 

c/lb % -- 

Coal-related costs 3.2 28 

labor-related costs 1.1 10 

Capital-related costs 7.1 62 -- 

11.4 100 

The present analysis and the above breakdown is keyed to a 

relatively high coal price (by U.S. standards), and U.S. Gulf Coast 

construction costs. The sensitivity of the product value to coal price 

and capital is shown in Figure 6.12. 

Whether a location at the mine would show better economics 

can only be determined in a given case- The product value is much more 

sensitive to capital costs than to coal price, and costs of construc- 

tion at the mine are generally likely to be significantly higher. In 

addition, there are costs of transport for the product which could 

approach those of transporting the coal. In the illustrative numbers 

presented here about l/3 of the coal-related cost comprises coal trans- 

port. If, for example, the coal price is reduced by l/3, and the 

capital charges increased by 15X, the product value remains unchanged. 

The location factor could well be in excess of 1.15 for a plant at the 

mine, particularly if there is substantial expense for infrastructure. 

In such a case, therefore, the U.S. Gulf Coast economics would look 

better. 

For some comparisons of costs of product from coal based with 

costs from gas and oil based facilities, refer to Section 2. 

The present study did not examine in any detail capital 

requirements for facilities based on other types of gasifiers or other 

types of coals. However, some very approximate guidelines are noted 

below. 
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Figure 6.12 
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For facilities based on dry-feed entrained flow gasifiers, 

such as the Shell-Roppers, somewhat higher overall thermal efficiencies 

and lower capital costs would be expected than for facilities based on 

slurry-fed gasifiers. Some screening work done at SRI indicates that 

savings of about 5% in both coal consumption and capital investment 

might be achieved by dry feeding when gasifying a bituminous coal such 

as the Illinois No. 6. As regards other widely available U.S. coal 

types, the following approximate factors were estimated for a methanol 

facility based on a dry-feed gasifier: 

Relative 
Capital for Relative Coal 
Coal-to- Consumption+ Typical Coal 
Methanol 

Coal* 
RRV Weight Price at Mine 

Facility Basis Basis ($/Metric Ton) 

Illinois No. 6 1.00 1.00 1.00 32 

Powder giver subbituminous 0.98 0.93 1.25 10 

Texas lignite 1.13 1.05 1.66 15 

*See Table 6.4 for compositions. 

*On an as-received basis including ash and moisture. 

Of these three types, the Powder River coal thus appears to be inher- 

ently best suited for dry feed, entrained flow gasification. Both the 

Powder River subbituminous and the Texas lignite have high intrinsic 

moisture levels which make them unattractive for slurry-fed gasifiers. 

For the latter, subbituminous coals with a much lower moisture content 

would probably be an optimal choice. 

Some rough comparisons with methanol facilities based on 

other types of gasifiers can be made using the data published by Brown 

and Rargreaves of Humphries & Glasgow Ltd. (472045). In that study 

screening designs and estimates were made for production of 1,000 met- 

ric tons/day of methanol from a subbituminous coal in facilities based 

on four types of gasifier. The facilities were designed to feed a 50 

wt% solids slurry and use a water quench to cool the gasifier effluent. 
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Private communication with the authors indicates that the estimate for 

this unit was somewhat low. Waking some approximate adjustments to 

allow for the above differences in comparison with the present design 

we arrive at the following: 

Process 

Koppers-Totzek 

Winkler 

BGC/Lurgi Slagger 

Texaco 50% slurry, water-quench 

Texaco 60% slurry, WHB 

Relative 
Relative Coal Capital for Coal-to- 
Consumption Methanol Facility 

1.57 1.4 

1.31 1.3 

1.25 1.2 

1.27 1.1 

1.00 1.0 

The factors illustrate the penalty for gasification at close to atmos- 

pheric pressure, viz, the K-T and Winkler systems. The BGC/Lurgi 

Slagger is not inherently well suited for methanol or syn gas produc- 

tion because of its high methane make. Given that the K-T and Winkler 

systems are commercially proven, the numbers also serve to set in 

better perspective the likely economics at the present and projected 

state of the art. 
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Derived Cost Modules 

To obtain the economics of producing syngas rather than methanol 

from coal, we divided the flow sheet for the methanol unit described 

above into sections and allocated the capital and utilities to each of 

the sections. The shift and acid gas removal sections were then scaled 

to estimate costs for various H2/CO ratios in the product gas. To esti- 

mate the costs of producing hydrogen, we modified the design to also 

include a two-stage low temperature shift unit following the high tem- 

perature shift, plus a methanation stage following acid gas removal. 

Some of the many rationales for allocating costs to the various 

sections are discussed below, together with an outline of what we did 

here. The net result here was that a methanol-from-syngas module 

became in effect a small exporter of high pressure steam, while the 

syngas-from-coal and hydrogen-from-coal modules became net importers of 

high pressure steam. The hydrogen facilities produced a surplus of low 

pressure steam for which no credit was taken in the present calcula- 

tions. With the present base case design--which entails some quench 

cooling, a sulfur tolerant high temperature shift, and COS hydrolysis- 

the shifting of the raw gas to higher HZ/CO ratios was estimated to 

result only in rather marginal increases in overall capital and produc- 

tion costs. The major influence on costs is the scale of production. 

Rationale for Cost Allocations 

In estimating the costs of the syngas production steps (gasifica- 

tion; shift, if any; and purification) there are two broad options: 

either design and cost an independent unit (*'stand-alone module*') that 

produces syngas of a certain specification, or design an integrated 

facility in which an identical syngas is used as an intermediate 

stream, and allocate costs to the syngas portion of the process ("cut- 

out module"). The answers will differ. 

The reason for the differences is that both the syngas generation 

process and the typical user processes operate at elevated temperatures 
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and produce large amounts of heat. Normally, substantial compression 

is required in each portion of the process. The way that the heat 

recovery and power production are integrated makes significant differ- 

ences in the overall thermal efficiency of the total process, as well 

as in the capital requirements. To some extent the method of inte- 

grating depends not only on the end product but also on the scale of 

operation. 

There appears to be no clear-cut advantage to either the stand- 

alone or the cut-out module costing options for the generalized case. 

Also the best means of allocating value to the heat content of streams 

crossing the boundaries of a given module is somewhat moot. However, 

provided the design and cost allocations are made judiciously, either 

approach should yield costs which are satisfactory for general screen- 

ing purposes. For a higher order of accuracy there is no alternative 

but to include customieed syngas generation in any given user process. 

In the present study we have used both stand-alone and cut out 

modules. The criteria for choosing were somewhat subjective, with the 

least complicated option normally being given preference. Thus in 

Section 4, stand-alone modules were designed for syngases of various 

ratios produced from natural gas, while the raw syngas costs were cut 

out from an integrated natural gas-to-methanol design. 

In the present section, the syngas cost data are derived from the 

integrated methanol-to-coal design described above. Given below is a 

very general outline of how the syngas and methanol production steps 

are integrated, and how costs are allocated to separate syngas and 

methanol modules. 

The coal-to-methanol plant.16 designed so that heat and power 

requirements are in overall balance. (See Table 6.7.) High level pro- 

cess heat from the shift and gasification units is recovered as 1500 

psig steam. The waste heat boilers in the Texaco unit superheat this 

steam to 900°F. These sources furnish close to 90% of the total steam 

requirement for electric power generation (in a turbogenerator) and for 
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mechanical drives for the process equipment including the air, oxygen, 

and methanol compressors- The remainder of the prime steam is raised 

in gas fired boilers which burn purge gas from the methanol synthesis 

unit and gas or methanol during start-up. 

The utilities requirements for the methanol synthesis and purifi- 

cation units are also shown in Table 6.7. Integration with the rest of 

the plant is as follows: 

0 The product stream from the methanol synthesis reactor pre- 
heats the boiler feedwater which goes to generate the high 
pressure steam. The heat input of 750 million Btu is 
equivalent to some 20% of the total heat input to the high 
pressure steam. 

0 Low pressure steam (100 psig and 50 psig) supplies heat for 
the methanol purification columns. 

a 600 psig extraction steam from the turbogenerator supplies 
the intermediate pressure level demands, which include the 
turbine drive of the methanol recycle compressor. (See 
Figure 6.8 above.) 

0 Purge gas from methanol synthesis is 
boilers raising high pressure steam. 
value it could alternatively produce 
(600 psi) somewhat in excess of that 
methanol recycle compressors. 

used to fire package 
In terms of heating 

medium pressure steam 
needed to drive the 

Methanoi-from-Syngas Unit 

The methanol unit is separated from the complex as follows: 

The heat for export as high pressure BFW preheat is first reduced 

by the amount of heat imported as low pressure steam. Such a trade-off 

is not unreasonable given the overlap of temperature levels. The bal- 

ance of this heat is then credited to the methanol unit at the value of 

the high pressure steam that is ultimately produced from the BFW 

stream. The rationale for using such a **phantom steam" credit is that 

it is more likely to reflect the actual end result than any other 

allocation. 
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The 600 psi steam requirement for the recycle compressor drive is 

taken to be supplied directly from the purge gas boilers (at 85% effi- 

ciency), while the balance of the purge gas heating value is credited 

as high pressure steam. 

The value used for crediting high pressure (1500 psi, 900'F) steam 

for transfer purposes is estimated as $7.73/1,000 lb on the basis of 

firing coal. (See Table 6.13.) 

Inside the battery limits, the high pressure boiler feedwater 

heater was included with the methanol unit. The utilities and off- 

sites were prorated according to battery limits capital, except as 

follows: methanol storage and shipping were allocated to the methanol 

unit; capital for the purge gas boilers was estimated and allocated to 

the methanol unit. 

Syngases of Various Hs:CO Ratios, and Hydrogen 

For syngas with HZ/CO ratios different from that of the methanol 

syngas, ue adjusted the split between shift and COS hydrolysis to give 

the desired overall HZ/CO ratio. Production of hydrogen represents a 

limiting case in which all of the raw gas is sent to the high tempera- 

ture shift and no COS hydrolysis stage is used. For hydrogen, a low 

temperature shift and a methanation stage were also added to the 

design. In the other limit, all of the raw gas (HZ/CO = 0.74) is pro- 

cessed in the COS hydrolysis unit and the shift reactors are eliminated 

entirely. 

A breakdown of costs as between the shift and hydrolysis sections 

was estimated and the costs scaled in proportion to flow rates. 

Because of the requirement for CCS hydrolysis, the capital savings 

resulting directly from elimination of the shift reactors are rela- 

tively minor. More substantial savings associated with the elimination 

of the shift reaction result indirectly from the decrease in acid gas 

removal requirements. For present purposes very approximate estimates 

of the change in the capital and operating costs for the latter were 

made by assuming that the cost changes would be proportional to the 
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Table 6.13 

HIGH PRESSURE STEAM PRODUCTION COST 

Steam: 1500 psig, 950°F 
Capacity: 500,000 lb/hr 

Boiler: Pulverized coal fired 
PEP Cost Index: 400 

Reference: PEP Report 136, pa 156 

Total Fixed Capital (TFC): $38.2 million 

Labor 
Operating (17.50 $/hr, 4/shift) 
Maintenance (2% TFC) 
Control lab (20% op. labor) 

Total labor 

Materials 
Chemicals 
Maintenance (2% TFC) 
Operating (10% op. labor) 

Total materials 

Utilities 
Boiler feedwater 
Electricity (3.6c/kwh) 
Coal ($1.90/million Btu) 

Total utilities 

Plant overhead (80% total labor) 

Total operating costs 

Taxes and insurance (2% TFC) 
Depreciation (10% TFC) 

Total capital charges 

Op. costs and cap. charges 
25% ROI 

PRODUCT VALUE 

$/l,OOO lb $1 ,OOO/yr 

614 
764 
123 

1,501 

46 
764 
61 

871 

249 
1,204 
11,339 

12,792 

1,200 

16,364 4.15 

764 
3,820 

4,584 1.16 

20,948 5.31 
9,550 2.42 

30,498 7.73 

218 



average of the factors by which the acid gas flow (CO2 + H2S) and the 

total gas flows to acid gas removal had changed. 

Because the heat balance of the integrated facilities is fairly 

complex, we made some approximations and simplifications in modifying 

the base case design. High pressure steam is a key factor. 

In the base case design for methanol syngas (H2/C0 - 2.26) the 

heat produced in the high temperature shift reaction is used to raise 

HP steam, and the complex is in overall utilities balance. Cutting 

back on the amount of shift (cases in which H2/CO s2.0), therefore, 

results in an HP steam debit, and increasing the amount of shift (for 

hydrogen) gives an HP steam credit. Steam is also needed for the shift 

reaction itself and is provided by saturating the shift feedstream at 

the quench stage. As a conservative approximation we did not take any 

HP steam credit for potential savings here as the amount of shift is 

cut back (for HZ/CO S2.0 cases), but did allow an equivalent HP steam 

debit for increased quench requirements (when making hydrogen). 

The net result is that the HP steam requirement is not overly 

sensitive to the fraction of raw gas shifted. This is in contrast to 

what happens in the type of shift/acid gas scrubbing arrangement used 

in the partial oxidation design of Section 5. There, the raw gas under- 

goes sulfur removal before shift and is thus cooled and dried. For 

shifting, addition of HP steam to the reactor feed is therefore neces- 

sary, while none of the heat in the reactor product is recovered as HP 

steam. The HP steam required then increases in direct proportion to 

the fraction of raw gas shifted. To compensate, such an arrangement 

simplifies acid gas removal and sulfur recovery. 

The net changes in the overall heat balance for the acid gas 

removal section resulting from the design variations are relatively 

much smaller; we made some rough trade-offs to simplify the picture. 

These included balancing out fuel gas debits with 600 psi steam cred- 

its, and balancing out some steam requirements irrespective of pressure 

level. The inaccuracies introduced will have but minor effect on the 

overall syngas economics. 
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In the hydrogen design there is also an excess of low pressure 

steam produced from both the high and low temperature shift units. In 

the illustrative calculations below, this is shown as a low pressure 

steam equivalent, but is credited at no value. 

Capital requirements were scaled on the basis of total gas flow 

rates for the shift section. For the acid gas removal section the 

average of the acid gas and total gas flow ratios was used as a scaling 

parameter. For hydrogen production, costs were also estimated for a 

low temperature shift unit and a methanation unit and added to the 

modified battery limits investment. 

Adjustments were made to the utilities and 

proportion to the changes in the battery limits 

1. Methanol Syngas from Coal (Module 13) 

This module comprises the front end of the methanol-to-coal com- 

off-sites capital in 

investment. 

plex described above. The product is a clean syngas with an H2/CO 

ratio of 2.26 containing about 3 ~01% of carbon dioxide and available 

at 53 atmospheres. (See stream 12 in Figure 6.7 and Table 6.6.) For 

consistency with the other modules the costs are expressed on the basis 

of the H2 and CO contained in the gas. 

The capital requirements are shown in Table 6.14 and Figure 6.13. 

The battery limits investment (BLI) for the syngas module comprises 

some 85% of the BLI for the methanol complex. 
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Table 6.14 

METHANOL SYNGAS FROM COAL 

- 

0 

INVESTMENT AND PRODUCT VALUE AS A FUNCTION OF CAPACITY 

Capacity Capital (million $) 
Million Metric 
scfd of Tons/Day Battery 
Contained Methanol Limits Off-sites 
CO + H3 Equivalent Investment Investment TFC 

805.3 10,000 924 178 1,102 278 

402.6 5,000 498 110 608 297 

201.3 2,500 285 73 358 334 

101 1,250 165 50 213 382 

50 625 100 36 136 467 

Product 
Value 
(d=cf) 

The product value for a production capacity of 805 million scfd of 

contained carbon monoxide and hydrogen is estimated at 278c/l,OOO mscf 

or $104/1,000 Nm3. This breaks down approximately as follows: 

Cost Component clmscf X 

Coal related 88.2 32 

Labor related 25.2 9 

Capital related 162.6 58 

Miscellaneous 2.4 1 - m 

Total 278.4 100 

The product value of the syngas comprises close to 90% of the product 

value of the methanol produced from it. The considerations relating to 

plant design, scale-up, production cost parameters, etc., are essen- 

tially the same as those discussed in relation to the overall methanol 

complex above. 0 

Detailed breakdowns of the production costs and product values are 

shown in Table 6.22 at the end of this section. Product values are 
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Figure 6.13 
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also plotted as a function of capacity in Figure 6.14, and summarized 

in Table 6.14. 

The allowance for G&A, sales, and research costs is taken at 5% of 

the syngas value, i.e., the same as for the methanol estimates. This 

contrasts with the 3% allowance used in the syngas cost estimates fur- 

ther below. The G&A allowances are to some extent arbitrary, and the 

rationale here was to keep with the standard PEP conventions which 

class methanol and hence methanol syngas as a commodity, and syngas per 

se as a captive chemical. 

2. Methanol from Coal-Derived Syngas (Module 27) 

This module comprises the cut-out methanol synthesis and purifi- 

cation sections, i.e., the tail-end of the methanol-to-coal complex 

described above. Adding together this module and the methanol syngas 

module (13) thus gives the costs for production of methanol from coal. 

The capital requirements are shown in Table 6.15, and Figure 6.15. 

The battery limits investment (BLI) for the methanol synthesis and 

purification accounts for some 15% of the BLI for the total methanol 

complex. 

Table 6.15 

METHANOL FROM COAL-DERIVED SYNGAS 

INVESTMENT AS A FUNCTION OF CAPACITY 

Capital (million $) 
Capacity Battery Limits Off-Sites 

Metric Tons/Day Investment Investment TFC 

10,000 158 62 220 

5,000 82 37 119 

2,500 42 20 62 

1,250 25 12 37 

625 16 8 24 
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Figure 6.14 

METHANOL SYNGAS (H2/CO = 2.26) FROM COAL 

Product Values as a Function of Capacity 
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Figure 6.15 

METHANOL FROM COAL DERIVED SYNGAS 

Variation of Capital Costs with Capacity 
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The production costs and product values are shown in Table 6.23 at 

the end of this section. 

To maintain consistency between the parts and the whole, the GSA 

charges here were based on the product value added to the syngas rather 

than on the methanol product value. In the instance where the size of 

the gasification facility is matched to the size of the methanol facil- 

ity, the plot of product value as a function of capacity for the over- 

all methanol complex (Figure 6.11) applies here as well. 

Because the cost of the syngas dominates the methanol production 

cost, it is the scale of the syngas manufacture which has the major 

effect on the cost of the methanol. Thus, for example, a methanol unit 

of 1,250 metric tons/day, fed with syngas from a unit producing 805 mil- 

lion scfd, would produce methanol at a product value of 11.9c/lb. This 

compares with the value of 15.7&b calculated for the case in which 

the syngas production is matched to the smallish methanol unit. Obvi- 

ously, the economics of manufacturing most chemicals from coal based 

syngas will be very much improved if this can be done in a complex 

based on a central large scale gasification facility. 

3. Syngas (H7:CO = 0.75) from Coal (Module 1) 

A H2/CO mol ratio of 0.75 in the product is the lowest that can be 

attained directly with the 60% solids slurry fed gasifiers used for the 

present base case design. The gas is cleaned up and all of it is sent 

to the COS hydrolysis reactors. No watergas shift reaction is carried 

out. 

In practice, such a design would probably yield a product gas with 

a somewhat variable H2/CO ratio because the facility to adjust this 

readily by varying the split between hydrolysis and shift is elimi- 

nated. The nominal composition of the gas is shown in Table 6.1 at the 

beginning of this section. 

As discussed in Section 3, syngases with IQ/CO ratios as low as 

0.75 are unlikely to be needed on any large scale for chemical synthe- 

sis. ,The requirement for carbon monoxide per se is normally on a much 
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smaller scale, as are the requirements for highly CO-rich syngases 

bg., vinyl acetate synthesis requiring methanol plus a syngas with a 

0.58 H2/CO ratio). The optimal way to produce this in a given case 

will most likely entail separation or skimming from a hydrogen-rich syn- 

gas being produced for some other major end use (see Sections 3 and 7). 

However, should syngases very rich in CO be required on a large 

scale, dry-feed entrained-bed gasifiers would inherently be more suit- 

able. The Shell/Koppers process typically produces a syngas with an 

HZ/CO ratio of about 0.5. An even lower ratio can be attained by using 

carbon dioxide as part of the feedstock (cf. steam reforming), but 

little has been published on the operation of gasifiers in such a mode. 

For production of intermediate Btu gas (IBG) for fuel, there would 

be no need to shift, or to remove carbon dioxide from the product. 

Acid gas recovery would therefore be simplified. Costs for the produc- 

tion of IBG would therefore be even lower than those for the syngas 

considered here. 

The capital requirements for producing the 0.75 HZ/CO ratio gas 

are shown in Table 6.16 and in Figure 6.13. 

The detailed production costs and product values for various capac- 

ities are given in Table 6.24 at the end of this section. Product 

values are summarized in Table 6.16 and also plotted as a function of 

capacity in Figure 6.16. 

The product value for a production capacity of 802 million scfd of 

contained CO and hydrogen is estimated at 265c/l,OOO scf or $99/1,000 

Nld. This breaks down approximately as follows: 

Cost Component clmscf % 

Coal related 88.4 33 

Labor related 18.8 7 

Capital related 152.8 58 

Miscellaneous 5.4 2 - - 

Total 265.4 100 
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Figure 6.16 

SYNGAS FROM COAL 

Product Value as a Function of Capacity 
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In line with PEP standards, the allowance for G&A, sales, and research 

costs was set at 3% of the syngas product value, syngas being consid- 

ered a captive chemical. This contrasts with the 5% allowance used for 

methanol and methanol syngas. 

Table 6.16 

SYNGAS (H2:CO - 0.75) FROM COAL 

INVESTMENT AND PRODUCT VALUE AS A FUNCTION OF CAPACITY 

Capacity Capital (million $) 
Million Metric 
scfd* of Tons/Day Battery Total Product 
Contained Methanol Limits Off-Sites Fixed Value 
CO + H7 Equivalent* Investment Investment Capital (c/mscf) 

802 10,000 863 169 1,032 265 

401 5,000 467 104 571 283 

201 2,500 269 69 338 318 

100 1,250 153 47 200 362 

50 625 94 34 128 442 

*Basis equivalent gasifier capacity. 

As compared with the base case (methanol syngas, H2/C0 - 2.26) 

costs are reduced primarily because of the reduction in acid gas scrub- 

bing requirements. (The major change in product value, however, here 

in fact derives from the arbitrary allocation of a different level of 

C&A, sales, and research costs.) Because of the reduced shift require- 

ments there also appears to be some potential for backing out some of 

the quench cooling and recovering more of the sensible heat in the form 

of high pressure steam. No allowance was made for this here, but maxi- 

mum savings of the order of lOc/l,OOO scf might be possible. With 

optimization of the overall design in each given instance, the syngas 

product values may therefore be somewhat more sensitive to the H2/CO 

ratio than shown in Figure 6.17. 
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The literature often quotes Cold Gas Efficiencies (WE), for 

gasification processes. A typical definition of CGE is: 

Heating value of syngas produced 
Heating value of feedstock consumed 

In Europe the net or lower heating value (LHV) is usually used for 

reference, while in the United States it is more normal to sell fuels 

and calculate efficiencies on the basis of the gross or higher heating 

value (HHV). The CGE is not an efficiency in a thermodynamic sense, 

but rather a statement of yield. Provided a design is balanced in 

terms of all energy inputs, the CGE can be used 'as a rough comparative 

measure of its overall efficiency in utilieing feedstock. Its meaning, 

however, becomes very ambiguous if a large amount of energy flows 

either into or out from the system. In the present instance a CGE of 

about 70% is calculated if the relatively minor imbalance in steam and 

electricity is neglected. If an allowance is made for the latter, the 

CGE drops to about 68.5%. 

4. Syngases (H2:CO = 1.0, 1.5, 2.0) from Coal (Modules 2, 7, 8) 

For production of syngases with H2/CO mol ratios of 1.0, 1.5, and 

2.0, respectively, 18X, 43X;, and 59% of the raw gas stream is sent to 

the high temperature shift reactor and shifted to give an H2/CO ratio 

of 4.8. The rest of the raw gas in each case is processed in the COS 

hydrolysis reactors. The two streams are eventually remixed to give 

the desired overall H2/CO ratio. 

An outline of how the base case design was modified and costs 

allocated in these schemes was given above under Rationale for Cost 

Allocations. 

The capital requirements are shown in Tables 6.17-6.19. At the 

maximum capacity the TFC for the 2.0 ratio syngas is some 6% greater 

than for the 0.75 ratio syngas where no shifting takes place. On the 

plot of Figure 6.13, the capital requirements for the whole range of 
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syngas compositions covered here will lie within the relatively narrow 

bands shown. 

Table 6.17 

SYNGAS (H2:CO = 1.0) FROM COAL 

INVESTMENT AND PRODUCT VALUE AS A FUNCTION OF CAPACITY 

Capacity Capital (million $) 
Million Metric 
scfd of Tons/day Battery Total Product 
Contained Methanol Limits Off-Sites Fixed Value 
CO + HP Equivalent* Investment Investment Capital (c/mscf) 

803.2 lQ,OOO 883 172 1,055 268 

402 5,000 477 106 583 286 

201 2,500 274 70 344 321 

100 1,250 156 48 204 366 

50 625 ?6 34 130 446 

*Basis equivalent gasifier capacity. 

Table 6.18 

SYNGAS (H2:CO = 1.5) FROM COAL 

- 

l 

INVESTMENT AND PRODUCT VALUE AS A FUNCTION OF CAPACITY 

Capacity 
Million Metric 

Capital (million $) 

scfd of Tons/Day Battery Total Product 
Contained Methanol Limits Off-Sites Fixed Value 
CO + IIs Equivalent* Investment Investment Capital (c/mscf) 

804.3 10,000 905 175 1,080 270 

402 5,000 488 108 596 288 

201 2,500 280 71 351 324 

101 1,250 160 49 209 370 

50 625 98 35 133 451 

0 

0 

*Basis equivalent gasifier capacity. 
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Table 6.19 

SYNGAS (H2:CO = 2.0) FROM COAL 

a 

0 

INVESTMENT AND PRODUCT VALUE AS A FUNCTION OF CAPACITY 

Capacity Capital (million $) 
Million Metric 
scfd of Tons/Day Battery Total Product 
Contained Methanol Limits Off-Sites Fixed Value 
CO + H7 Equivalent* Investment Investment Capital (c/mscf) 

805 10,000 919 177 1,096 272 

402.5 5,000 495 110 605 290 

201 2,500 284 72 356 326 

101 1,250 162 50 212 373 

50 625 100 35 135 456 

*Basis equivalent gasifier capacity. 

The detailed production costs and product values for various capac- 

ities are shown in Tables 6.25, 6.26, and 6.27 at the end of this 

section. Product values are also plotted in Figure 6.17 as a function 

of both H2/CO ratio and capacity. As noted before, optimization of the 

gasifier product cooling design and the high pressure steam balance 

could lead to somewhat lower product values for the 

syngases than shown in Figure 6.17. 

For the 2.0 ratio syngas at a production scale 

contained H2 and CO, 

or $101.5/1,000 Nm3, 

mately as follows: 

the product value is estimated 

for a 0.9 stream factor. This 

Cost Component c/mscf 

Coal related 88.2 

Labor related 19.4 

Capital related 161.7 

Miscellaneous 2.7 

Total 272.0 
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Again, the allowance for G&A, sales, and research costs was set at 

3% of the syngas product value compared with 5% for the methanol syn- 

gas. 

Because of the high proportion of fixed costs the product value is 

very sensitive to the stream factor, and increases substantially as the 

downtime increases. 

Stream Operating Product Value 
Factor Days/yr c/mscf $/million Btu Ratio 

0.9 328.5 272 8.3 1.0 

0.7 255 324 9.9 1.19 

0.5 182.5 417 12.8 1.53 

The present analysis and the above breakdowns are keyed to a rela- 

tively high coal price (by U.S. norms), and to U.S. Gulf Coast con- 

struction costs. The sensitivity of the product value to coal price 

and capital is illustrated in Figure 6.18 for the 2.0 ratio syngas. 

The more extensive discussion of costs in the section on methanol 

is also relevant here. For some comparisons with costs related to gas 

and oil based facilities, refer to Section 2. 

5. Hydrogen from Coal (Module 22) 

The analysis was extended to include cost estimates for production 

of hydrogen over the same capacity range as the syngases (SO-800 mil- 

lion scfd). This is, of course, a very large scale for hydrogen produc- 

tion. Currently a large unit for on-purpose refinery hydrogen 

typically produces less than 100 million scfd. Alternatively 100 mil- 

lion scfd could be used to produce some 1,350 metric tons per day of 

ammonia. The size of facilities being envisaged for synfuels manufac- 

ture by direct coal liquefaction is often of the order of 50,000 bar- 

rels per day, and would typically require some 200-300 million scfd of 

hydrogen. The product values estimated below thus represent the lower 
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Figure 6.18 

SENSITIVITY OF SYNGAS PRODUCT 

Value to Capital Investment and Coal Price 
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limits of the cost of hydrogen produced on a very large scale from 

coal. 

To estimate screening level costs we modified the base-case meth- 

anol syngas design to include a low temperature shift stage following 

the high temperature shift. All of the raw gas is shifted and the COS 

hydrolysis section is eliminated entirely. An optimisation of the 

steam balance was not attempted. A methanation stage was added after 

acid gas removal to reduce the CO below 10 ppmv. The acid gas removal 

section costs ware scaled simply on the basis of flow rates. Selective 

acid gas separation becomes more difficult as the CO2 level in the raw 

gas increases (415023), and in practice, a somewhat more complex design 

may be needed than in the methanol syngas case. However, for present 

purposes we believe that a simple scaling is adequate. 

The hydrogen product composition is shown as stream 6 in Table 

6.1. The hydrogen purity is 97 ~01% on a dry basis, with methane, 

inerts, and water composing the main impurities in roughly equal 

amounts. This purity would typically be adequate for chemical grade 

hydrogen used for example in refinery hydrogenations. 

The capital requirements are shown in Table 6.20 and Figure 6.19. 

The detsiled product costs and product values for various capaci- 

ties are given in Table 6.28 at the end of this section. Product 

values are also summarised in Table 6.20 below, and plotted as a func- 

tion of capacity in Figure 6.16. As for the syngases, the allowance 

for C&A costs was taken as 3% of the product value. The surplus of low 

pressure steam produced was given no credit. 
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Figure 6.19 

LARGE SCALE HYDROGEN FROM COAL 

Variation of Capital Costs with Capacity 

Illinois No. 6 Coal 

Texaco Gasifiers 

U.S. Gulf Coast 

PEP cost Index: 400 
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Table 6.20 

LARGE SCALE HYDROGEN PRODUCTION FROM COAL 

INVESTMENT AND PRODUCT VALUE AS A FUNCTION OF CAPACITY 

Capacity Capital (million $) 
Metric 
Tons/Day Battery Total 

Million Methanol Limits Off-Sites Fixed 
scfd" Equivalent* Investment Investment Capital 

781 10,000 1,049 194 1,243 

391 5,000 563 121 684 

195 2,500 322 80 402 

98 1,250 184 56 240 

49 625 114 39 153 

Product Product 
Value Value 

(c/=cf) (c/lb) 

313 59.4 

334 63.4 

375 71.2 

430 81.6 

526 99.8 

*Based on contained hydrogen. 

tBasis equivalent gasifier capacity. 

Conclusions 

In this section we have outlined some background considerations on 

the gasification of coal as a starting point for large scale chemicals 

production, and presented screening level economics for syngas, hydro- 

gen, and methanol production. An example on separating out carbon 

monoxide from coal based methanol syngas is analyzed in Section 7. 

The basis for the economic analysis was second generation gasifi- 

cation, which is close to demonstration on a commercial scale. The 

scale of operation considered was one in which the facilities could be 

dedicated to bulk chemicals production rather than used primarily for 

synthetic fuels manufacture. 

It was seen that within these constraints, entrained flow gasifi- 

cation has inherent advantages. It produces a CO-rich synthesis gas 

low in methane and tars which is readily suited to chemical synthesis. 

Adjusting the H2/CO ratio upward by the water gas shift reaction is a 
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relatively simple and economic operation. Because gasification and 

associated facilities are very capital Intensive, it is essential to 

take advantage of the economies of scale; the size of the production 

facilities needs to be substantial. A central syngas complex feeding 

several types of downstream units would be a likely arrangement. 

Regarding investment estimates, the intent of the current work is 

to present screening level costs for large coal conversion plants that 

could be operating by the end of the decade. As such they should be 

applicable to demonstrated technology and not to "first-time" facili- 

ties. Costs for the latter would be expected to be substantially 

higher. Economics of eventual chemicals production from syngases pro- 

duced in even larger syn fuels complexes should, on the other hand, be 

more favorable. 

We initially thought that the design in the Fluor study (472120) 

would serve the present purpose. However, continuing evaluation of 

gasification facilities, and discussions with industry have led us to 

conclude that a somewhat more conservative design basis should be 

adopted to match the assumed stream factor of 0.9 (328.5 days per 

year), even for a mature plant. In particular, sparing on the gasifier 

and heat recovery section should be increased to about 50%. In addi- 

tion more extensive facilities for coal storage and preparation, and 

for auxiliary steam generation would be required. We estimate that 

such changes would increase the total fixed capital for syngas produc- 

tion by close to 25% in the base case. In the computerized version of 

the present data base therefore, namely, the SYNCOST Program, the 

capital requirements for coal-based facilities have been increased In 

line with these more conservative design assumptions (see Table 2.3 in 

Section 2.) The numbers in the present section should thus be con- 

sidered to represent an optimistic scenario. 

Some comparisons of the costs of coal derived syngas with those of 

syngas made from natural gas and residue are also given in Section 2. 
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However, the comparisons should only be viewed as selected illustra- 

tions. The main objective of the present work is to establish a frame- 

work and a data base which can be used to project and examine various 

scenarios in the future. The point at which coal based feedstocks will 

become competitive will depend primarily on the relative rates of esca- 

lation of crude oil and capital costs, projections of both of which are 

particularly moot at the present time. Because of the large sums of 

capital placed at risk in constructing gasification complexes, the ac- 

tual crossover point is also likely to lag the theoretical one* 
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Table 6.21 

METHANOL PROM COAL 

PRODUCTION COSTS 

Time: Mid-1981 
Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity: 10,000 Metric Tone/Day (100% Methanol Basis) 
3,285,OOO Metric Tons& 

7,243 Million lbfyr 

Stream Factor: 0.9 

Process units include: 

1. Coal preparation 

2. 
3. 
4. 
5. 
6. 
7. 
8. 
9. 

Air separation 
Coal gasification (Texaco with WFfB) 
Shift conversion (4.8 D2/CO ratio) 
COS hydrolysis 
Acid gae removal (Rectieol process) 
Sulfur recovery (Claus 6 Beavon processes) 
Methanol synthesis (ICI process) 
Methanol purification (99% fuel grade) 

15,000 metric tons/day as received 
Illinois No. 6 
12,800 metric tons/day oxygen (100% basis) 
810 million ecfd (CO + H2) 
534 million ecfd (CO + H2) 
276 million ecfd (CO + H2) 
1,234 million ecfd feed gas 
462 metric tons/day sulfur 
10,000 metric tons/day (100% basis) 
10,000 metric tons/day (100% basis) 

Inveetment (million $) 

Battery limits (BLI) 1,082 
Off-sites 240 

Total fixed capital (TX) 1,322 

Variable Cost Summary 

Raw materials 
Coal at mine 
Coal transport 
Ash disposal 
Methanol catalyst 
Misc. cat. and them. 

Consumption 
per 

Unit Coet metric ton 

32.3 S/metric ton 1.5 
15.0 Q/metric ton 1.5 
5.0 S/metric ton 0.15 
4.0 $/lb 0.4 
1.0 $/unit 0.6 

By-product 
Sulfur lOO$/metric ton (0.046) 

Imported utilities 

Clarified water 0.68 $/l,OOO gal 1.37 

Total variable costs 

$/metric 
c/lb ton 

2.20 48.45 
1.02 22.50 
0.03 0.75 
0.07 1.60 
0.03 0.60 -- 
3.35 73.90 

(0.21) (4.60) 

0.04 0.93 -- 

3.18 70.23 

$l,OOO/yr 

159,158 
73,913 
2,464 
5,256 
1,971 

242,762 

(15,111) 

3,055 

230,706 
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Table 6.21 (Continued) 

MRIRANOL PROM COAL 

PRODUCTION COSTS 

10,000 Metric Tone/Day 

c/lb 

Production costs 
Raw materials 3.35 
By-product credit (0.21) 
Imported utilities 0.04 

Variable costs 3.18 

Operating labor (62lehift; 17.50 $/hr) 0.13 
Maintenance labor (1.6% BLI) 0.24 
Control lab. labor (20% op. labor) 0.03 

Total direct labor 0.40 

Maiateuance materials (2.4% BLI) 0.36 
Operating suppliee (10% op. labor) 0.01 

0.37 

Plant overhead (30% total labor) 0.12 
Taxes and insurance (2% TPC) 0.37 
Depreciation (10% TFC) 1.82 

2.31 

Subtotal: plant gate cost 6.26 

G6A, sales, research (5% PV) 0.57 

ROI before taxes (25% TFC) 4.56 

Product value (PV) 11.39 

c/gallon (U.S.)* 75.2 
$/million Btu* 11.65 

*Basis 6.6 lb/gallon, 

9,690 Btu/lb (WV) of 99.1% methanol. 

$/metric ton 

73.90 272,762 
(4.60) (15,111) 
0.93 3,055 

70.23 230,706 

2.89, 9,505 
5.27 17,312 
0.58 1,901 

8.74 28,718 

7.91 25,968 
0.29 951 

8.20 26,919 

2.62 8,615 
8.05 26,440 
40.24 132,200 

50.91 167,255 

138.08 453,598 

12.56 41,268 

100.61 330,500 

251.25 825,366 

$l,OOO/yr 
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Table 6.21 (Continued) 

PIETHANOL PROM COAL 

PRODUCTION COSTS 

Time: Mid-1981 
Location: U.S. Gulf Coast 
PgP Cost Index: 400 

Capacity: 5,000 Metric Tons/Day (100% Methanol Basis) 
1,642,500 Metric Tone/yr 

3,622 Million lblyr 

Streem Factor: 0.9 

Process units include: 

1. 

i: 
4. 
5. 
6. 
7. 
a. 
9. 

Coal preparation 

Air separation 
Coal gaeification (Texaco with WHB) 
Shift conversion (4.8 Hz/CO ratio) 
CO8 hydrolysis 
Acid gas removal (Rectieol process) 
Sulfur recovery (Claus & Beavon processes) 
Methanol eyntheeie (ICI process) 
Methanol purification (99% fuel grade) 

Investment (million $) 

Battery limits (BLI) 580 
Off-sites 147 

Total fixed capital (TPC) 727 

7,500 metric tone/day as received 
Illinoie No. 6 
6,400 metric tone/day oxygen (100% basis) 
405 million ecfd (CO + H2) 
267 million ecfd (CO + IQ) 
138 laillion ecfd (CO + E2) 
617 million scfd feed gas 
231 metric tone/day sulfur 
5,000 metric tons/day (100% beefs) 
5,000 metric tone/day (100% basis) 
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Table 6.21 (Continued) 

MgTliANOL FROM COAL 

PRODUCTION COSTS 

5,000 Metric Tone/Day 

Production costs 
Raw materials 
By-product credit 
Imported utilitiee 

Variable costs 

Operating labor (34fehift; 17.50 $/hr) 
Maintenance labor (1.6% BLI) 
Control lab. labor (20% op. labor) 

Total direct labor 

Maintenance materials (2.4% BLI) 
Operating supplies (10% op. labor) 

Plant overhead (30% total labor) 
Taxes and insurance (2% TFC) 
Bepreciation (10% TFC) 

Subtotal: plant gate cost 

CM, sales, research (5% PV) 

ROI before taxes (25% TFC) 

Product value (PV) 

C/gallon (U.S.) 
$/million Btu 

c/lb Q/metric ton $l,OOO/yr 

3.18 

0.14 
0.26 
0.03 

0.43 

0.38 
0.02 

0.40 

0.13 
0.40 
2.01 

2.54 

6.55 

0.61 

5.02 

12.18 

SO.4 
12.45 

73.90 
yg’ 

A 

70.23 

3.17 
5.66 
0.63 

9.46 

a.47 
0.32 

a.79 

2.84 
8.85 
44.26 

55.95 

144.43 

13.43 

110.65 

268.51 

121,381 
'yg' 
s 

115,353 

5,212 
9,280 
1,042 

15,534 

13,920 
521 

14,441 

4,660 
14,540 
72,700 

91,900 

237,228 

22,051 

181,750 

441,029 
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Table 6.21 (Continued) 

MRTRANOL FROM COAL 

PRODUCTION COSTS 

Time: Mid-1981 
Location: U.S. Gulf Coast 
p&P Cost Index: 400 

Capacity: 2,500 Metric Tone/Day (100% Methanol Basis) 
821,250 Metric Tons/yr 

1,811 Million lbfyr 

Stream Factor: 0.9 

Process units include: 

1. Coal preparation 

2. Air separation 
3. Coal gasification (Texaco with WRB) 
4. Shift conversion (4.8 H2fCO ratio) 
5. COS hydrolysis 
6. Acid gae removal (Rectisol process) 
7. Sulfur recovery (Claus & Beavon processes) 
a. Methanol synthesis (ICI process) 
9. Methanol purification (99% fuel grade) 

Investment (million $) 

Battery limits (BLI) 327 
Off-eitee 93 

Total fixed capital (TPC) 420 

3,750 metric tone/day as received 
Illinois No. 6 

3,200 metric tone/day oxygen (100% basis) 
202 million scfd (CO + H2) 
133 million scfd (CO + R2) 
69 million ecfd (CO + II2) 
308 million ecfd feed gas 
115 metric tone/day sulfur 
2,500 metric tone/day (100% basis) 
2,500 metric tone/day (100% basis) 
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Table 6.21 (Continued) 

HlZTliANOL PROMCOAL 

PRODUCTION COSTS 

2,500 Metric TonefDey 

c/lb 

Production costs 
Raw materials 3.35 
By-product credit (0.21) 
Imported utilitiee 0.04 

Varieble costs 3.18 

Operating labor (24fehift; 17.50 $/hr) 0.20 
Maintenance labor (1.6% BLI) 0.29 
Control lab. labor (20% op. labor) 0.04 

Total direct labor 0.53 

Maintenance meteriale (2.4% BLI) 0.43 
Operating supplies (10% op. labor) 0.02 

0.45 

Plant overhead (30% total labor) 0.18 
Taxes and ineurance (2% TFC) 0.46 
Depreciation (10% TFC) 2.32 

2.97 

Subtotal: plant gate cost 7.13 

G6A, sales, research (5% W) 0.68 

ROI before taxes (25% TFC) 5.80 

Product value (PV) 13.61 

c/gallon (U.S.) 89.8 
$/million Btu 13.92 

J/metric ton 

73.90 
(4.60) 
0.93 

70.23 

4.48 
6.37 
0.90 

11.75 

9.55 
0.45 

10.00 

4.07 
10.23 
51.14 

65.44 

157.42 

15.01 

127.85 

300.2s 

$1.000/yr 

60,690 
(3,778) 

764 

57,676 

3,679 
5,232 
736 

9,647 

7,848 
368 

8,216 

3,341 
8,400 
42.000 

53,741 

129,280 

12,330 

105,000 

246,610 
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Table 6.21 (Continued) 

METHANOL FROM COAL 

PRODUCTION COSTS 

Time: Mid-1981 
Locetion: U.S. Gulf Coast 
WP Cost Index: 400 

Capacity: 1.250 Metric Tons/Day (100% Methanol Basis) _ _ 
410;625 Netric Tonefyr- 

905 Million lbfyr 

Stream Factor: 0.9 

Process unite include: 

1. Coal preparation 

:: 
Air separation 
Coal gasification (Texaco with WHB) 

4. Shift conversion (4.8 H2fCO ratio) 
5. COS hydrolysis 
6. Acid gae removal (Rectisol process) 
7. Sulfur recovery (Claus 6 Beavon processes) 
a. Methanol synthesis (ICI process) 
9. Ikthanol purification (99% fuel grade) 

Investment (million $) 

Battery limits (BLI) is8 
Off-sites 62 

Total fixed capital (TFC) 25Cl 

1,875 metric tons/day as received 
Illinoie No. 6 
1,600 metric tons/day oxygen (100% basis) 
101 million ecfd (CO + H ) 
67 million ecfd (CO + H2 f 
34 million ecfd (CO + H2) 
154 million ecfd feed gas 
58 metric tone/day sulfur 
1,250 metric tone/day (100% basis) 
1,250 metric tone/day (100% basis) 
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Table 6.21 (Continued) 

METWNDL FROM COAL 

PRODUCTION COSTS 

1,250 Metric Tons/Day 

c/lb 

Production costs 
Rew materials 3.35 
By-product credit (0.21) 
Imported utilitiee 0.04 

Variable costs 3.18 

Operating labor (2Ofehift; 17.50 Qfhr) 0.34 
Maintenance labor (1.6% BLI) 0.33 
Control lab. labor (20% op. labor) 0.07 

Total direct labor 0.74 

Maintenance materials (2.4% BLI) 0.50 
Operating supplies (10% op. labor) 0.04 

0.54 

Plant overhead (30% total labor) 0.22 
Taxes and insurance (2% TPC) 0.55 
Depreciation (10% TFC) 2.76 

3.53 

Subtotal: plant gate cost 7.99 

G&A, sales, research (5% PV) 0.78 

ROI before taxes (25% TFC) 6.90 

Product value (PV) 15.67 

C/gallon 103.4 
$/million Btu 16.0 

$/metric ton 

73.90 
(4.60) 
0.93 

70.23 

7.47 
7.32 
1.49 

16.28 

10.99 
0.75 

11.74 

4.89 
12.18 
60.88 

77.95 

176.20 

17.28 

152.21 

345.69 

$l,OOO/yr 

30,345 
(1,889) 

382 

28,838 

3,066 
3,008 
613 

6,687 

4,512 
307 

4,819 

2,006 
5,000 
25,000 

32,006 

72.350 

7,097 

62.500 

141,947 
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Table 6.21 (Continued) 

METMNOL FROM COAL 

PRODUCTION COSTS 

Time: Mid-1981 
Location: U.S. Gulf Coast 
PBP Cost Index: 400 

Capacity: 625 Hetrlc Tons/Day (100% Methanol Beefs) 
205,300 Metric lbnefyr 

453 Million lb/yr 

Streem Factor: 0.9 

Process unite include: 

1. 

i” . 
4. 
3. 
6. 
7. 

S: 

Coal preparation 

Air separation 
Coal geeification (Texaco with WHB) 
Shift conversion (4.8 H2fCO ratio) 
CDS hydrolysis 
Acid gee removal (Rectieol process) 
Sulfur recovery (Claus & Beavon processes) 
Methanol synthesis (ICI process) 
Methanol purification (99% fuel grade) 

Investment (million $) 

Battery limits (BLI) 116 
Off-sites 44 

Total fixed capital (TFC) 160 

938 metric tone/day as received 
Illinois No. 6 

800 wtric tone/day oxygen (100% basis) 
51 million ecfd (CO + H2) 
34 million scfd (CO + H2) 
17 million ecfd (CO + H2) 
77 million ecfd feed gas 
29 metric tone/day sulfur 
625 metric tone/day 
625 metric tone/day 
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Table 6.21 (Concluded) 

METHANOL PROM COAL 

PRODUCTION COSTS 

625 Metric Tone/Day 

Production costs 
Raw meteriale 
By-product credit 
Imported utilitiee 

Variable costs 

Opereting labor (19fehift; 17.50 $/hr) 
Maintenance labor (1.6% BLI) 
Control lab. labor (20% op labor) 

Total direct labor 

Maintenance materials (2.4% BLI) 
Operating supplies (10% op. labor) 

Plant werhead (30% total labor) 
Taxes and insurance (2% TFC) 
Depreciation (10% TFC) 

Subtotal: plant gate cost 

G6A, sales, research (5% PV) 

ROI before taxes (25% TFC) 

Product value (PV) 

c/gallon 
Q/million Btu 

c/lb $/metric ton $l,OOO/yr 

3.35 
(0.21) 
0.04 

3.18 

0.64 
0.41 
0.13 

1.18 

0.61 
0.06 

0.67 

0.35 
0.72 
3.53 

4.60 

9.64 

0.97 

8.84 

19.45 

128.4 
19.88 

73.90 
(4.60) 
0.93 

70.23 

14.19 
9.04 
2.84 

26.07 

13.56 
1.42 

14.98 

7.82 
15.59 
77.93 

101.34 

212.62 

21.44 

194.84 

428.90 

15,172 
(944) 
191 

14,419 

2,913 
1,856 
583 

5,352 

2,784 
291 

3,075 

1,606 
3,200 
16,000 

20,806 

43,652 

4,402 

40,000 

88,054 
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Table 6.22 

METHANOL SYNGAS FROM COAL (H2:CO - 2.26) 

PRODUCTION COSTS 

Time: Mid-1981 
Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity: 805.3 x 106 scfd (contained CO + H2)' 
88.400 lb-molefhr (contained CO + R2) 
264.4 x 109 

Stream Factor: 0.9 

scf/yr (contained Co + E2) 

Process unite include: 

1. Coal preparation 

2. Air separation 
3. Coal gaeification (Texaco with WHB) 
4. Shift conversion (4.8 E2fCo ratio) 
5. COS hydrolysis 
6. Acid gas removal (Rectieol process) 

12,800 metric tone/day oxygen (100% basis) 
810 million scfd (CO + H2) 
534 million ecfd (CO + H2) 
276 million scfd (CO + H2) 
1,234 million scfd feed gas 

processes) 462 metric tone/day sulfur 

15,000 metric tone/day as received 
Illinoie No. 6 

7. Sulfur recovery (Claus h Beavon 

*Represents "front-end" of a 10,000 

Investment (million $) 

metric ton/day methanol unit. Syngae contains 3% CO2. 

Battery limits (BLI) 924 
Off-sites 178 

Total fixed capital (TFC) 1,102 

Variable Cost Suwnary 

Consumption c/1,000 
Unit Cost per 106 ecf ecf -- 

Raw materials 
Coal at mine 32.3Sfmetric ton 18.64 60.2 22.5 
Coal transport 15.0$/metric ton 18.64 28.0 10.4 
Aah disposal 5.0$/metric ton 1.86 0.9 0.3 
Misc. cat. and them. l.O$/unit 6.16 0.6 0.2 - - 

89.7 33.4 

By-product 
Sulfur 

Imported utilitiee 
Clarified water 
Electricity 
Steam (HP) 

100$/metric ton 0.57 (5.7) (2.1) 

0.68$/1,000 gal 15.12 
3.6cfkwh (82.5) (2, ,",:';, 
7.73$/1,000 lb 7.6 5.9 2.2 - - 

6.6 2.5 

Total variable costs 90.6 33.8 

$1 ,OW/yr 

159,158 
73,913 
2,464 
1,630 

237,165 

(15,111) 

2,718 
(785) 

15,533 

17,466 

239,520 
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Table 6.22 (Concluded) 

METHANOL SYNGAS FROM COAL (H2:CO - 2.26) 

PRODUCTION COSTS 

805.3 x 106 ecfd 

c/l,000 ecf $/l,OOO Nm3 $l,OOO/yr 

Production costs 
Raw materials 
By-product credit 
Imported utilities 

Variable costs 

Operating labor (42fehift; 17.50 $/hr) 
Maintenance labor (1.6% BLI) 
Control lab. labor (20% op. labor) 

Total direct labor 

Maintenance materials (2.4% BLI) 
Operating supplies (10% op. labor) 

Plant overhead (30% total labor) 
Taxes and insurance (2% TFC) 
Depreciation (10% TPC) 

Subtotal: plant gate cost 

G6A, sales, research (5% PV) 

ROI before taxes (25% TFC) 

Product value (PV) 

$/million Btu* 
c/lb (CO + H2)* 

*0.327 million Btufmecf (CO + H2) - HW. 
38.03 ecfflb (CO + H2). 

89.7 
(5.7) 
6.6 

90.6 

2.4 
5.6 
0.5 

a.5 

a.4 
0.2 

8.6 

2.6 

4::; 

52.6 

160.3 

13.9 

104.2 

278.4 

a.51 
10.59 

33.4 
(2.1) 
2.5 

33.8 

0.9 
2.1 
0.2 

3.2 

3.1 
0.1 

3.2 

1.0 
3.1 
15.6 

19.7 

59.9 

5.2 

38.9 

104.0 

237,165 
(15,111) 
17,466 

239,520 

6,439 
14,784 
1,288 

22,511 

22,176 
644 

22,820 

6,753 
22,040 
110,200 

138,993 

423,844 

36,808 

275,500 

736,152 
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Table 6.23 

METHANOL FROM COAL-DERIVED SYNGAS 

PRODUCTION COSTS 

Time: Mid-1981 
Location: U.S. Gulf Coast 
PRP Cost Index: 400 

Capacity: 10,000 Metric Tons/Day (100% Methanol Basis) 
3,285,ooo Metric Tonefyr 

7,243 Million lbjyr 

Streem Factor: 0.9 

Proceee unite include: 

1. Hethen& synthesis. 
2. Methanol purification. 

Iaveetmeat (million $) 

Battery limits (BLI) 158 
Off-sites 62 

Totel fixed capital (TFC) 220 

Variable Cost Sumurry 

Consumption 
per 

Unit Cost metric ton 

Raw materials 
Syagas (E2fco - 2.26) 2.7aSfmecf 80.5 
Methanol catalyst 4.O$/lb - 0.4 
Misc. cat. and &em. l.O$/unit 0.1 

Imported utilities 
Clarified water 
Rl~tricity 
steam (Rp) 

0.68$/1,000 gal 0.15 
3.6dkwh 6.63 
7.73$/1,000 lb (0.61) 

Total variable costs 

c/lb Q/metric toa 

10.16 224.09 
0.07 1.60 

0.10 

10.23 225.79 

- 0.10 337 
0.01 0.24 785 
(0.21) (4.73) (15,533) 

(0.20) (4.39) (14,411) 

10.03 221.40 727,338 

$l,OOO/yr 

736,152 
5,256 
341 

741,749 
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Table 6.23 (Concluded) 

MIWSANOL FRO24 COAL-DERIVED SYNGAS 

PRODUCTION COSTS 

10,000 Metric Tons/Day 

c/lb 

Production costs 
Raw xaterlals 
By-product credit 
Imported utilities 

Variable costs 

Operating labor (2O/shift; 17.50 $/hr) 
Maintenance labor (1.6% BLI) 
Control lab. labor (20% op. labor) 

Total direct labor 

Maintenance xaterials (2.4% BLI) 
Operating supplies (10% op. labor) 

Plant overhead (30% total labor) 
Taxes and insurance (2% TX) 
Depreciation (10% TPC) 

Subtotal: plant gate cost 

G&A, sales, research (5% PVA)* 

ROI before taxes (25% TPC) 

Product value (PV) 

C/gallon (U.S.)t 
$/nillion Btut 

10.23 

;0.2oj 

10.03 

0.04 
0.04 
0.01 

0.09 

0.05 
0.01 

0.06 

0.03 
0.06 
0.30 

0.39 

10.57 

0.06 

0.76 

11.39 

75.2 
11.65 

$/metric ton 

225.79 

Ti.39) 

221.40 

0.93 
0.77 
0.19 

1.89 

1.16 
0.09 

1.25 

0.57 
1.34 
6.70 

8.61 

233.15 

1.36 

16.74 

251.25 

$l,OOO/yr 

741,749 

(14,411) 

727,338 

3,066 
2,528 

613 

6,207 

3,792 
307 

4,099 

1,862 
4,400 

22,000 

28,262 

765,906 

4,460 

55,000 

825,366 

*5X of product value added (PVA) by process to syngas. 

*Basis 6.6 lb/gallon and 9,690 Btu/lb of 99.1% methanol. 
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Table 6.24 

SYNGAS (H2:CO - 0.75) FROM COAL 

PRODUCTION COSTS 

Time: Bid-1981 
Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity: Basis contained (CO + 82) 802.4 x 106 scfd 
88,100 lb-mol/hr 
263.6 x 109 scf/yr 

Stream Factor: 0.9 

Process units include: 

1. Coal preparation 15,000 metric tons/day as received 
Illinois No. 6 

:: 
Air separation 12,800 metric tons/day oxygen (100% basis) 
Coal gasification (Texaco with WBB) 810 million scfd (CO + B2) 

4. Shift conversion (4.8 E2/CO ratio) -- 

5. COS hydrolysis 810 million scfd (CO + H2) 
6. Acid gas removal (Bectisol process) 1,018 million scfd feed gas 
7. Sulfur recovery (Claus & Beavon processes) 462 metric tons/day sulfur 

Investment (million $) 

Battery limits (BLI) 863 
Off-sites 169 

Total fixed capital (TFC) 1,032 

Variable Cost Sumry 

Consum tion 
unit cost per 10 % scf 

C/~Loo $/;;~a0 

-- jl,OOO/yr 

Baw materials 
Coal at mine 
Coal transport 
Ash disposal 
Misc. cat. and them. 

By-product 
Sulfur 

Imported utilities 
Clarified water 
Electricity 
Steam (HP) 

Total variable costs 

32.3 $/metric ton 18.68 
lS.O$/metric ton 18.68 
S.OS/metric ton 1.86 
l.O$/unit 5.14 

lOO$/metric ton 

0.68$/1,000 gal 14.83 
3.6c/kwh (181) 
7.73$/1,000 lb 12 

(0.57) 

60.4 
28.0 
1.0 
0.5 

89.9 

(5.7) 

(2) (8:;) 
9.3 3.4 

9.6 3.6 

93.8 35.0 

22.5 
10.5 
0.3 
0.2 

33.5 

(2=1) 

159,158 
73,913 
2,646 
1,356 

237,073 

(15,111) 

2,658 
(1,718) 
24,451 

25,391 

247,353 
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Table 6.24 (Concluded) 

SYNGAS (H2:CO - 0.75) FRON COAL 

PRODUCTION COSTS 

802.4 x 106 scfd 

Production costs 
Raw meterials 
By-product credit 
Imported utilities 

Variable costs 

Operating labor (42fshift; 17.50 $/hr) 
Maintenance labor (1.6% BLI) 
Control lab. labor (20% op. labor) 

Total direct labor 

Maintenance materials (2.4% BLI) 
Operating supplies (10% op. labor) 

Plant overhead (30% total labor) 
Taxes and insurance (2% TFC) 
Depreciation (10% TFC) 

Subtotal: plant gate cost 

G&A, sales, research (3% PV) 

ROI before taxes (25% TFC) 

Product value (PV) 

Q/million Btu* 
C/lb (CO + H2)* 

c/l.000 scf $/l,OOO Nm3 ,OOO/yr $1 

89.9 
(5.7) 
9.6 

93.8 

2.5 
5.2 
0.5 

8.2 

7.9 
0.2 

8.1 

2.4 
7.8 

39.2 

49.4 

159.5 

8.0 

97.9 

265.4 

8.14 
5.97 

33.5 237,073 
(2.1) (15,111) 
3.6 25,391 

35.0 247,353 

0.9 6,439 
2.0 13,808 
0.2 1,288 

3.1 21,535 

2.9 20,712 
0.1 644 

3.0 21,356 

0.9 6,461 
2.9 20,640 
14.6 103,200 

18.4 130,301 

59.5 420,545 

3.0 20,986 

36.5 258,000 

99.0 699,531 

"0.326 million Btu/mscf (RRV). 22.5 scf/lb. 
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Table 6.25 

SYNGAS (H2:CO - 1.0) FROM COAL 

PRODUCTION COSTS 

Time: Rid-1981 
Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity: Basis contained (CO + R2) - 803.2 x 106 scfd 
88,200 lb-molihr 
263.9 x log scf/yr 

Stream Factor: 0.9 

Process units include: 

1. Coal preparation 15,000 metric tons/day as received 
Illinois No. 6 

2. Air separation 12,800 metric tons/day oxygen (100% basis) 
3. Coal gasification (Texaco uith WRB) 810 million scfd (CO + H2) 
4. Shift conversion (4.8 E2/CO ratio) 144 million scfd (CO + HZ) 

:: 
COS hydrolysis 666 nillion scfd (CO + E2) 
Acid gas removal (Rectisol process) 1,077 million scfd feed gas 

7. Sulfur recovery (Claus h Beavon processes) 462 metric tons/day sulfur 

Investment (million $) 

Battery limits (BLI) 883 
Off-sites 172 

Total fixed capital (TX) 1,055 

Variable Cost Summary 

Consum tion 
unit cost per 10 1 scf 

c/;L;oo s/~goo 
-- $1, OOOlyr 

Raw meterials 
Coal at mine 
Coal transport 
Ash disposal 
Misc. cat. and them. 

By-product 
Sulfur 

Imported utilities 
Clarified water 
Electricity 
Steam (HP) 

Total variable costs 93.1 

32.38lmetric ton 
lS.O$/metric ton 
5.08lmetric ton 
l.o$/unit 

lOO$/metric ton 

0.68$/1,000 gal 14.91 
3.6c/kuh (153) 
7.73$/1,000 lb 11 

18.66 60.3 
18.66 28.0 
1.86 1.0 
5.42 0.6 

0.57 

89.9 

(5.7) 

(g) . 
8.9 

22.5 159,158 
10.5 73,913 
0.3 2.646 
0.2 1;432 

33.5 

(2.1) 

0.4 

‘;‘f’ 
. 

3.4 

34.8 

237,149 

(15,111) 

2,676 

(1,454) 
22,440 

23,662 

245,700 
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Table 6.25 (Concluded) 

SYNGAS (H2:CO - 1.0) FROM COAL 

PRODUCTION COSTS 

c/l,000 scf $/l,OOO Nm3 $l,OOO/yr 

Production costs 
Raw materials 
By-product credit 
Imported utilities 

Variable costs 

Operating labor (42/shift; 17.50 $/hr) 
Maintenance labor (1.6% BLI) 
Control lab. labor (20% op. labor) 

Total direct labor 

Maintenance materials (2.4% BLI) 
Operatiag supplies (10% op. labor) 

Plant overhead (30% total labor) 
Taxes and insurance (2% TFC) 
Depreciation (10% TFC) 

Subtotal: plant gate cost 

G6A, sales, research (3% PV) 

ROI before taxes (25% TFC) 

Product value (PV) 

$/million Btu* 
c/lb (CO + H2)* 

89.9 
(5.7) 
8.9 

93.1 

2.4 
5.4 
0.5 

8.3 

8.0 
0.2 

8.2 

2.5 
8.0 
40.0 

50.5 

160.1 

8.0 

100.0 

268.1 

8.20 
6.78 

33.5 

'f 'i' A 

34.8 

0.9 
2.0 
0.2 

3.1 

3.0 
0.1 

3.1 

0.9 
3.0 
14.9 

18.8 

59.8 

3.0 

37.3 

100.1 

237,149 
(15,111) 
23,662 

245,700 

6,439 
14,128 
1,288 

21,855 

21,192 
644 

21,836 

6,556 
21,100 
105,500 

133,156 

422,547 

21,226 

263,750 

707,523 

"0.327 million Btu/xscf (MN). 
25.3 ecf/lb. 
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Table 6.26 

SYNGAS (H2:CO - 1.5) FROM COAL 

PRODUCTION COSTS 

TIM: Rid-1981 
Location: U.S. Gulf coast 
PEP Cost Index: 400 

Capacity: Rasis contained (CO + R2) - 804.3 x lo6 scfd 
88,300 Ib-mol/hr 
264.2 x 109 ecffyr 

Stream Factor: 0.9 

Process units include: 

1. Coal preparation 15,000 metric tons/day as received 
Illinois No. 6 

2. Air separation 12,800 metric tons/day oxygen (100% basis) 
3. Coal psification (Texaco with WIiB) 810 million scfd (CO + R2) 
4. Shift conversion (4.8 li2/CO ratio) 346 million scfd (CO + H2) 
5. CDS hydrolysis 464 million scfd (CO + H2) 
6. Acid &as removal (Rectisol process) 1,158 million scfd feed gas 
7. Sulfur recovery (Claus L Beavon processes) 462 metric tons/day sulfur 

Investment (million $) 

Battery limits (BLI) 905 
Off-sites 175 

Total fixed capital (TPC) 1,080 

Variable Cost Sumxary 

Unit Cost 
Consum tion 
per 10 Ii scf 

cll,~ 
scf 

$/1,000 
NJ $l,OOO/yr 

Raw materials 
Coal at mine 
Coal transport 
Ash disposal 
Miec. cat. and them. 

By-product 
Sulfur 

Imported utilities 
Clarified wter 
Rlectricity 
Steem (HP) 

Total variable costs 

32.3$/metric ton 18.64 60.2 22.5 159,158 
lS.OQ/metric ton 18.64 28.0 10.5 73,913 
S.O$/metric ton 1.86 1.0 0.3 2,646 
1.O$/unit 5.81 0.6 0.2 1,536 

lOO$/metric ton 

0.68$/1,000 gal 15.02 
3.6dkwh (116) 
7.73$/1,000 lb 9 

(0.57) 

89.8 

7.6 2.8 

91.7 34.2 

33.5 237,253 

(15,111) 

2,698 
(1,103) 
18,380 

19,975 

242,117 

260 



Table 6.26 (Concluded) 

SYNGAS (H2:CO - 1.5) FRDH COAL 

PRODUCTION COSTS 

C/l,000 BCf $/l,OOO Nm3 

Production costs 
Raw materials 
By-product credit 
Imported Utilities 

Variable costs 

Operating labor (42/shift; 17.50 $/hr) 
Maintenance labor (1.6% BLI) 
Control lab. labor (20% op. labor) 

Total direct labor 

Maintenance materials (2.4% BLI) 
Operating supplies (10% op. labor) 

Plant overhead (30% total labor) 
Taxes and insurance (2% TFC) 
Depreciation (10% TFC) 

Subtotal: plant gate cost 

G6A, sales, research (3% PV) 

ROI before taxes (25% TFC) 

Product value (PV) 

$/million Btu* 
C/lb (CO + R2)* 

*0.327 million Btu/mBCf (HHV). 
30.60 ecf/lb. 

89.8 

‘2 . 

91.7 

2.4 
5.5 
0.5 

8.4 

8.2 
0.2 

8.4 

2.5 
8.2 
40.9 

51.6 

160.1 

8.1 

102.2 

270.4 

8.27 
8.27 

jl,OOO/yr 

33.5 237,253 
(2.1) (15,111) 
2.8 19,975 

34.2 242,117 

0.9 6,439 
2.0 14,480 
0.2 1,288 

3.1 22,207 

3.1 21,720 
0.1 644 

3.2 22,364 

0.9 6,662 
3.1 21,600 
15.3 108,000 

19.3 136,262 

59.8 422,950 

3.0 21,431 

38.1 270,000 

100.9 714,381 
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Table 6.27 

SYNGAS (R2:CO - 2) FROM COAL 

PRODUCTION COSTS 

Time: Mid-1981 
Location: U.S. Gulf Coast 
PEP tiBt Index: 400 

Capacity: Basis contained (CO + E2) - 805.0 x lo6 scfd 
88,400 lb-mollhr 
264.4 x 109 scf/yr 

Stream Factor: 0.9 

Process units include: 

1. Coal preparation 15,000 metric tons/day as received 
IlliIWiB No. 6 

2. Air separation 12,800 metric tons/day oxygen (100% basin) 
3. Coal gasification (Texaco with UHB) 
4. Shift conversion (4.8 E2/CO ratio) 

810 million scfd (CO + E2) 

5. COS hydrolysis 
480 million scfd (CO + E2) 
330 million scfd (CO + A2) 

6. Acid gas removal (Rectisol process) 1,212 million BCfd feed gas 
7. Sulfur recovery (Claus h Beavon processes) 462 metric tow/day sulfur 

Investment (million $) 

Battery limits (BLI) 919 
Off-sites 177 

Total fixed capital (TFC) 1,096 

Variable Cost SuPmary 

Raw materials 
Coal at mine 
Coal transport 
Ash disposal 
Misc. cat. and them. 

By-product 
Sulfur 

Imported utilities 
Clarified water 

Electricity 
StBW (w) 

Total variable costs 

Unit COBt 

32.36hetric ton 18.64 60.2 22.5 
lS.O$/metric ton 18.64 28.0 10.5 
S.OS/metric ton 1.86 1.0 0.3 
1.0$/un1t 6.07 0.6 0.2 

100Q/metric ton 

0.68$/1,OOC gal 15.09 
3.6&wh (91.0) 
7.73$/1,000 lb 8 

Consum tion c/1,000 
per 10 % scf scf 

(0.57) 

89.8 

(5.7) 

(Z) (8::) 
6.1 2.3 

6.8 2.6 

90.9 33.9 

s/l&p0 

33.5 

(2.1) 

$1 ,OOO/yr 

159,158 
73,913 
2,646 
1.604 

237,321 

(15,111) 

2,713 
(866) 

16,207 

18,054 

240,264 



Production costs 
Raw materials 
By-product credit 
Imported utilities 

Variable costs 90.9 33.9 

Operating labor (42/shift; 17.50 $/hr) 2.4 0.9 
Maintenance labor (1.6% BLI) 5.6 2.1 
Control lab. labor (20% op. labor) 0.5 0.2 

Total direct labor 8.5 3.2 

Maintenance materials (2.4% BLI) 
Operating supplies (10% op. labor) 

Plant overhead (30% total labor) 
Taxes and insurance (2% TFC) 
Depreciation (10% TFC) 

Subtotal: plant gate cost 

C6A, sales, research (3% PV) 

ROI before taxes (25% TFC) 

Product value (PV) 

$/million Btu* 

c/lb (CO + Hz)* 

"0.327 million Btulmscf (RHV). 
35.58 scf/Ib. 
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89.8 33.5 
(5.7) (2.1) 
6.8 2.5 

8.3 3.1 
0.2 0.1 

8.5 3.2 

2.5 0.9 6,729 
8.3 3.1 21,920 

41.5 15.5 109,600 

52.3 19.5 138,249 

160.2 

8.2 

103.6 38.7 274,000 

272.0 101.5 719,220 

8.32 
9.68 

59.8 

3.0 

Table 6.27 (Concluded) 

SYNGAS (H2:CO - 2) FRM COAL 

PRODUCTION COSTS 

c/l,000 scf $/l,OOO Nm3 $l,OOO/yr 

237,321 
(15,111) 
18,054 

240,264 

6,439 
14,704 
1,288 

22,431 

22,056 
644 

22,700 

423,644 

21,576 



Table 6.28 

HYDROGEN (97%) FROM COAL 

PRODUCTION COSTS 

TIM: Rid-1981 
Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity: 781 x lo6 ecfd (100% bS,BiS) 
256.6 x 109 scf/yr 
1,352 million lblyr 
613,000 metric tons&r 

Stream Factor: 0.9 

Process units include: 

1. Coal preparation 

2. Air separation 
3. Coal gasification (Texaco with URB) 
4. Righ and low temp. shift 
5. CO8 hydrolysis 
6. Acid gas removal (Rectisol process) 
7. Sulfur recovery (Claus & Beavon processes) 
8. Methanetion 

15,000 metric tons/day as received 
Illinois No. 6 
12,800 metric tons/day oxygen (100% basis) 
810 million scfd (CO + H2) 
810 million scfd (CO + K2) 

1,475 million scfd feed gas 
462 metric tons/day sulfur 
803 million scfd feed gas 

Investment (million $) 

Battery limits (BLI) 1,049 
off-sitel, 194 

Total fixed capital (TN) 1,243 

Variable Cost Summery 

unit cost 

Ram materials 
Coal at mine 
Coal transport 
Ash disposal 
Misc. cat. and then. 

32.3Slmetric ton 
lS.O$/metric ton 
S.OS/metric ton 
l.O$/unit 

By-product 
Sulfur 

Imported utilities 
Clarified water 
ElBctricity 
Steam (HF) 
Steam (LP) 

lOO$/metric ton 

0.68$/1,000 gal 
'3.6c/kuh 
7.73$/1,000 lb 

Total variable costs 

Coneum tion 
per 10 % scf 

19.19 
19.19 
1.92 
15.32 

(0.59) 

16.0 
30.7 
16.3 
(16.9) 

c/lb 

11.77 
5.47 
0.18 
0.29 

17.71 

(1.12) 

0.21 
0.02 
2.48 

2.71 

19.30 

e/1,000 
ecf 

62.0 159,158 
28.8 73,913 
1.0 2,464 
1.5 3,930 

93.3 239,465 

(5.9) 

1.1 
0.1 
13.1 

14.3 

101.7 

Jl,OOO/yr 

(15,111) 

2,788 
284 

33,522 

36,594 

260,948 
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Table 6.28 (Concluded) 

RTDROCRN (97%) FROM COAL 

PRODUCTION COSTS 

Production costs 
Raw materials 
By-product credit 
Imported utilities 

Variable costs 

Operating labor (46/shift; 17.50 $/hr) 
Maintenance labor (1.6% BLI) 
Control lab. labor (20% op. labor) 

Total direct labor 

Meintenance materials (2.4% BLI) 
Operating supplies (10% op. labor) 

Plant overhead (30% total labor) 
Taxes and insurance (2% TFC) 
Depreciation (10% TPC) 

Subtotal: plant gate cost 

C&A, sales, research (3% PV) 

ROI before taxes (25% TPC) 

Product value (PV) 

$/l,OOO Nm3 
$/million Btu* 

c/lb c/1,000 scf Ql,OOO/yr 

17.71 
(1.12) 
2.71 

19.30 

0.53 
1.24 
0.10 

1.87 

1.86 
0.05 

1.91 

0.56 
1.84 
9.19 

11.59 

34.67 

1.78 

22.98 

59.43 

116.9 
9.67 

93.3 
(5.9) 
14.3 

101.7 

o.8 
6.5 
0.5 

9.8 

9.8 
0.3 

10.1 

3.0 
9.7 

48.4 

61.1 

182.7 

9.4 

121.1 

313.2 

239,465 
(15,111) 
36,594 

260,948 

7,052 
16,784 
1,410 

25,246 

25,176 
705 

25,881 

7,574 
24,860 
124,300 

156,734 

468,809 

24,110 

310.750 

803,669 

*0.324 million Btu/mscf (RliV). 
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7 CARBON MONOXIDE SEPARATION FROM SYNGAS 

As outlined in Section 3, In some applications of syngas the over- 

all reaction chemistry requires purified carbon monoxide in addition to 

CO/H2 mixtures. Notable examples are the synthesis of acetic acid and 

acetic anhydride. Roth these cases entail carbonylation with CO. Thus, 

the well established Monsanto acetic acid process carbonylates methanol. 

The Eastman/Halcon technology for acetic anhydride (due for commerclal- 

ization in 1983) first synthesizes methyl acetate by esterlfication of 

methanol with acetic acid. The acetic anhydride then follows from the 

carbonylation of methyl acetate. There are also many other applications 

for CO such as the production of Phosgene (by reaction of CO with C12). 

For all these applications the CO is generally separated from 

syngas. The separation can be effected cryogenically or by selective 

absorption of CO in a solvent. Two examples of these methods, which are 

well proven commercially, are evaluated in Section 4 for their use in 

adjusting H2:CO ratios of syngas by "skimming" some of the hydrogen. 

These are the cryogenic, liquid methane wash system and the Cosorb@ 

process, which uses a selective solvent consisting of cuprous aluminum 

chloride (CuAlC14) dissolved In toluene. Roth these methods are capable 

of producing a 99X+ (vol) CO, with hydrogen (or a hydrogen-rich stream) 

as the principal coproduct. The other methods considered for "hydrogen 

skimming," (p ressure swing adsorption and that using Monsanto's Prism@ 

separators) do not yield CO of sufficient purity to be relevant In the 

present context. The economics of CO production depend not only on the 

costs for the separation itself and the unit cost (or transfer price) of 

the syngas but also in a significant way on the credits for the hydrogen 

coproduct. This was illustrated in PEP Report 123, "Carbon Monoxide 

Recovery,** July 1979. In that report SRI examined the recovery of CO 

from syngas derived from natural gas (H~:CO ratio = 3.4) cryogenically 

and the separation of CO from blast furnace gases by Cosorb@. 
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This section examines the economics of CO production from various 

syngases produced from each of the three basic feedstocks; natural gas, 

a heavy petroleum oil fraction, and coal. For both oil and coal we took 

an initial mixture that corresponds to a methanol synthesis stream, cost 

data for which are presented in Sections 5 and 6. For natural gas the 

choice was not clear; we arbitrarily chose two streams-a syngas with an 

H2:CO ratio = 3 and a crude methanol-synthesis feed. The former corre- 

sponds to the "stoichiometric ratio" obtained in the steam reforming of 

natural gas (i.e., without any CO2 import but with CO2 recycle as shown 

in Section 4). Both these streams are evaluated for production costs at 

the large scale (300 million scfd) in Section 4. The details of the 

cost modules that we developed for CO are given in Table 7.1. We took 

the production scale of CO at 150 million lb/yr (approx. 6 million scfd) 

to match a typical world-size acetic acid plant with a capacity of about 

300 million lb/yr. The syngas feed and CO product compositions for the 

cost modules listed in Table 7.1 are shown in Table 7.2. 

We used the methanol syngas stream to illustrate the economics when 

CO production for acetic acid is Integrated with methanol manufacture. 

However, when methanol is made by the steam reforming of natural gas, it 

is not always practical to integrate the required CO production with the 

main syngas generation. This is because methanol syngas, made by the 

steam reforming of natural gas is (in a stoichiometric sense) deficient 

in carbon. It is usual to import CO2, where this is possible, to make 

up for this deficiency. The removal of CO for acetic acid synthesis 

would therefore work in the opposite direction. In such a situation, it 

has been the standard practice to have an independent syngas generation 

as a source of CO, e.g., as in the Celanese methanol facilities at 

Bishop and Clear Lake, Texas and in those of Monsanto at Texas City, 

Texas. When coal or a heavy 011 fraction is the feedstock in syngas 

generation for methanol synthesis, integration with CO production be- 

comes feasible because both the partial oxidation of a heavy oil frac- 

tion and the gasification of coal readily yield a syngas that has the 

necessary surplus carbon to furnish CO for carbonylation. The recently 

commissioned Uu Pont-U.S. Industrial Chemical Company facility at 
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Table 7.1 

DETAILS OF COST MODULES EXAMINED FOR PRODUCTION OF CARBON MONOXIDE 

Syngaa source 

Nodule 7.1 Uodulc 7.2 Module 7.3 

IkON l yngaa from #team Sama aa for Nodule 7.1 
reformi~ of natural gas 

Syngaa with H2:CO ratio 
- 3 from oatural gae 
&earn reforming with Co2 
recycle 

Conmtitueat etyce of module (1) CO2 removal by MEA (1) Molecular rieoing Same aa (1) end (2) in 
l crubbin(l. to r-e 020. 

(2) Conorb' eeparation 
nodule 7.2 plus 

(2) Molecular eieviag 
to remove tracea (inc. recapreaeion 

(3) mtdlet~tion of II2 
. 

of co&o. of CO). 
(3) Cryo8caic separation. 

Syngae usage (ecf/lb CO) loo.9 95.9 54.0 

coproductl 

H2 product (lb/lb Co) 

Puel atrea (Btu/lb CO) 

0.375 

3,096 

82.1 ecf/lb CO of 
85 volX H2 

0.2107 

86.9 

Syqaa aourca 

Nodule 7.4 lbdule 7.5 Module 7.6 

Sma u for Module 7.3. Partial oxidation of MeOR eyogan from gaaifi- 
vacuum residue to give cation of coal. 
E2:CO ratio - 2 by uee 
of co shift. 

Conatitueat l tagee of tide (1) CO2, II20 removel by Same aa for Nodule 7.4. (1) Molecular rieving 
moleeuler eieveo. 

(2) Cryogenic aepera- 
to remove R$. 

(2) tieorb' eeparation. 
ation. 

Symgss ueage (scf/lb CO) 55.1 42.5 46.8 

Coproducta 

Ii2 product (lb/lb CO) 

?uel otrea (Btu/lb CO) 491 

0.207 0.143 

368 

3.22 ecf/lb CO of 93 
VOlX 82 
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Table 7.2 

SYNGAS AND CARSON MONOXIDE PRODUCT COMPOSITIONS FOR COST MODULES 

Synmu Peed ComPoaition (~1%) CO 

c!!LE2-co ~L!Ltr,o 

Wdulc 7.1 

(crude .yup‘ from n.¶tur.¶1 pm + 
CrpaelliC) 3.69 7.78 lb.87 13.06 

Module 7.2 

Module 7.3 

Ilodule 7.b 

(3/l rpag*. from natural @. + 
Crp.plllC) 

Module 7.5 

(2/l myag.m from V.C. residue 
+ cryogenic) 

mdule 7.6 

(Coal derived HeOH .ynea. + 
Coaorb”) 

Aa for Nodule 7.1 above. 0.14 0.32 96.57 2.89 tr - 

1.32 0.01 24.73 73.08 0.19 0.67 tr tr 99.75 0.25 tr 4 PPm 

Aa for tbdulc 7.3 above. 0.12 Cl pp 99.0 0.35 0.53 <1 ppm 

0.32 0.01 32.67 65.74 

0.39 3.09 29.15 65.91 

1.06 tr 0.17 Cl ppm 97.13 0.37 2.33 <l ppm 

1.46 tr tr 0.01 99.75 0.23 tr 4 PP. 

0.19 0.39 0.12 <l PPm 99.0 0.35 0.53 <l ppm 

l 

l 
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a 

Deer Park, Texas (using partial oxidation of a heavy, sour residue) and 

Eastman's projected coal-based complex for acetic anhydride at 

Kingsport, Tennessee (due onstream in 1983) are examples of such inte- 

gration. 

a Main Features of Separation Modules 

A schematic block diagram for each of the modules and the main 

mass balances are presented in Figures 7.1-7.6. The detailed flow 

a 

diagrams for the key separation methods used in the modules (methods 

based on cryogenic and Cosorb@ processes) are described in Section 4 

for their application in adjusting H2:CO ratios. 

In terms of the final CO product purity the cryogenic method is 

limited by economics to about 99 ~01% but when appreciable nitrogen is 

present (as in our assumed syngas derived from vacuum residue by 

partial oxidation), virtually all this N2 appears in the CO product, 

owing to its similar volatility. With Cosorb@ the final CO purity is 

not influenced by the presence of N2 (because the solvent used in CO 

absorption has low N2 solubility). 

With the cryogenic separation a hydrogen product with less than 10 

ppm CO (which is acceptable for chemical applications) can be easily 

made. Tenneco states that this is also possible with Cosorb@ but we 

judge that it would be more economical to reduce CO levels to about 0.1 

~01% and include an additional stage for methanating residual carbon 

oxides, e.g., in Module 7.3. This approach will not apply to H2 rich 

streams which contain appreciable levels of CO2 (Modules 7.2. and 7.6). 

The use of methanation in these cases will be practical only after 

prior removal of C02. 

Both processes require the prior removal of water to 0.1 ppm and 

the cryogenic method requires such a rigorous removal of CO2 as well. 

In the Cosorb@' method the small amount of water present leads to the 

formation of HCl by reaction with the absorbent. When HCl at the 

relatively low levels formed cannot be tolerated, further treatment of 

the CO product becomes necessary, e.g., by an adsorption stage to 

remove HCl. The cost of this additional step is marginal. 
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Figure 7.1 

SCHEMATIC DIAGRAM AND MASS BALANCES FOR CO SEPARATION FROM CRUDE METHANOL SYNGAS 

(DERIVED FROM NATURAL GAS) BY UCAR@ CO2 REMOVAL/CRYOGENIC SEPARATION SYSTEMS (MODULE 7.1) 

CO2 Gas @ 
e Fuel Purge 

loOoF t 

245 pria (i) CO2 Removal 
l using UCAR@ MEA 

@ 
Final CO2/H20 m Methane Wash 

Hp Product 

Removal r b Cryogenic 100 OF, 230 psia 

Crude MeOH 
syngas from 

System (Molecular Sieving) Separation b co Product , 

Natural Gas 
(3) 100 OF, 250 psia 

Comwnent Crude Syngas 

(1) (2) 

CO2 
Lean Syngas 

Methane .186.56 186.56 

CO2 393.39 0.46 

co 751.56 751.56 

H2 3,694.81 3,694.81 

N2(+ Inerts) 9.63 9.63 

H20 19.87 19.83 

Total 5,055.82 4662.89 392.93 4642.60 360.81 3,009.63 683.24 

Stream Flows (Ib-mols/hr, 150 million lb/yr CO) 

(3) (4) (5) 

co2 Strean Sieved Syngas Fuel Purge 

186.56 135.93 

392.93 Tr 

751.56 71.16 

3,694.81 136.92 

9.63 16.80 

Tr 

(45) Q) 

H2 Product 

49.81 

CO Product 

0.82 

676.41 

3,555.49 2.39 

4.33 3.62 

0 a 



Figure 7.2 

SCHEMATIC DIAGRAM AND MASS BALANCES FOR CO SEPARATION FROM CRUDE 

METHANOL SYNGAS (DERIVED FROM NATURAL GAS) BY COSORB@ METHOD (MODULE 7.2) 

(3) 
- Compression 

(z) 
A wkridual Syqas 

Mte I 100 OF 
Flash Gases 240 psia 

100 OF - 
275 pia Molecular 0 HZ-Rich Stream 

Sieve lOOoF 1 
250 psia 

l COSORB@ 
Crude MeOH 

SYnga, fram 
Drying 

lOOoF 
Natuml Gas 250 psia 

Component 

Methane 

CO2 

co 

H2 

N2(+lnerts) 

W 

Crude Syngas 

(2) 
Dried 

Crude Syngas 

(3) 

bfJ 

(4) 
HP-Rich 
Product CO Product 

(6) 
Residual 
%W= 

177.27 

373.78 

714.11 

3510.69 

9.15 

18.88 

177.27 1.43 174.78 1.05 176.21 

373.78 3.02 368.54 2.22 371.56 

714.11 34.68 3.03 676.41 37.71 

3,510.69 28.37 3,461.45 20.86 3,489.82 

9.15 0.07 9.02 0.06 9.09 

Total 4,803.88 4,785.OQ 76.52 4,016.82 700.60 4,084.39 

(1) 

Strean Flows (Ib-mols/hr, 150 million Ib/yr CO) 

(5) 



Figure 7.3 

SCHEMATIC DIAGRAM AND MASS BALANCES FOR CO SEPARATION FROM SYNGAS 

(H2:CO RATIO = 3:1, DERIVED FROM NATURAL GAS) BY COSORB@ METHOD (MODULE 7.3) 

lOOoF 

I 

(H2/CO Ratio = 3) 250 psia, 100 OF 

from ktuml Gas 

Strecwn Flows (Ib-mols/hr, 150 million lb/yr CO) 

Component Dried Syngas Fuel Purge Hp Praduct 

(4) 
Methanatecl 

H2 

6) 

co Praduct 

CM 

COZ 

co 

H2 

NP 

w 

36.26 

0.34 

680.54 

2;010.93 

5.29 

0.17 

3.32 

9.66 

0.03 

36.06 

0.34 

0.81 

1,999.59 

5.25 

37.21 

Tr 

Tr 

1,995.80 

5.25 

1.49 

0.03 

Tr 

676.41 

1.68 

0.01 

Total 2J33.36 13.18 2,042.05 21039.75 678.13 

(1) (2) (3) 



Figure 7.4 

SCHAMATIC DIAGRAM AND MASS BALANCES FOR CO SEPARATION FROM SYNGAS 

(H2:CO RATIO = 3:1, DERIVED FROM NATURAL GAS) BY CRYOGENIC METHOD (MODULE 7,4) 

ikb Fuel Purge 

lOOoF , L@ 
240 psia (j) 

& 
CO2/H20 Remova I Cryogenic 

) H2 Product 

230 +a,100 OF 

SYW= (Molecular Sieving) 
Sepamtion 

(H2/CO Ratio = 3) 
(Liquid CH4 Wash) co Product 

from Natuml Gas 
250 pia ,100 OF 

Component 

(1) (2) (3) 

3/l G&F@ PurwJd SYw= Fuel Purge 

CH4 36.40 36.40 

CO2 0.34 Tr 

co 683.24 683.24 

H2 2,018.91 2,018.91 

N2 5.31 5.31 

H20 18.56 Tr 

Totol 2‘762.76 2,743.86 67.98 1,992.64 683.24 

Stream Flows (Ib-mols/hr, 150 million Ib/yr CO) 

6.29 

(4) 

H2 Product 

29.29 

(5) 

CO Product 

0.82 

6.83 Tr 676.41 

53.77 11962.75 2.39 

1.09 0.60 3.62 



Figure 7.5 

SCHEMATIC DIAGRAM AND MASS BALANCES FOR CO SEPARATION FROM SYNGAS 

(H2:CO RATIO = 2:1, DERIVED FROM PARTIAL OXIDATION OF VACUUM RESIDUE) 

BY CRYOGENIC METHOD (MODULE 7.5) 

IL* Fuel Purge 

100 OF 
ci> , 1050 psia 

SYnaaS 
(H2/CO Ratio = 2) 

from Partial Oxidation 
of Vacuum Residue 

component 

CH4 6.75 

CO2 0.21 

co 697.33 

H2 1 J94.66 

N2 22.48 

w Tr 

Total 2,121.43 2,121.22 60.77 lJ64.02 696.43 

(1) 

ht- 

Stream Flows (Ib-mols/hr, 150 million Ib/yr CO) 

(2) (3) (4) 

Sievd Syngas Fuel Puw H2 Product 

6.75 1.03 4.56 

Tr Tr 

697.33 20.92 Tr 

1,394.66 36.15 11355.91 

22.48 2.67 3.55 

Tr 

(5) 

CO Product 

1.16 

Tr 

676.41 

2.60 

16.26 

Tr 



Figure 7.6 

SCHEMATIC DIAGRAM AND MASS BALANCES FOR CO SEPARATION FROM CRUDE 

METHANOL SYNGAS (DERIVED FROM COAL) BY COSORB@ METHOD (MODULE 7.6) 

ikw Fuel Purge 

Stream Flows (lb-mols/hr, 150 million lb/w CO) 

Component 

CH4 

CO2 

co 

H2 

N2 

H20 

Total 2,334.80 13.19 1,643.49 678.12 

(1) (2) (3) (4) 

Dried Syngar Fuel Purge H2 Product CO *Product 

9.01 0.05 8.95 0.01 

72.09 0.43 71.59 0.07 

680.54 3.34 0.79 676.41 

1,538.90 9.17 1,528.14 1.59 

34.26 0.20 34.02 0.04 

<lppm 



Cost Estimates 

The production costs for the six cases (or modules) examined are 

summarized in Table 7.3. Details are presented in Tables 7.4-7.9. The 

unit costs for the various syngases are those presented in the relevant 

Sections 4, 5, and 6 for the three basic feedstocks. For illustration 

the 82 product Is shown as a chemical credit when this is justified by 

its purity. The value of SOC/lb II2 (equivalent to $2.64/1,000 scf) 

that we used is consistent with production costs from $4.17/million Btu 

natural gas at typical world scales in the region of 200 million lb/yr. 

In two of the cases examined, the separation of CO from crude syngases 

(those derived from natural gas and coal, Modules 1 and 6), the H2-rich 

streams are not chemical grade. We credited these streams at the lni- 

tial unit price of the syngas. In one of the cases, the cryogenic sepa- 

ration of CO from a natural gas derived methanol syngas, some CO2 is 

produced in the upstream monoethanolamine scrubbing. Again, for illus- 

tration we used a credit of 1.5c/lb, which (as discussed in Section 4) 

relates to liquid CO2 for refrigeration. 
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CO ecale (million lb/yr) 

Fixed capital for module 
($ million) 

unit *yn gm price* ($/MCf) 

H2 coproduct purity (~01%) 

Amued H2 coproductt credit 
Wucf) 

Variable co‘t~ for Co 

CARBON MONOXIDE COSTS FROM VARIOUS SEPARATION MODULES 

Crude Syngm crude Syngu 3/l syngm 3/l syngm 
Prom rut. WI Ram Nat. WI Ram Uat. Cm Prom Nat. Cam 

+ Cryoganic + Camorb + Cornorb + cryogenic 

150 150 150 150 

19.7 14.0 9.9 5.5 

1.90 1.90 2.46 2.46 2.78 2.78 

98.5 86.2 98.0 98.5 99.4 93.0 

2.64 1.90 2.60 2.64 2.64 2.78 

Bxcludi~g by-product credits 
(e/lb) 

Including by-product credit8 
(c/lb) 

Product value (inc. 25% ROI) 

21.37 19.63 14.61 

-0.37 4.03 4.04 

6.57 8.83 7.75 

*Unit coat. are the product V&IM of these .tra.ma. 

tA unit cost of $2.64/mscf ie equivalent to 5Oc/lb H2, exprmmed on a 1002 hala. 

14.31 

3.76 

6.25 

2/l Syngal 
From Vat. l&mid. 
Partial Oxi&tion 

+ ctyogcnic 

150 

6.0 

Cool Derived 
NeOH syngas 
+ Combo 

150 

9.7 

12.44 

5.14 

7.77 

13.60 

5.04 

8.71 
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Table 7.4 

CARBON MONOXIDE BY CRYOGENIC SEPARATION OF CRUDE SYNGAS PROM NATURAL GAS 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable costs 
Unit Cost consumption/lb c/lb 

Raw material@ 

Crude eyugae 
Misc. chemicals 

Gross raw materials 

190c/mecf 0.1009 mscf 19.17 
0.21 

By-products 

Carbon dioxide 1.5cllb -0.91 lb 
Hydrogen (98.5%) 50c/lb -0.375 lb 
Fuel gas 0.417c/l,OOO Btu -3,898 Btu 

Total by-products 

Utilities 

Cooling water 
Steam 
Electricity 

Total utilities 

5.4c/l,OOO gal 19 gal 
1.15 lb 
0.35 kwh 

19.38 

-1.36 
-18.75 
-1.63 

-21.74 

0.10 
0.63 
1.26 
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Table 7.4 (Concluded) 

CARBON MONOXIDE BY CRYOGENIC SEPARATION OF CRUDE SYNGAS FROM NATURAL GAS 

Capacity (million lb/yr)* 75 150t 300 

Investment ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Scaling exponents 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, 4/shiftS, $17.50/hr 
Maintenance labor, 2X/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materiale, 2X/p of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 
Taxes and insurance, 2%/yr of TFC 
Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%&r of TFC 

PRODUCT VALDR 

11.4 
1.2 

12.6 

0.65 

19.38 19.38 19.38 
-21.74 -21.74 -21.74 

1.99 1.99 1.99 

-0.37 -0.37 -0.37 

0.82 0.41 0.20 
0.30 0.24 0.19 
0.16 0.08 0.04 

1.28 0.73 0.43 

0.30 0.24 0.19 
0.08 0.04 0.02 

1.29 0.64 0.27 

1.03 0.58 0.35 
0.33 0.26 0.21 
1.67 1.31 1.03 

4.32 2.79 1.86 

0.50 0.50 0.50 

4.82 3.29 2.36 

4.20 3.28 2.57 

9.02 6.57 4.93 

28.1 
2.8 

30.9 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

17.9 
1.8 

19.7 

0.65 

*Of carbon monoxide. 

*Base case. 

SFor base case; may be different for other capacities. 
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Table 7.5 

CARBON MONOXIDE BY COSORB@ SEPARATION OF CRUDE SYNGAS FROM NATURAL GAS 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable costs 
Unit Cost Consumption/lb c/lb 

Raw materials 

Crude syngas 190clmscf 0.0959 mscf 18.22 
Misc. chemicals 0.15 

Gross raw materials 18.37 

By-product 

Hydrogen-rich product 190c/mscf -0.0821 mscf -15.60 

Utilities 

Cooling water 
Steam 
Electricity 

Total utilities 

5.4c/l,OOO gal 3.5 gal 
1.21 lb 
0.16 kwh 
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0.02 
0.66 
0.58 

1.26 



Table 7.5 (Concluded) 

CARBON MONOXIDE BY COSORB@ SEPARATION OF CRUDE SYNGAS FROM NATURAL GAS 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr)* 75 150t 300 

Investment ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Scaling exponents 0.65 0.65 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 4.03 4.03 

Operating labor, P/shiftS, $17.50/hr 
Maintenance labor, 2%/yr of BL inv 
Control lab labor, 20% of .op labor 

4.03 

0.41 
0.18 
0.08 

0.20 
0.14 
0.04 

0.10 
0.11 
0.02 

Labor costs 0.67 0.38 0.23 

Maintenance materials, 2%/yr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 
Taxes and insurance, 2%/yr of TFC 
Depreciation, lO%/yr of TFC 

Plant gate cost 6.88 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25Xiyr of TFC 

PRODUCT VALUE 

*Of carbon monoxide. 

6.6 10.4 16.3 
2.3 3.6 5.7 

8.9 14.0 22.0 

18.37 
-15.60 

1.26 

0.18 
0.04 

4.92 

0.53 
0.24 
1.19 

0.50 

7.38 

2.97 

10.35 

*Base case* 

SFor base case; may be different for other capacities. 
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18.37 18.37 
-15.60 -15.60 

1.26 1.26 

0.14 0.11 
0.02 0.01 

4.57 4.38 

0.31 0.19 
0.19 0.15 
0.93 0.73 

6.00 5.45 

0.50 0.50 

6.50 5.95 

2.33 1.83 

8.83 7.78 



Table 7.6 

CARBON MONOXIDE BY COSORB@ SEPARATION OF SYNGAS 
(B2:CO RATIO - 3:l) FROM NATURAL GAS 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable costs 
Unit Cost Consumption/lb c/lb 

Raw materials 

Syngas (3/l ratio) 246c/mscf 0.0548 mscf 13.47 
Misc. chemicals 0.13 

Gross raw materials 13.60 

By-products 

Rydrogea (98%) 50c/lb -0.2107 lb -10.53 
Fuel gas 0.417c/l,OOO Btu -86.9 Btu -0.04 

Total by-products -10.57 

Utilities 

Cooling water 
Steam 
Electricity 

Total utilities 

5.4c/l,O00 gal 3 gal 
$5.44/1,000 gal 1.03 lb 
3.6c/kwh 0.12 kwh 

0.02 
0.56 
0.43 

1.01 
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Table 7.6 (Concluded) 

CARBON MONOXIDE BY COSORB* SEPARATION OF SYNGAS 
(R2:CO RATIO - 3:1) FROM NATURAL CAS 

Capacity (million lb/yr)* 75 15ot 300 

Investment ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Scaling exponents 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, 2/shiftS, $17.50/hr 
Maintenance labor, 2Xlyr of BL inv 
Control lab labor, 20% of op labor 

Labor COBt8 

Maintenance materials, 2Xjyr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 
Taxes and insurance, 2%/yr of TFC 
Depreciation, lO%/yr of TFC 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUE 

5.5 
0.8 

6.3 

0.65 

13.60 13.60 13.60 
-10.57 -10.57 -10.57 
1.01 1.01 1.01 

4.04 4.04 4.04 

0.41 0.20 0.10 
0.15 0.11 0.09 
0.08 0.04 0.01 

0.64 0.35 0.21 

0.15 0.11 0.09 
0.04 0.02 0.01 

4.87 4.52 4.35 

0.51 0.29 0.17 
0.17 0.13 0.10 
0.84 0.66 0.52 

6.39 5.60 5.14 

0.50 0.50 0.50 

6.89 6.10 5.64 

2.10 1.65 1.29 

8.99 7.75 6.93 

*Of carbon monoxide. 

tBase case. 

SFor $ase case; may be different for other capacities. 
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8.6 13.5 
1.3 2.0 

9.9 15.5 

0.65 



Table 7.7 

CARBON MONOXIDE BY CRYOGENIC SEPARATION OF SYNGAS 
(R2:CO RATIO - 3:l) FROM NATURAL GAS 

Variable costs 

Raw materials 

Syngas (3/l ratio) 
Misc. chemicals 

Gross raw materials 

By-products 

Hydrogen (98.5%) 
Fuel gas 

Total by-products 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Utilities 

Cooling water 
Electricity 

Total utilities 

Unit Cost Consumption/lb c/lb 

246clmscf 0.0551 mscf 13.56 
0.05 

13.60 

50c/lb -0.207 lb 
0.417c/l,OOO Btu -49.1 Btu 

5.4c/l,OOO gal 1.2 gal 
3.6 c/lcwh 0.195 kwh 

-10.35 
-0.20 

-10.55 
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Table 7.7 (Concluded) 

CARBON MONOXIDE BY CRYOGENIC SEPARATION OF SYNGAS 
(82:CO RATIO = 3:l) FROM NATURAL GAS 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr)* 75 150t 300 

Investment ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Scaling exponents 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, Z/shiftS, $17.50/hr 
Maintenance labor, 2%/yr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 2%/yr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 
Taxes and insurance, 2%/yr of TFC 
Depreciation, lO%/yr of TFC 

Plant gate cost 

C&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25%/yr of TFC 

PRODUCT VALUE 

3.2 
0.4 

3.6 

13.60 
-10.55 
0.71 

3.76 

0.41 
0.08 
0.08 

0.57 

0.08 
0.04 

4.45 

0.46 
0.10 
0.48 

5.49 

0.50 

5.99 

1.20 

7.19 

0.60 

*Of carbon monoxide. 

*Base case. 

SFor base case; may be different for other capacities. 
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4.8 7.3 
0.7 1.0 

5.5 8.3 

0.60 

13.60 
-10.55 
0.71 

3.76 

0.20 
0.06 
0.04 

0.30 

0.06 
0.02 

4.14 

0.25 
0.07 
0.37 

4.83 

0.50 

5.33 

0.92 

6.25 

13.60 
-10.55 
0.71 

3.76 

0.10 
0.05 
0.02 

0.17 

0.05 
0.01 

3.99 

0.14 
0.06 
0.28 

4.47 

0.50 

4.97 

0.69 

5.66 



Table 7.8 

CARBON MONOXIDE BY CRYOGENIC SEPARATION OF SYNGAS (H2:CO RATIO = 2:l) 
FROM PARTIAL OXIDATION OF VACUUM RESIDUE 

Variable costs 

Raw materials 

Syngas (2/l ratio) 
Misc. chemicals 

Gross raw materials 

By-products 

Hydrogen (99.4%) 
Fuel gas 

Total by-products 

UtilitieB 

Cooling water 
Electricity 

Total utilities 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Unit Cost 

278cimscf 

50c/lb 
0.417c/l,OOO Btu 

5.4c/l,OOO gal 
3.6 c/kwh 

Consumption/lb c/lb 

0.0425 mscf 11.82 
0.04 

11.86 

-0.143 lb -7.15 
-368 Btu -0.15 

-7.30 

1.2 gal 0.01 
0.158 kwh 0.57 

0.58 
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Table 7.8 (Coucluded) 

CARBON MONOXIDE BY CRYOGENIC SEPARATION OF SYNCAS (H2:CO RATIO = 2:l) 
FROM PARTIAL OXIDATION OF VACUUM RESIDUE 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

150t 300 

5.2 7.9 
0.8 1.2 

6.0 9.1 

0.60 0.60 

*Of carbon monoxide. 

*Base case. 

SFor base case; may be different for other capacities. 

289 

Capacity (million lbf/yr)* 

Investment ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Scaling exponents 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, P/shifts, $17.50/hr 
Maintenance labor, 2Xlyr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, P%/yr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 
Taxes and insurance, Z%/yr of TFC 
Depreciation, lO%/yr of TFC 

Plant gate cost 

C&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25Xiyr of TFC 

PRODUCH! VALUE 

75 

3.4 
0.6 

4.0 

11.86 
-7.30 
0.58 

5.14 

0.41 
0.09 
0.08 

0.58 

0.09 
0.04 

5.85 

0.47 
0.11 
0.53 

6.96 

0.50 

7.46 

1.33 

8.79 

11.86 
-7.30 
0.58 

5.14 

0.20 
0.07 
0.04 

0.31 

0.07 
0.02 

5.54 

0.25 
0.08 
0.40 

6.27 

0.50 

11.86 
-7.30 
0.58 

5.14 

0.10 
0.05 
0.02 

0.17 

0.05 
0.01 

5.37 

0.14 
0.06 
0.30 

5.87 

0.50 

6.77 

1.00 

7.77 

6.37 

0.76 

7.13 



Table 7.9 

CARBON MONOXIDE BY COSORB@ SEPARATION OF METHANOL SYNGAS FROM COAL 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Variable costs 

Raw materials 

Syngas (as for MeOH) 
Misc. chemicals 

Gross raw materials 

By-product 

Hydrogen-rich stream 

Utilities 

Cooling water 
Steam 
Electricity 

Total utilities 

Unit Cost 

264c/mscf* 
1C 

Consumption/lb c/lb 

0.0468 mscf 12.36 
0.13 0.13 

13.14 

258c/mscf* -0.0332 mscf -8.57 

5.4c/l,OOO gal 3 gal 0.02 
$6.40/1,000 lb 1.03 lb 0.66 
3.6c/kwh 0.12 kwh 0.43 

1.11 

*Unit values refer to 278cimscf on a (CO + H2) contained basis. 
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Table 7.9 (Concluded) 

CARBON MONOXIDE BY COSORB' SEPARATION OF METHANOL SYNGAS FROM COAL 

PRODUCTION COSTS 

Location: U.S. Gulf Coast 
PEP Cost Index: 400 

Capacity (million lb/yr)* 75 150t 300 

Investment ($ million) 

Battery limits 
Off-sites 

Total fixed capital 

Scaling exponents 

Production costs (c/lb) 

Raw materials 
By-products 
Utilities 

Variable costs 

Operating labor, ZishiftS, $17.50/hr 
Maintenance labor, 2Xiyr of BL inv 
Control lab labor, 20% of op labor 

Labor costs 

Maintenance materials, 2Xiyr of BL inv 
Operating supplies, 10% of op labor 

TOTAL DIRECT COSTS 

Plant overhead, 80% of labor costs 
Taxes and insurance, Z%/yr of TFC 
Depreciation, 10Xlyr of TPC. 

Plant gate cost 

G&A, sales, research 

NET PRODUCTION COST 

ROI before taxes, 25Xlyr of TFC 

PRODUCT VALUE 

5.4 
0.8 

6.2 

8.4 
1.3 

9.7 

13.2 
2.0 

15.2 

0.65 0.65 

12.49 12.49 12.49 
8.56 8.56 8.56 
1.11 1.11 1.11 

5.04 5.04 5.04 

0.41 0.20 0.10 
0.14 0.11 0.09 
0.08 0.04 0.02 

0.63 0.35 0.21 

0.14 0.11 0.09 
0.04 0.02 0.01 

5.85 5.52 5.35 

0.51 0.29 0.17 
0.16 0.13 0.10 
0.82 0.65 0.51 

7.34 6.59 6.13 

0.50 0.50 0.50 

7.84 7.09 6.63 

2.07 1.62 1.27 

9.91 8.71 7.90 

*Of carbon monoxide. 

*Base case. 

SFor base case; may be different for other capacities. 
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Figure 4.7 

SYNGAS (H2:C0 RATIO = 31) 

BY STEAM REFORMING OF NATURAL GAS 
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Figure 4.8 

SYNGAS (H2:CO RATIO = 2:l) 

BY STEAM REFORMING OF NATURAL GAS 
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Figure 4.9 

HYDROGEN FROM STEAM REFORMING 
OF NATURAL GAS 
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Figure 4. IO (Sheet I of 2) 

METHANOL FROM NATURAL GAS BY 
ICI LP PROCESS (HIGH EFFICIENCY DESIGN) 
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Figure 4. IO (Sheet 2 of 2) 

METHANOL FROM NATURAL GAS BY 
ICI LP PROCESS (HIGH EFFICIENCY DESIGN) 
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Figure 4.11 

H/CO SEPARATION BY METHANE WASH 
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FLUE GAS SCRUBBING SYSTEM 
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Figure 4.14 

FLOWSHEET FOR HYDROGEN 
PRODUCTION USING P.S.A. 
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METHANOL FROM COAL 
SCHEMATIC FLOW DIAGRAM 
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Figure 6.8 

METHANOL FROM COAL 
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